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Abstract

Chemical-looping combustion (CLC) has recently emerged as a promising technology
capable of curbing CO- emissions while also reducing the energy penalty entailed in carbon
capture and sequestration (CCS). The novelty of CLC resides in its use of a metal oxide as
an intermediate that serves the purpose of avoiding direct contact between fuel and air. The
CLC process can be carried out in a packed bed reactor, in which the metal oxide supported
in an inert material is intermittently exposed to both air and fuel streams. The oxidation stage
produces a high temperature air stream that is used to feed a gas turbine and the reduction
stage produces a highly concentrated CO; stream suitable for sequestration. The transient
operation of the system is complex and temperature fluctuations and unconverted fuel at the
reactor’s exit is expected during the oxidation and reduction stages. To the author’s
knowledge, a study that specifies optimal control strategies focused on increasing the
efficiency of every stage in the CLC PBR cycle is in critical need to advance this emerging

technology.

The aim of this study is to adapt an existing 1-D mechanistic heterogeneous dynamic model,
which considers mass and heat transport resistances in the particle (metal oxide and support)
and the bulk fluid phases. The non-linear model is subject to validation against published data
and a sensitivity analysis on key parameters during both reaction stages. Later, each reaction-
stage simulation is formulated as an optimal control dynamic optimization problem that is
solved using the direct transcription approach. The optimization results show improvements
in the heat recovery process during the oxidation stage and a considerable reduction in fuel
slip during the reduction stage, effectively producing more CO,. Moreover, based on the

outcome of the sensitivity analysis, an optimistic and a worst-case scenario are considered.



The dynamic optimization of the optimistic case shows even greater improvements in energy
production during the oxidation stage and the results from the worst-case shows that a 97%

rate of fuel conversion can be achieved within the reactor.
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Chapter 1

Introduction

The temperature on Earth is highly dependent on the concentration of greenhouse
gases (GHGs); without these gases, the average global temperature would be -20 °C
instead of 15°C. The principal GHGs affecting the atmosphere include water (H20), carbon
dioxide (CO2), methane (CH4), nitrous oxide (N20), chlorofluorocarbons (CFC’s) and sulfur
hexafluoride (SFg). Carbon dioxide is a long-lived gas that persists semi-permanently in the
atmosphere and does not respond either physically or chemically to changes in temperature.
CO; affects physically or chemically all the others GHGs in the atmosphere, such as water;
as well; causes increments in ocean acidity, sea levels, as well as drastic weather changes.
Anthropogenic GHG emissions are responsible for 75% of the CO, produced globally; which
, along with its long lifespan in the atmosphere (300 years), makes carbon dioxide the pivotal
point of attention in climate-change endeavours [1].

Prior to the industrial revolution, the concentration of CO; in the atmosphere was 280
ppm. This value has increased significantly during the post-industrial era, reaching a level
of 406 ppm in 2017 [2]. It is widely agreed that in order to prevent significant changes in the
Earth’s global climate, such as rising temperatures and melting of the artic, the concentration
of CO2 must not exceed 450 ppm. Thus far, technologic advances have intended to stop
crossing this threshold by focusing on improving fossil-fired energy production systems,
such as power plants; switching to renewable energy sources, such as nuclear, solar or
wind; enhancing biological sinks and reducing non-CO. greenhouse gas emissions.
However, these technologies are unable to fully replace fossil-fired power generation as the

main source of energy, thus increasing the challenge of lowering CO:- levels [3].



In light of these energy challenges, carbon capture and sequestration (CCS) is a
promising alternative technology with the potential to curb CO: emissions. These
technologies often involve CO; separation, pressurization, transportation and sequestration.
According to the International Energy Agency (IEA), in order to stop drastic detrimental
changes in the Earth’s ecosystems, a 20% reduction of global CO. emissions would need
to be achieved via CCS by 2050 [4]. Power generation is a suitable sector for the application
of CCS since it is responsible for approximately 40% of all anthropogenic CO> emissions
and it is more propitious in terms of the suitability of emissions types and existing
infrastructure. Even so, an existing power plant (natural gas and/or integrated gasification
combined cycle) without CCS would require an extra 10-25% energy input to capture the
CO; generated. Despite its relatively large contribution to global CO, emissions, the
automobile source sector would require more infrastructure to achieve a lower sequestration
percentage than power generation [5].

Studies indicate that the number of large point sources of CO; is projected to
increase in the future. By 2050, around 20-40% of global fossil fuel emissions would meet
the criterion to be technically suitable for capture, 30-60% thereof would be CO, emissions
produced by the power generation sector [5]. The inclusion of CCS and enhanced oil
recovery (EOR) would increase production costs of electricity for a natural gas combined
cycle by 40 %; whereas an integrated gasification combined cycle (IGCC) would only see a
16% increase in costs [5]. For this reason, investigating a cost-effective CCS technology is
necessary in order to achieve a feasible CO; emissions control in fossil fuel-based power
plants.

The most advanced technological pathways currently available for CCS in power

generation are post-combustion, pre-combustion, and oxy-fuel combustion. Post-
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combustion CO- capture has by far the greatest short-term potential for reducing GHGs as
it is applicable to the majority of existing power plants. Pre-combustion and oxyfuel
technologies are less common since they require extra adjustments in existing plant
configurations. Moreover, commercially available CCS technologies face the obstacles of
high capital costs alongside a high energy penalty, which results in reductions in process

efficiency and increases in the price of the energy [3], [6].

Consequently, further research and development of low-cost CCS will be necessary
in the upcoming years. Chemical-looping combustion (CLC) has been identified as one of
the most promising options because of its potential to reduce the energy penalty; therefore,
reducing the economic cost of CO. capture [7]. CLC is an emerging technology that has
gained an increasing amount of attention and thus, important breakthroughs in its
development. This technology can be categorized as an oxy-fuel alternative, as it avoids
direct contact between air and fuel, while simultaneously producing power using a gas
turbine. Hence, the production of nitrogen dilutions is circumvented, and a highly
concentrated CO; stream is generated.

At its core, the CLC process can be viewed as an alternated batch process of
oxidation and reduction of a metal or /metal oxide by an air and fuel stream, respectively.
During the oxidation stage, the oxygen molecules are transferred to the metal; while a heat
front is produced as product of the exothermic reaction. Consequently, in the reduction
stage, a fuel stream reduces the same metal oxide forming CO» and HO as the main by-
products.

In principle, CLC can be used with gaseous, liquid or solid fuels, with gaseous being
the easiest to implement. The CLC process can be carried out using interconnected fluidized

bed (IFBR) or packed bed reactors (PBR), which avoid solid-gas separation and allow the

3



specification of a more compact reactor design due to an increase in operating pressure [8].
On the other hand, implementing a packed bed reactor requires a multibed configuration to
provide a high temperature stream to the downstream gas turbine; additionally, during the
reduction process, fuel slip may occur and must be avoided to accomplish high CO»
efficiency recovery. Thus, a sophisticated control system is required for packed bed

operation.

1.1 Research objectives

There are limited studies on packed bed CLC reactor modelling, as only several have
been published [9]-[14]. These current available models can describe the CLC phenomena
in a PBR in various ways; the mechanistic models can include 1-D or 2-D spatial domains,
consider heterogenous or homogeneous phases or even be expressed as an analytical
solution. In recent years there was one study addressing dynamic optimization and control
[13]; in that work, the authors presented a control scheme using dynamic optimization while
the control actions remained constant during each stage of the CLC cycle. To the author’s
knowledge, a study that specifies optimal control strategies focused on increasing the
efficiency of every stage in the CLC packed bed cycle (oxidation, reduction and purges) is
in critical need to advance this emerging technology. By proposing optimal control
frameworks, the objectives of this thesis include:

e Enhancing the heat recovery in the oxidation process
e Augmenting the fuel conversion into CO» by reducing the fuel slip at the reactor’s exit

¢ Reducing the amount of inert gas used during the purge



The novelty of this work is that the aforementioned study will be accomplished by
modelling a 1-D mechanistic heterogeneous model, which will be validated using data
reported in the literature. The proposed modelling framework will be used to solve an optimal
control problem which would be casted as a dynamic optimization formulation. The use of
these types of control schemes would assist in having a more accurate control of the state
variables at each stage. By presenting optimal control profiles for each reaction stage, the
possibility of achieving the proper smooth operation of a large-scale CLC PBR is showed. A
framework of this type would will advance this technology and more insight towards scale-
up and commercialization of CLC technologies. Moreover, it is intended to encourage more
attention on this technology as a feasible solution to the greenhouse effect.

This thesis is organized as follows:

In Chapter 2 a literature review of the technology in its current status is presented,
including advances in its development and areas of focus in current research. The goal of
this review is to identify the gaps in the literature on dynamic simulation for CLC in packed
beds.

Chapter 3 focuses on presenting the adapted mechanistic dynamic model and a
base-case scenario, which was validated against published data; moreover, a sensitivity
analysis will also be included.

Chapter 4, the same mechanistic model structure is used aiming towards increasing
the energy production and the fuel conversion into CO; during the oxidation and reduction
stage respectively. These will be achieved by performing manual step changes, optimal
control strategies and dynamic optimization of an optimistic and worst-case scenarios.

Chapter 5 will present the conclusions and a brief overview of potential areas for

future works.



Chapter 2

Literature Review

This chapter presents the relevant literature on CLC technology. The scope of this
review will include a general overview of the different available CCS technologies, a CLC
process description and current technological status, relevant information on types of
oxygen-carriers and reactor configurations, with their respective design and operational
features and limitations. Additionally, this chapter will review the status of modelling and
optimization on interconnected fluidized bed reactors and packed bed reactors for CLC. This
review intends to highlight the need for further research in dynamic modelling of a CLC PBR,;
specifically, the features of implementing dynamic optimization to identify optimal control
strategies for this process. In the context of this research gap, the intention of this thesis is

to contribute to the dynamic control and dynamic operation field of a CLC PBR.

2.1 Overview of the CCS pathways

Carbon Capture and Sequestration (CCS) has proven to be a feasible clean energy
approach for the power generation industry. Globally speaking, the high demand for energy
generation through fossil fuels will remain constant in the foreseeable future, since other
energy sources are not forecasted to meet up the global demand during the first half of the
21%t century [15]. Therefore, the development of CCS technologies is utterly important in
order to reduce the global concentration of CO,.

The goal behind CCS is to produce a highly concentrated CO, stream from an

industrial source, transport it and then store it away from the atmosphere. Regarding the



highly concentrated CO; stream, the three main pathways considered are: Post-combustion

technologies, Pre-combustion decarbonization and Oxy-fuel combustion, as shown in

Figure 1.

Industrial separation e 3 comprfeSS'on ——
Raw Co: : A
" N . = [ + CO: )
material Industrial process Separation - \ 4

\ L
- * Product
Post-combustion P _ Compression
- CO. [™ A
1 Separation [ J '\fq’/"
L Air N J

» Heat & Power

Fossil fuels, Pre-combustion Compression
biomass H2 and CO: ) 0\
Gasification/reforming Separation — I '1\ CO: /‘
Air/O:+ steam - T
| C H \}—» Heat & P
» ) ea ower
) 4
» Other products
Oxyfuel Compression N
— 0 @

— 0: - "% Heat & Power
Separation [~ Ar

Figure 1. Schematic diagram of Carbon Capture and Storage (CCS) technology

Post-combustion capture is the separation of CO, from the flue gas after power
generation, which means that it is the last step on the process flowsheet. The stripping of
CO; from nitrogen and small quantities of oxygen and vapor is usually performed by one of
the following methods: absorption using solvents or solid sorbents, pressure and
temperature swing adsorption, cryogenic distillation, or selective membranes [16]. Existing
power plants use air for combustion, which generates a flue gas that is at atmospheric
pressure and typically has a low partial pressure of CO2 (8-15 %vol). Therefore, the use of
monoethanolamide (MEA) is preferred over physical absorption in this case, since the low-

pressure operations allow for no pressure drop in the CO» separation process. The principal
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advantage of this approach is that it has the greatest short-term potential for reducing GHGs
because it can be applied to the majority of existing power plants. The limitations of post-
combustion include a drop in net efficiency of 10-14 % due to its intrinsic low concentrations
of CO,, as well as its large volumes of flue gas, high compression ratios, and high energy
expenditures in order to cool the CO, before it is captured [17]-[19].

Pre-combustion decarbonization capture is a process whereby CO, is recovered
before the fuel is burned. The process involves reacting a fuel with oxygen and/or steam to
produce a synthesis gas (syngas) or fuel gas composed mainly of carbon monoxide and
hydrogen, which is then combined with steam in a catalytic reactor, called a shift converter,
to form CO2 and more hydrogen. The CO; is then separated from the hydrogen by physical
or chemical absorption [20]. An example of a pre-combustion process is the integrated
gasification combined cycle (IGCC) with a pressure swing absorber (PSA), which separates
the CO; from H; and H2O. The main advantage of the pre-combustion process is the fact
that it produces a higher CO, concentration stream. Since this process can be operated at
higher pressures and temperatures, the size and costs of the equipment for the CCS
facilities, such as the PSA, are reduced. Moreover, the use of physical solvents can be
implemented in IGCC as an alternative due the high partial pressure of CO,. A main benefit
of physical over chemical solvents is the less intensive energy penalty for regeneration,
whilst the limitation is that they work better under low temperatures [20]. The main drawback
of this CCS pathway is that the implementation of an IGCC incurs more capital cost than the
add-on of a CO; stripper in post-combustion capture [21]-[23]. This financial drawback
combined with the harsh operational conditions involved in the pre-combustion combined
cycles indicate that more research and insight regarding the most effective separation

mechanism are necessary.



Oxy-fuel combustion, refers to the process of burning fuel with almost pure oxygen,
which in turn creates a purer CO- flue stream without nitrogen dilution. Consequently, the
cost of CO, separation diminishes greatly, since only water vapor must be removed from
the exhaust stream. Oxy-fuel combustion can be applied to several fuels, including coal,
natural gas or blends of biomass and coal. The main drawbacks of this process are the fact
that it is energy intensive due the separation of pure oxygen from air and the high
combustion temperatures reached after using pure oxygen in the fuel blend require special
alloy materials. The latter could be circumvented by recirculating the flue gas back into the
burners to control the flame temperature. It is reported that the air separation unit requires
60% of the total CCS energy penalty for an oxy-fuel system, decreasing the overall plant
efficiency by 7-9% [24].

Based on the above, all the three aforementioned CCS technological pathways face
the obstacles of high capital costs alongside a high energy penalty, which results in
reductions in process efficiency and increases in the price of the energy. Thus far, post-
combustion capture technology is the most mature technology due to its easier installation
on existing power plants; despite its high energy penalty, it remains as the pathway with the
greatest short-term potential for reducing CO2 emissions. Therefore, CLC, which can be
considered as an oxy-fuel process, has been identified as one of the most promising
technologies that has the potential to decrease the said energy penalty while still producing

the highly concentrated CO, stream.

2.2 CLC progress through the years

In 1954, Lewis and Gilliard et al. were the first to identify a process capable of

producing pure carbon dioxide. In their study on production of pure CO; they also introduced
9



novel concepts including: oxygen-carrier (OC), fuel flexibility to reduce CO, and the use of
two interconnected fluidized beds as a framework to carry out the process [25]. Later, Richter
and Knoche et al. developed a fuel oxidation scheme involving two intermediate reactions
with a metal oxide, such as copper oxide, nickel oxide or cadmium oxide, acting as the OC,
with the idea of enhancing the thermal efficiency in fossil fuel fired power plants [26].
Moreover, in 1987 Ishida et al. introduced the concept of chemical-looping combustion with
the aim of reducing the exergy loss caused by the conversion of fuel energy into thermal
energy. Later on, Jin et al. suggested the use of CLC as a way to capture CO; using metal
OCs [27]-29].

Up to that point, CLC was merely a concept that had been tested in a limited number
of experiments. It was not until the Grangemouth Advanced CO, Capture Project (GRACE)
in 2000, that more than 300 different particles were evaluated, two of which were produced
in large quantities for testing in a 10 kWth chemical-looping combustor unit built specifically
for the project [30], [31]. Subsequently, the fist demonstration of the technology was
performed by Lyngfelt and Thunman et al., who presented the first 100 hours of continuous
CLC operation using natural gas as fuel and a Ni-based OC, which ended up being capable
of achieving 99.5% conversion efficiency [32].

Similar projects were launched in which a 300 Wth CLC reactor was built and
operated over the time span of 30-70 h, the same reactor was used to evaluate the
performance of three different OCs (i.e. nickel, iron and manganese-based OC) [33]. In
addition, Ryu et al. operated a 50 kWth unit during 28 h using methane as fuel and tested
nickel and cobalt-based OCs [34].

The first long term operation (120 h) was performed at the Institute of Carboquimica

(IBC-CSIC) as reported by Adanez et al. in 2006. The experiment was carried out in a 10
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kWth CLC plant using a copper-based OC, which effectively debunked the erroneous belief

that copper-based materials were not adequate for operation in fluidized-bed reactors due

to agglomeration. The results showed a 100% CO- capture at 800 °C, without agglomeration

[35], [36]. Moreover, the investigation of the CLC process at a lab-scale capacity has been

implemented by some research groups. Table 1 shows the prominent CLC units using

gaseous and solid fuels that have been reported in the open literature.

Table 1 Prominent CLC lab-scale and pilot-scale units

Connecticut, USA

Location Unit size (kWth) | Configuration Fuel Reference
Chalmers University of 10 IFBR CHg, [37]
Technology, Chalmers, syngas,

Sweden coke, coal

Institute of Carboquimica, 10 IFBR CH4 [35]
ICB-CSIC, Spain

IFP-Total, France 10 IFBR CH4 [38]
Xi'an Jiaotong University, 10 IFBR Coke [39]
China

Southeast University, 10 IFBR Coal, [40], [41]
China biomass

ALSTOM Power Boilers, 15 IFBR CHa, [31]
France syngas,

Ohio State University, 25 Interconnected Coal [42]
Ohio, USA moving bed

Korean Institute of Energy 50 IFBR CHs4, CO, [34]
Research, Kier, Korea Ho

Technical University of 120 IFBR CHs, CO, [43], [44]
Vienna, Tuwien, Austria Hz

Darmstadt University of 1,000 IFBR Coal [45], [46]
Technology, Germany

ALSTOM Windsor, 3,000 IFBR Coal [47], [48]
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Thus far, the principal focus of research efforts investigating CLC has been directed
to the improvement or development of OC materials suitable for the operation [49]. Since
harsh operating conditions, such as high temperatures and pressures, are presented in the
CLC process, the main goals are to increase reactivity and durability. Table 2 shows a
summary of the operating hours for each material in continuous operation for studies up to

2018 [50]—[54].

Table 2. Experience summary time on CLC in continuous operation units [55], [56]

Oxygen-carrier material CLC operating hours
Nickel >2,114

Copper >391

Iron >445

Manganese 70

Cobalt 25

Mixed oxides 82

2.3 Process description

The CLC process is composed of an oxidation process (also known as air reactor)
and a reduction process (also known as fuel reactor), as show in Figure 2. The use of a
metal oxide as an intermediate serves the purpose of completing the cycle between the two

reactors.
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Oxidizer Reactor Reducer Reactor

CO.+ H:0

Fuel

Metal Oxidation Metal Reduction

Figure 2. Diagram of the chemical-looping combustion (CLC) process

During the oxidation stage (see Equation 2.1), the metal is in direct contact with an
air stream; thus, metal is oxidized by oxygen (exothermic reaction). The flue gas contains
N2 and unreacted O, and is heated up to a temperature between 900 and 1,200 °C by the
packed bed, thus making it suitable for driving a gas turbine for power generation [8], [30],
[57].
2Me,0,_1 + 0, - 2Me,0,, (2.1)

In the reduction stage (see Equation 2.2), the fuel is oxidized to form CO; and H,O
by a metal oxide (MexO,) that is reduced to a metal (Me). The H2O presented in the product
stream could be removed after a simple water condensation, leaving an almost pure CO-
stream that is ready for transportation and storage. Hence, this technology would avoid the
necessity of using extra separation equipment, which is required by other CCS technologies.

Additionally, the net chemical reaction over the two steps, and therefore the combustion
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enthalpy, is the same as conventional combustion; thus, the total amount of heat released
in the CLC process is the same as in conventional combustion [3].

CyHym + (2n + m)Me, O, > (2n + m)Me, 0,,_; + nCO, + mH,0 (2.2)

The overall non-catalytic reduction reactions between the metal oxide and CH4, CO, and Ho,
which are the main compounds present in natural gas and syngas, are described by the

following reactions:

2Me, 0, + CH, — 2Me,0,_; + CO, + 2H, (2.3)
Me, 0, + CH, — Me,0,_; + CO + 2H, (2.4)
Me,0, + CO — Me,0,_; + CO, (2.5)
Me,0, + H, > Me,0,_; + H,0 (2.6)

Other heterogeneous catalysed reactions can take place in the reduction phase,
such as those catalyzed by the reduction of the support material [58]. The kinetics of the
metal oxide reduction can differ widely depending on variables such as the reducing fuel,
the selected metal oxide, the OC preparation method, and a variety of conditions during

testing [59]-[62].

2.4 Oxygen-carrier characteristics

Identifying the proper solid compound capable of conveying the transfer of oxygen
in a CLC process is an essential task. The main characteristics of an effective OC material
are as follows [3], [49], [55]:

e High oxygen transport capacity
e High reactivity, to reduce inventories

e Favourable tendency towards high conversion of fuel gas to CO2and H,O
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¢ Resistance to attrition to minimize losses of OC material
e Cost-efficient

e Low environmental impact

Oxygen transport capacity is one key characteristic of the OC which is important for
process design and operation. The oxygen transport capacity is one indicator of the amount
of oxygen that can be transferred by the OC between reaction stages. Hence, the amount
of active metal/metal oxide in the reactor necessary to carry away the mass balance is
affected. Abad et al. [63] selected 16 kg/s-MW as the maximum circulation rate feasible in a
interconnected fluidized bed reactor for CLC at atmospheric pressure; although the actual
value would depend on the properties of the OC particles. On the other hand, there is not a
work in the literature addressing the OC load per MW produced for a packed bed reactor.

The use of pure metals as OCs is not preferable as they tend to have lower oxygen
transport capacities and reactivity rates that decrease after a few cycles. These limitations
can be improved by bonding an inert support material to the metal oxide. The use of porous
inert supports, such as alumina or silica, provide higher surface areas for reaction, and a
binder for increasing their mechanical strength and attrition resistance [31], [64], [65]. The
most studied active metal oxides for gaseous CLC applications are nickel-based, copper-
based and iron-based.

Nickel-based OCs are the most widely studied in the literature as they are highly
reactive in the reduction and oxidation environments, while also capable of maintaining
stability at high temperature conditions (900-1,100°C). As well, this metal oxide has a
oxygen transport capability of 0.21 and near complete CH4 conversion is attainable during
the reduction stage using a nickel-based OC; nevertheless, the formation of CO and H:

creates thermodynamic restrictions [66]. Moreover, there are additional drawbacks when
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using nickel; including its relatively low maximal operating temperature due to its melting
point of 1,453 °C and the required safety measures due its toxicity. In addition, pure NiO
particles have low reaction rates due to their low porosity [29], [64] and the use of alumina-
based support materials hinders the reduction after the formation of the NiAl.O4 spinel
compound [67], [68]. Despite these drawbacks, nickel-based OCs are still a viable option
because their low reaction rates could be improved by using the right OC preparation
method, such as spray drying or impregnation [69], [70]. Other compounds such as zirconia,
bentonite, TiO, and MgO can also be used as support materials. However, studies have
shown their relatively low reactivity, lack of mechanical strength and high carbon formation;
hence, the focus has been mainly on alumina-based supports [61], [67], [71], [72].
Copper-based OCs have shown high reaction rates and adequate oxygen transfer
capacities (0.20), exhibiting no thermodynamic restrictions to achieve full fuel conversion
into CO2 and H2O. Furthermore, copper is cheaper than other CLC metal oxides, such as
nickel, and it poses less of an environmental challenge. However, the main draw back of
Cu-based OCs is its low melting point (1,085°C), which causes problems during the
oxidation reaction, where requires high temperatures to obtain superior energetic
efficiencies [73]-[76]. Additionally, the reaction rate of pure CuO quickly decreases as the
number of oxidation cycles increases [31]. Therefore, different support materials such as
silica, TiO2 or y-Al,O3, as well as different preparation methods, such as impregnation or co-
precipitation, have been tested in search of curbing the reaction rate decay of copper-based
OCs. Nevertheless, these studies have shown that changes in materials and preparation
methods do not increase the reactivity or improve the mechanical strength of the OC [31],

[74].
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Despite their low CH4 conversion and oxygen transport capacity (0.1), iron-based
OCs are still an attractive option due to their low-cost and non-toxic characteristics [77]. The
iron oxidation stages are arguably less suitable for CLC applications, especially when CH.4
is used as fuel. Moreover, Fe-based OCs have shown adequate reactivity when H, and CO
are used as fuels while also having a low tendency to carbon formation [78]. In regards to
preparation methods of iron-based OCs, there is a wide range including physical mixing,
freeze granulation and impregnation. Although, the metal content in the aforementioned
methods has to be in between 20% and 100% wt. due to its low oxygen transport capacity
[77]. Iron-based OCs have been tested in different support materials including alumina,
which has shown to enhance the oxygen transport capacity; whereas, the use of silica shows
drastic decrements in reactivity as the number of regeneration cycles increase [79].

Economic analysis based on the lifetime of the particles have showed that the cost
of the OC particles does not represent a limitation in the development of the technology [32],
[77]. Based on the latter and the availability of kinetic data, Ni-based OCs are the most viable

short-term option for gaseous fuels, especially when methane is used.

2.5 Reactor characteristics

The sequential nature of the gaseous CLC process requires the exposure of the OC
to alternated oxidizing and reducing streams. The oxidation stage is achieved with air being
fed to the reactor (air reactor) whereas the reduction takes place with fuel being fed to the
reactor (fuel reactor). The alternated sequence can be carried out in different reactor
configurations, with interconnected fluidized bed reactors (IFBR) [57] being the most widely

investigated. Notwithstanding, packed bed (PBR) [8] and rotating [80], [81] reactors have
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emerged as alternatives for the CLC reactor configuration. Figure 3 depicts a basic layout
for IFBR and PBR.

Due to its intrinsically harsh and complex operating conditions, CLC requires special
attention in some design and control aspects in order to maximize efficiency in the system.
Some of these include:

e Effective contact time between fuel and air with the OC to maximize conversion

Adequate control at the air reactor exhaust stream, which directly affects the
downstream turbine efficiency

High pressure operation to increase power generation

Limited CO-leakage from the fuel reactor

The aforementioned aspects will be addressed for the gaseous operation in IFBR

and PBR reactor configurations in the following section.
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Figure 3. Reactor configuration for CLC system: a) interconnected fluidized bed
reactor b) packed bed reactor
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2.5.1 Interconnected Fluidized Bed Reactor (IFBR)

Figure 3(a) shows a schematic diagram of the IFBR which mainly consists of a high
velocity fluidized bed (riser) and a low velocity bubbling bed. The OC is simultaneously
oxidized and transported by an air stream within the riser. The OC particles are then sent
into the cyclone separator by a loop seal, which avoids gas leakage, where nitrogen and
unreacted oxygen are separated from the OC particles. Subsequently, the oxidized OC
particles go inside the low velocity bubbling bed to be reduced by a fuel stream; the laminar
flow allows the separation of the OC particles and the product stream (CO; and H20) to take
place without the need of an extra cyclone separator. The velocity inside each reactor (air
or fuel) depends greatly on the OCs reactivity, especially for the reduction reaction which
requires larger residence time [32], [34]. Nevertheless, some authors have considered both
reactors as bubbling-beds [35], [72]

It is possible to achieve a continuous production of hot air stream in a single IFBR,
thus avoiding feeding problems with the downstream turbine. The operation of this
configuration relies on the cyclone separator high efficiency, especially since the separation
of the OC particles from the hot air stream directly impacts the downstream turbine due to
formation of fines [82](mainly caused by attrition of the OC particle [32]). The fine formation
has been contemplated in studies where the determination of the long-term attrition effect
of different OC materials was analyzed [83]. Similarly, models using scaled-up pilot plant
experimental data have been used to predict attrition rates for large IFBRs [84]. The results
showed that most of the attrition is formed in the cyclone separator due to the extremely
harsh conditions, such as high velocity and temperatures, which means that more research

in OC support materials is required in order to minimizes attrition rates. Therefore, the
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implementation of a CLC IFBR requires special design considerations in the solid separation
system to avoid the feeding of fines into the downstream turbine, hence jeopardizing its safe
operation.

CLC in an IFBR is the most mature technology and its effectiveness in producing a
continuous hot air stream during the oxidation stage is intrinsic in its design. However, in
order to achieve efficient and competitive energy usage, the IFBR needs to operate between
10-30 bar. This pressure range requirement entails some process difficulties in terms of
maintaining a stable OC solid circulation between the interconnected reactors, such as two-
phase flow pattern issues [85], [86]. Due to this and the fine formation caused by attrition

inside the cyclone separator, the PBR configuration for CLC is a promising option.

2.5.2 Packed bed reactor (PBR)

Unlike the IFBR configuration which requires continuous transport of OC particles,
Noorman et al. [8] presented a concept based on stationary OC particles inside the reactor
and they are alternately exposed to oxidation and reduction streams. As shown in Figure 3,
at least two packed beds are required to supply a constant high temperature stream to the
downstream turbine; the sequential operation of each packed bed requires a switching
system after each reaction stage is completed. The idea is that while the oxidation is taking
place in one reactor, the other reactor is being used to perform the reduction process.

For instance, in the oxidation stage, the packed bed would be oxidized by an air
stream and the resulting exit gas stream would only be composed of nitrogen and unreacted
oxygen. Moreover, the exothermic reaction heats the exit gas stream until the conversion of

the OC particles begin to decay. Feeding to the downstream turbine would be stopped when
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the exit gas temperature diminishes to the point that the safe operation of the downstream
turbine is no longer possible.

In the packed bed configuration, the reduction comes after a brief purge by an inert
gas stream, which avoids the contamination of the fuel and oxygen in the overall process
[8]. Once the purge is completed, a fuel stream is fed to the reactor in order to regenerate
the OC particles. The reduction stage is defined by the formation of an exit gas stream
composed mainly of CO2 and H2O. During this last phase, the amount of fuel slip, which is
unreacted fuel leaving the reactor due to an increment in the OC reduction, starts to
increase; hence, the end of the reduction stage is denoted by the exit mole concentration of
the fuel matching its equivalent at the reactor inlet.

An advantageous feature of the PBR scheme is the avoidance of the cyclone
separator, which effectively circumvents the cumbersome task of recovering the OC
particles from the hot air effluent stream, as required in the IFBR configuration. Moreover, a
multi-PBR configuration would allow the operation of the CLC process at higher pressures
with a constant hot stream production. This effectively translates into higher overall energy
efficiency and thus, lower energy penalty due to CCS, making this technology economically
attractive [85], [87]. Furthermore, in the PBR scheme the two-phase flow operational
problems would be avoided, resulting in a more compact reactor as well as more inlet mass
flux flexibility. Increased flexibility, could improve the use of the OC oxygen transport
capacity since full OC conversion could be attained [8].

The sequential stages in the operation of a CLC PBR could be a drawback since
different feeding streams to the reactor need to be fed; hence, a high temperature and high
flow gas switching system is required [88]. A full-scale power plant using this technology

would need a sophisticated system of valves for different feeds and outlet gases; thus, exact
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knowledge of each stage’s culmination is necessary to avoid low feeding temperatures to
the downstream turbine and fuel slip during the oxidation and reduction stages, respectively
[8], [89]. Similarly, this technology cannot use solid fuels which limits their applicability and
exposure [90].

The experimental demonstration of the exothermicity inside a PBR configuration was
carried out by Noorman et al. [88] inside a reactor measuring 30 mm ID X 1,500 mm long,
using Cu-based OC supported in alumina. The experiment was performed at 2.5 bar
pressure and observed a 125°C rise in temperature. Other tests have been carried out in a
PBR working at 7 bar and using syngas as fuel with ilmenite as OC [91]; the results from
these studies showed that a maximum temperature rise of 340°C could be obtained, which
agrees with the theoretical prediction presented before the experiments. Furthermore, a
sensitivity analysis was performed by Noorman et al. [92] on a micro-scale reactor in which
parameters such as oxidation and reduction temperatures as well as feeding compositions
were varied. The results showed that the conversion rate of the OC is directly proportional
affected by both, temperature and feeding composition. Similarly, in the same study, the
oxygen concentration in the inlet air stream affected the time at which the maximum
temperature was reached.

In summary, the PBR can successfully perform the CLC process as can the IFBR;
but most importantly, it can operate at higher pressures, which would translate into more
enthalpy available for the downstream gas turbine during the oxidation stage. As well, the
segregation of the OC particle from the gaseous streams is avoided which immediately
creates savings in the operational cost of the cyclone separator. In conclusion, these
features make the PBR a more energy efficient concept than the IFBR, while at the same

time still producing the desired highly concentrated CO, stream.
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2.6 Modelling and optimization of the PBR

Modelling of the air and fuel reactors is a key aspect in the research and development
of CLC technology as it is a suitable path towards design, optimize and scale-up of the CLC
system. Modelling is also the best way to improve the dynamic operability and controllability
in various reactor configurations, which aid in dynamic cycle switching and thus smooth
operation. The modelling of the IFBR and PBR reactors mainly consists of fluid dynamics,
mass and heat transfer and reaction kinetics.

This section addresses the current reactor models and published works on dynamic
optimization, which includes information on the necessary control strategies to employ

during CLC IFBR and PBR operations.

2.6.1 IFBR simulation and modelling

The mathematical modelling and dynamic simulation of the CLC process will provide
insights to improve the design and operation of the complex fluid dynamics and kinetics
taking place inside the reactor, particularly for scaling-up purposes; since changes in two-
phase flow patterns might occur. The most investigated configuration scheme for CLC is
IFBR; it has the most kinetic and empirical data available in the literature.

The computational fluid dynamic (CFD) models are an alternative in the modelling of
the IFBR in CLC. They do not require detailed assumptions in the modelling procedure
because they are based on the first principles of momentum, heat and mass transfer. These
models can simulate the behaviour of the reactor during transient operation until steady state
is achieved. Thus far, most of the CFD studies have been limited to the fuel reactor [93] [94]

[95]. Moreover, these studies effectively demonstrated the reaction selectivity for CO» and
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H2O, such as the desired gas composition distribution, and the flowing regimes within the
bubbling bed.

In later years, simulations based on semi-empirical models, which are defined as a
combination of a mechanistic model and some empirical equation obtained from
experimental data, have been used to model either the fuel or the air reactor. Abad et al.
[96] carried out the modelling of a high velocity fluidized bed fuel reactor of a 1 MWth CLC
unit. The fuel reactor used coal as fuel and ilmenite as the OC. The model's framework
included the fluid dynamics of the reactor, axial profiles of the gas and solid compositions,
the conversion of the OC and carbon formation inside the reactor. The results of the
simulation showed that the high carbon formation, which is caused by the high operating
temperatures at the bottom of the bed, thwarts the fuel conversion; this is due to a decrement
in the surface area of the OC. Moreover, the same model was used to simulate a fuel reactor
of 100 kWth CLC of coal with an in-situ gasification unit. The results pointed out the most
significant operating conditions affecting the oxygen demand that were necessary in order
to achieve 98.5% carbon capture efficiency; these included reactor temperature, solid
circulation flow rate an solid inventory. [97]. The semi-empirical model previously presented
by Abad et al. [98] was adjusted to different design conditions to achieve oxygen demand
reduction in an in-situ gasification CLC process; the model showed that in order to increase
gas-solid contact in the fuel reactor, a secondary reactor is needed [99].

Optimization of a CLC IFBR has not been studied thoroughly. The work of Abad et
al. [100] is the only one regarding optimization. Their objective was to maximize the carbon
capture of a 1 MWth CLC unit, using coal as fuel and ilmenite as the OC. After performing
a sensitivity analysis on certain parameters, such as temperature inside the reactor, OC

inventory, OC-fuel ratio and coal particle size, the optimization was performed by making
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changes in key sensitive variables until a target value was satisfied. The results of that study
indicated that carbon capture at a rate of 97% could be achieved by increasing the OC
inventory to 3000 kg/MWth.

Despite their usefulness, semi-empirical models are not capable of capturing the
complete range of operation and therefore may not accurately depict the intricacies of the
IFBR process. Furthermore, the complexity of the fluid dynamics inside the CLC IFBR
inhibits the simultaneous modelling of both reactor (air and fuel) with the CFD models. Thus
far, executing CFD models is computationally expensive making the use of semi-empirical
models the only feasible option, despite their limitations. Moreover, experimental results
have shown that the operating conditions of one reactor affects the behaviour of the other
one [101]. Hence, the solids (OC and/or solid fuel) circulation rate affects the OC conversion
rate which also affect the temperature and the fluid dynamics of the system in transient basis
[102]. Hence, the simulation of both reactors is of great importance if control and optimization
want to be performed; otherwise, a sub-optimal solution could be found. The latter situation
is avoided in a CLC PBR modelling, control and optimization studies, since the sequential
operation in a packed bed somehow makes each reaction stage independent from the other;
nevertheless, the initial conditions for each reaction stage are based on the concluded

phase.

2.6.2 PBR simulation and modelling

Various studies have shown that increasing the efficiency of the power cycle using
gaseous fuels can be achieved by operating the CLC system at high pressures.
Subsequently, operating pressurized CLC plants using IFBRs presents various technical

difficulties related to the maintenance of stable solid circulation rates between reactors [85],
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[86]. PBRs have thus emerged as an attractive alternative for CLC operations at high
pressures.

Various modelling studies for PBRs have also been conducted, including that by
Noorman et al. [8], who showed that the high temperatures of the CLC process can also be
reached in a packed bed. Using an analytical and a numerical solution of the 1-D
mechanistic model, they were able to show the exothermic nature of the oxidation. Their
results indicated that the maximum temperature is independent of the oxidation kinetics and
that inactivation of the OC due to carbon deposition would not hinder the reaction rate.
Similarly, Hamers et al. [103] developed a 1-D mechanistic model using syngas as fuel and
CuO/Al,O3 as OC. Their model showed good accuracy against experimental data at high
flow rates. Moreover, Noorman et al. [9], [10] presented a particle and reactor mechanistic
dynamic model in which various sensitivity analyses were performed. The advantages of
using large OC particles to diminish the pressure drop in the packed bed was explicitly
described in their study. At the same time, their results point to the fact that mass and heat
transfer limitations in the interphase could be considerable. Han et al. [11], [12] studied the
dynamic behaviour of a CLC PBR using 1-D and 2-D homogeneous and heterogenous
mechanistic models. The diffusion limitation within the OC particle was analyzed which
showed its impact on the kinetic parameters, particularly with small OC particle diameters.
In addition, the heterogenous model was extended to optimize the particle size and to
perform kinetic parameter estimation [104]. Additionally, Han et al. [13] used the previously
presented heterogenous model to perform multi-period optimization of the full CLC cycle
(oxidation, reduction, purge). In that work, the authors presented a control scheme using
dynamic optimization while the control actions remained constant during each stage of the

CLC cycle. This study was able to increase the time of the heat recovery process during the
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oxidation stage; similarly, a fuel conversion greater than 98% was maintained during the

reduction stage.

The above-mentioned studies have shown, despite potential challenges, that the use

of PBR for CLC is a promising alternative even though some solutions to certain operating

and controlling problems are necessary to further demonstrate the technical feasibility of this

technology for large-scale (industrial) applications. To the author’s knowledge, there is no

study in the literature that addresses transient operation and dynamic controllability of a PBR

for CLC. However, operating parameters and design considerations have been presented

in the literature [8], [13], [87], with the most pertinent for large-scale operation of the process

including the following:

The inherent nature of the PBR dynamic operation creates exit gas temperature
oscillations during the oxidation phase which have the potential to damage the
downstream turbine, which is not able to withstand such sudden changes[87]; thus,
to protect this equipment the exit gas temperature should be kept as steady as
possible.

The investigated OCs in CLC operation can operate at temperatures between 800-
1,200 °C [105]; whereas the range of operation for gas turbines is approximately
827-1,627°C [106].

The temperature within the reactor should always be kept below the melting point of
the metal oxide.

The fuel concentration at the reactor’s outlet has to be kept as low as possible in
order to obtain a higher fuel conversion into CO,, a 98% fuel conversion is often set

as target during the reduction stage [107], [108].
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e The pressure drop across the reactor bed must be below 8% of the inlet pressure
[87].

¢ The PBR need to be coupled with a high temperature and high flow switching system
to ensure a smooth transition between reaction stages (e.g. oxidation to purge or

purge to reduction) [89].

To summarize this chapter, most of the research to date has focused on the
development of suitable OCs, with the goal of achieving selectivity and durability. Moreover,
in regards to the modelling and optimization of the reactor, attention has been directed to
IFBR and fewer works focusing on PBR have been developed.

Researchers have identified that PBR for CLC has great potential because its design
intrinsically avoids solid separation and enables it to operate at higher-pressures, effectively
increasing its energy efficiency. The main disadvantage the PBR concept is that its high
temperatures also necessitate the implementation of a complex high flow gas switching
system. A full-scale power plant would require a set of valves and prominent control systems
to guarantee smooth transitions, especially in the operation of the gas turbine.

Due to the novelty and the complexity of CLC technology, there is no work on
dynamic optimization that comprises every reaction stage in the CLC PBR operation. In this
regard, dynamic modelling of a large-scale PBR for CLC would greatly assist in the
identification of each reaction stage’s ending point, which ultimately would define the
beginning of the subsequently stage in the CLC operation. Likewise, optimization of the
dynamic model would enhance energy recovery during the oxidation stage while also
maintaining pseudo-steady exit gas temperature. In the same manner, the optimization of
the reduction stage would minimize the amount of unreacted fuel, thus increasing the fuel

conversion within the reactor and effectively producing more CO.. In this thesis, an attempt
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to contribute to the research body by modelling a large-scale PBR for CLC is presented; in
order to understand the transient behaviour of each reaction stage and identify their

beginnings and ends is presented.

29



Chapter 3

Model implementation and validation of a PBR

Modelling the PBR reactor has previously been performed [8]-[11], [104]. In those
works, dynamic homogeneous and heterogenous models were introduced; being the latter
type, the most accurate descriptive model for the CLC phenomena taking place inside the
PBR. For these reasons, a 1-dimensional heterogenous model, which includes the effects
of reaction kinetics in association with mass and heat transport in both the particle and the
bulk phases, is adapted from the literature for implementation in this study. Additionally, the
proposed model is coupled with pressurized reaction kinetics that were also adapted from
the literature [109]. The simulation results were validated using published data [13], [110]
and by conducting a sensitivity analysis on key model parameters. Moreover, this model will
serve as framework for the dynamic optimization problem discussed in Chapter 4. Part of

the work presented in this chapter has been published in the open literature [111].

3.1 Operating philosophy

Since the CLC reaction stages work as a batch process, more than one PBR is
required to supply a constant hot air stream to the downstream turbine. According to Spallina
et al. [89], a heat management strategy for a high-pressure multi-packed bed CLC cycle
sequence could begin with oxidation, followed by heat removal, purge, reduction and a final
purge, as shown in Figure 4. Although this might not be the optimal operation sequence for

the reactor, since the heat removal can be performed after the reduction [89], it does
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exemplify the challenge of identifying the beginning and end of each stage and the transient

operation due to changes in the inlet feed of the CLC PBR scheme.

Air Oxidation + N2 + Air
Heat Recovery

) 2

Argon . Purge Argon
Methane Reduction CO2+H20
Argon Purge Argon

Figure 4. Cycle sequence strategy for a Packed bed CLC reactor

The packed bed CLC sequence can be adapted to a combined cycle power plant in
many different configurations. The conventional scheme is that the CLC reactor would
replace the gas combustor. Figure 5 shows a simplified layout of a combined cycle with CLC
where air and fuel (methane) are pressurized to 20 bar and sent to the oxidation and then
reduction stages in the multi-bed configuration. In addition, the flue gas from the oxidation
stage is used to drive the gas turbine; the exhaust from the gas turbine is then sent to a heat
recovery steam generation (HRSG) system for additional power production. In addition, the
flue gas from the reduction stage could be utilized to drive a secondary gas turbine and/or

preheat any of the air or fuel streams. Multiple energy efficiency studies have been
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performed using many configurations [112]-[114]; those works have shown that the CLC
configuration achieved a higher net efficiency than the conventional natural-gas fired
combined cycle with post-combustion CO; capture. Therefore, the CLC PBRs operating
conditions are highly dependant on the surrounding process equipment; the performance of
the secondary equipment will define inlet and outlet temperatures which are key parameter
in the oxidation and reduction stages of the CLC PBR. Despite the net optimization of the
complete system shown in Figure 5 is beyond the scope of this work, the present
optimization study for a single CLC PBR identifies feasible operating conditions for a

combined cycle power generation system.
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Figure 5. Schematic diagram of a gaseous fuel CLC-combined cycle [112]
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3.2 PBR model

The model for a CLC PBR considered in this study is composed of two domains

involving the OC particle and the axial reactor position [11]. A set of partial differential

equations describes the motion of gaseous bulk fluid across the packed bed and within the

OC particle, where intraparticle and interfacial transport limitations occur. Moreover, the use

of a heterogeneous model is able to depict the interfacial resistance, which is related to the

thickness of the boundary layer between gas-solid phases and while intraparticle limitations

are related to the pore size of the OC particle [11].

The assumptions considered in the development of this model are as follows:

The OC particle is modelled as spherical particles

OC particles have a constant volume

OC particles have a macroscopically uniform structure that is not affected by the
reaction

Uniform metal oxide distribution within the OC particle

Uniform OC particles distribution within the reactor

The gas concentrations and temperature inside the pores of the OC particle are
assumed to be functions of the radial and axial directions in the particle and reactor
models, respectively

At any point, the gas inside the particle is at the same temperature as the OC particle
The thermal conductivity of the gas is negligible compared to the OC particle
Perfectly well distributed feed stream in the cross-sectional area of the reactor

Pressure drop across the packed bed gas is neglected
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The model was developed such that it can be used with any type of OC particle in
combination with any gaseous fuel [11]. However, the present study used methane (CHa)
as fuel in the reduction stage and Ni/NiO with alumina as the OC because of the availability

of experimental data in the open literature [104], [109], [115].

» CO2/H20
N2 / O2

Partlcle

Air

Fuel

Figure 6 Schematic of the packed bed CLC reactor

Figure 6 shows a schematic diagram of the packed bed CLC reactor illustrating the
interactions between the reactor model and the OC particle model across the boundary
conditions. The mass and heat balances of the reactor and particle are presented next.

Similarly,
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Table 3 and Table 4 present the model parameters used for each stage in the CLC
sequence. The definition for each of the model parameters considered in the presented
model are provided in the nomenclature section.

The mass and energy balances for the reactor model:

aCij ,OFy; @ aC;
&, T, = Sbg(Dax e ) +keijay(Ceijlrp — Cij) (3.1)
aT]' 6Tj _ ad 6Tj
e CprjCrj 5y + Cor jFrjgy = & E(Am g) + hy j ay(Tc jlrp — Tj) 3.2)

The boundary and initial conditions for the bulk phase:

epDax i j % |lz=0 = (Fijlz=0 — Yifeea jFin j)/Ac (3.3)
Sblaxj% |lz=0 = (T¢ jlz=0 — Tin j)Cpr jFr j/Ac (3.4)
Ty =20, =0 (3.5)
G = g (3.6)

The spatial and time domains included in the reactor model are as follows:
e The axial bed position is described by: z vV 0<2z <L, L =reactor length
e The time variation is described by: tV 0<t<¢trnqy, VJj={oxidation,

reduction, purge;,purge,}

The state variables included for the reactor model are:
e Concentration of gas species i in the fluid phase:
o Cij(z1),V i={0,CHyH, CO,C0, H,0,Ar}, j = {oxidation, reduction,
purgey, purge;}
o Temperature in the fluid phase:

o Ti(zt),Vj = {oxidation, reduction, purge;,purge,}
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The reactor model, shown in Equation 3.1 and 3.2, explicitly considers the following
mass and heat terms: time dependent, convection, axial diffusion and transfer between the
reactor’s bulk phase and each OC particle. The boundary conditions shown in Equation 3.3
and 3.4 describe the mass and heat feeding stream conditions at the reactor’s inlet;
whereas, Equation 3.6 describes the inlet mass flux at each j stage. Additionally, Equation

3.5 describes the mass and heat insulation at the reactor’s exit.

Table 3. List of coefficients and parameters used for the reactor model

Oxidation Reduction Purge; after Ox Purge; after
Red
& 0.37°2 0.372 0.372 0.372
Dgyx ij (M%S) 1.62e-3 2 2.3279%e-52 1.6492-52 1.9945e-5 2
keij (m/s) 0.48271 2 0.0785°2 0.07253 @ 0.06882 @
a, (1/m) 2700.0 @ 270002 270002 27000 @
Vifeed j 0.23 Oy, 0.77 N,? 1.0 CH,4? 1.0 Ar?® 1.0Ar?®
Fip j (Mol/s) 21097 ® 610 ¢ 488 " 610 °
Cpr j (J/mol/k) 31.63° 58.55 ¢ 20.28 ¢ 20.28 ¢
Aax j (W/M/K) 3.4304 @ 1.3777 @ 0.4375°2 1.1377 @
h¢ j (W/m%K) 85552 1603.8 @ 694.9 2 2085.72
a. Han et al. [11], b. Spallina et al. [87], c. Perry’s handbook [116], d. Han et al. [13]
The mass and energy balances for the particle phase:
BCC ij J BCC ij
o = rciza_rc(De i7" arcl) +Ps j 2R (37)
Tc; Asj 0 AT j
((1 - Sc)psjcpsj + SCCpCjCchWJ = ?Zja_rc(rcz 6rc]) + ps jZRi,j(_AHi,j) (38)
The boundary conditions for the particle phase:
dCcij AT ;
or Ire=0 = 5" =0 = 0 (3.9)
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ACe
—D, i,j?cl IR, = Keij (Cc ijlr, = Ci,j) (3.10)

T,
—Asj 5t IRy = r j(Te j |rp = T5) (3.11)
The spatial and time domains included in the particle model are the following:

e The particle radial spatial position is described by: 7., V 0<7, <R, R, =

particle radius

The state variables included for the OC particle model are:
e Concentration of gas species i in the OC particle:
o Ccyj(z1,t),V i={0,CHyH,, CO,C0,H,0,Ar}, j = {oxidation,
reduction, purge,, purge,}
e Temperature inside the OC particle:

o T¢j(zr,t),Vj={oxidation, reduction,purge;, purge,}

e Conversion of the OC particle:

o Xj(z,1,t),Vj={oxidation, reduction,purge,,purge,}

Table 4 List of coefficients and parameters used for the particle model

Oxidation Reduction Purgeq after Ox | Purge; after
Red
& 052 052 052 052
Deij (m%s) 3.4015e-7 @ 8.27e-7— 3.06e-6 @ 3.2408e-7 @ 1.46e-6 2
ps j (kg/m?) 4480 @ 4330 @ 4330 @ 4480 @
Cpc j (J/mol/k) 31.63° 58.55 20.28 ° 20.28 °
As j (W/m/K) 8.6462 @ 7.7512 2 8.6462 2 7.75122
AH; j(J/mol) -479,400 ¢ | 156,500 /-2100/-43,300 ° --- e

a. Hanetal. [11], b. Perry’s handbook [116], c. Iliuta et al. [115]
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The particle model, shown in Equation 3.7 and 3.8, explicitly considers the following
mass and heat terms: time dependent, radial diffusion and reaction. The boundary
conditions shown in Equation 3.10 and 3.1 describe the mass and heat transfer between the
reactor’s bulk phase and the OC particle; note that these boundary conditions are evaluated
along the axial domain of the reactor. Equation 3.9 describes the mass and heat insulation
at the center of OC particle.

A complete description of the relevant physical properties used in this model are

described in the Appendix A. The reaction kinetic terms that appear in the model (R, ;) are

presented next.

3.3 Reaction kinetic model

Nickel-based OCs have shown very high reactivity for the combustion of methane.
The use of NiO supported in 21% y-alumina and CH4 as fuel had been previously tested in
continuous CLC pilot plant experiments that were performed for 40 h of reaction time [117].
The results showed no major changes in the porosity, density or mechanical strength of the
OC; however there were some thermodynamic limitations preventing full conversion of
methane in CO;2 and H2O due to the presence of small amounts of CO and H: at equilibrium
conditions [105]. On the other hand, the use of a Ni-based OC enables oxidation to work at
temperatures between 1200-1400 K due to its high melting point (1728 K). Moreover, the
ubiquity of Ni-based OC experimental data for CLC is the main reason why a Ni/NiO metal
is selected for this work.

The kinetics parameters for the oxidation reaction were taken from those presented
by Dueso et al. [62]. In that study, the kinetics were determined in the TGA at temperatures

of 1223 K and 1173 K while keeping a constant atmospheric pressure and using different
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concentrations of Oz ranging from 5% vol to 21% vol. The experiment was performed during
5 cycles; the kinetic constant was determined assuming an Arrhenius model.

The oxidation step (Equation 3.12) can be accurately described by the shrinking core
model [118]; moreover, the correction equation presented by Nordness et al. [109] for higher
operating pressures in the CLC PBR is implemented alongside the previously selected
Dueso’s kinetic parameters. Equation 3.13 describes the reaction rate for the oxidation used

in this work. The kinetic parameters are presented in Table 5.

2Ni + 0, - 2NiO (3.12)
ao = af”
To,j = PlO’Z k0o, je" 9" ¢ci (1 X) Co,,j C'nij; V¥ J = {oxidation,purge;} (3.13)

The kinetics for the reduction stage were taken from Nordness et al. [109], where the
kinetics of the NiO OC reduced with methane were analyzed at high pressure in a packed
bed reactor using the nucleation and nuclei model (NNM) [119], [120]. Equations 3.14-3.19
show the reaction mechanisms and rates for total CH4 oxidation, H> oxidation and CO

oxidation, respectively. The kinetic parameters are presented in Table 5.

2CH, + 3Ni0 — 3Ni+ CO, + 4H, + CO (3.14)

H, + NiO — Ni+ H,0 (3.15)

CO + NiO —» Ni+ CO, (3.16)
ECH4J

TCHyj = pron b KOy, ;e "o Tl mey, (1 - X) (-In(1- X)) 2 CCH4J C'yiojs ¥V J =

{reduction,purge,} (3.17)

-E

aHp,j
aO]

THZ,]- p139 kOH2] e Rg~T cj nH (1 X) (_ ln(l X; )) HZ CHz,j C’Nio’j; \Y ] =

{reduction,purge,} (3.18)
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~Faco,j 2 1
ao; T, = 1-— .
Tco,j = prar KOcoj el Xjnco(1—=X;)* (=In(1 = X;))" mco Ceo,j C'wioi V J =

{reduction,purge,} (3.19)

Table 5. List of kinetic parameters

Oxidation/Purges Reduction/Purge>
=02 I=CH+/H2/CO
a0;(m%s) 0.002 @ 102°
kO0; j(m/s) 4.6e-12 8.16e-6 / 2.13e-5/2.26 e-
5 b
Eq ; j(J/mol) 22,000 ° 77,410/ 23,666 / 26,410 °
Rq (J//mol/K) 8.31452 8.3145 2
P (bar) 20° 20°¢
n; - 0.8/0.6/0.8°
C'nijj /C'nio,j 0.21 0.21

a. Taken from Dueso et al. [62], b. Taken from Nordness et al. [109], c. Taken form Noorman et al. [8]

The conversion rate for the OC is as follows:

axj _

pral (Xi7i,j)/ C'nio ¥ J = {oxidation, reduction, purgel,purge2} (3.20)

The mass balance for Ni and NiO, assuming no migration of the Ni particles:

% = (1 — Xj)MNiO V j = {oxidation, reduction, purgel,purge2} (3.21)
% = XjMy; V j = {oxidation, reduction purgel,purge2} (3.22)

Recalling equation 3.12, XR; ; can be written as follows:
YR j=@i10,,V i ={0;,CHy, Hy, CO,CO,, H,0,Ar}, j = {oxidation, purgel} (3.23)
YR =@iTcn,jt ©iTh,j+ ®iTco,j,Vi={CHyHy CO,C0O, H,0,Ar}, j = {reduction,

purge 2} (3.24)
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where ¢ is the stoichiometric coefficient of component i in the reaction.

Since the purges are performed with an inert gas, such as argon, it is then assumed
that the remaining reactants inside the PBR, after the culmination of the oxidation or the
reduction stages, are still reacting with the unconverted OC particles. Therefore, the kinetics
considered for each one of the purges used the same set of equations as in the
corresponding previous reaction stage (oxidation or reduction), as shown in equation 3.23

and 3.24.

3.4 Base case operating condition

Commercial availability of CLC technology is hindered by a lack of studies on large-
scale reactors and pressurized conditions; increasing focus in these research areas would
boost confidence levels regarding use of this technology. In order to address this gap in the
literature, the current work was based on a large-scale reactor working under high pressure.
The nominal design of the reactor was selected from a study conducted by Spallina et al.[87],
which included a sensitivity analysis on the reactor length and diameter. That analysis
helped those authors to select the total number of reactors required for continuous operation
for a 168.9 MW gas turbine. Although that work was carried out with a Fe-based OC, some
of the conditions used for that study can also be applied for a large-scale Ni-based OC
reactor; for instance, the reactor’s dimensions, such as length and diameter, were defined

based on pressure loss and diffusion limitations at a corresponding mass flux.

The base case and operating conditions for this work are shown in Table 6. Reactor and OC

characteristics and dimensions Table 6 and Table 7, respectively.
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Table 6. Reactor and OC characteristics and dimensions

Reactor configuration Sources
Parameter
Length (m) 11 [87]
Diameter (m) 5.5 [87]
OC active material Ni/NiO supported in [62]
alumina
OC diameter (mm) 1.4 [115]
Weight fraction of metal 0.21 [62]
oxide in OC (wt.%)
Solid porosity (gc) 0.5 [14]
Melting point of reduced 1455/1728
metal (°C/K)
Table 7. Feed streams, base case
Oxidation + Heat removal Sources
Gas stream Air
Total mass flux 3.2 [87]
(kg/s/m?)

Pressure (bar) 20 [8]
Inlet Temperature (°C) 450 [87]
Initial conditions (t=0) | C;; =0, Tj = 600, X; = [10]

Reduction
Gas stream Methane
Total mass flux 0.545 [13]
(kg/s/m?)

Pressure (bar) 20 [8]
Inlet Temperature (°C) 450 [13]
Initial conditions (t=0) | C;; =0, T; =900, X; =0 [10]

Purge
Gas stream Argon
Total mass flux 1.3 [87]
(kg/s/m?)

Pressure (bar) 20 [8]

Inlet Temperature (°C) 450 [13]

Initial conditions (t=0)

Based on previous stage’s

state variables values
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In summary, a 1-D mechanistic dynamic model representing the phenomena inside
a PBR for CLC has been introduced. This model contains a set of partial differential
equations for the OC particle and another for the bulk phase of the reactor. The state
variables, such as concentration of the gas species and temperature in both the particle and
bulk phases, are coupled between both sets of equations across boundary conditions.
Furthermore, the reaction kinetic model was presented for each reaction stage. Additionally,
a base case scenario was selected from the literature and will be used as benchmark to

study this system.

3.5 Model implementation

The dynamic model presented in the previous section was implemented in PYOMO
with a version of Python 3.6.5 [121]. The set of partial differential-algebraic equations were
discretized using centered finite differences, which has also been used in previous works
for similar models [8], [11]. The resulting set of non-linear algebraic equations was solved
using the interior-point optimization algorithm combined with the linear solver MA97 in the
PYOMO environment [122]. The number of discretization elements per domain was
determined a priori from trial and error simulations. Due to the model’s non-linearity, the ratio
of finite elements (NFE) in the spatial domain to those in the time domain is also affected.
Such small changes in the model necessitate further cumbersome adjustments that could
effectively hinder the development and ubiquity of this type of solution technique in the CLC
field. The number of NFE in each domain (spatial in r, spatial in z, and time t) was determined
by increasing the number of points until no further improvement in the model predictions
were observed, while maintaining a reasonable computational time. Accordingly, for the

base-case operating condition reported above, discretization elements are needed for the
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reactor’s axial domain (z) and the particle’s radial domain (r). A summary of the NFE

employed in this work is presented in Table 8.

Table 8. NFE for each stage in the CLC sequence

NFE Radial (r) Axial (z) Time (t) Total # of
equations
Oxidation 14 18 26 97,906
Reduction 8 10 22 63,417
Purge 1 12 12 20 55,146
Purge 2 6 9 15 36,355

Each stage was solved individually and the resulting state variables profiles, such as
concentrations, temperatures and OC conversion, were used as an initial condition for the
next stage of the CLC sequence. The resulting set of nonlinear algebraic equations
belonging to each stage were solved simultaneously. Each of the resulting problems was
solved using the direct transcription dynamic optimization approach. Each simulation

required on average 1,000 CPU seconds (2.5GHz i5-7200U processor).

3.6 Model validation

Due to the scarcity of studies regarding dynamic operation of large-scale CLC PBR,
a direct comparison between the results obtained by the present 1-D model and published
data cannot be performed. Therefore, comparison in terms of concentrations, temperatures
and conversions profiles against data available in the literature, either in previous
simulations and/or in experimental works, was performed with the aim to validate the model

proposed in this study.
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The data reported by Han et al. [13] was used for the temperature profile validation.
Figure 7 shows the temperature profiles of the exit gas at various times throughout the

complete cycle sequence.
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Figure 7. Exit gas temperature for the complete CLC cycle sequence: data by Han et
al. [13]

In order to ensure the effective functioning of the model, it was decided to compare
our temperature profiles against those reported in the study by Han et al. [13] at various
stages of the CLC PBR sequence. Han’s study is an adequate benchmark because they
use a similar large-scale reactor as well as their choice of a Ni-based type OC and CH4 as
fuel in the reduction stage also corresponds to the present study. Han's study was
implemented using different kinetic data for the oxidation reaction, which was not presented

in that study [11]. Despite the latter, the exit gas temperature profile shown in Figure 7 is still

45



fairly similar to the one presented in that study, including the duration of the heat recovery
process which is approximately the same (3,000 s). Additionally, the exit gas temperature
decrement during the purge and the reduction against Han’s work was benchmarked; the
results follow the expected tendencies, because the exothermic reaction is over and the
cooling of the bed due to convection is imminent. Moreover, Figure 7 confirms the results
first indicated by Noorman et al. [8] during the oxidation, i.e. the exit gas temperature
reaches and surpasses the minimum turbine inlet temperature (TIT) [82], effectively
demonstrating that a CLC PBR can provide a suitable air hot stream to feed the downstream
turbine.

The goal of the reduction stage is to ensure that all the feeding fuel is converted into
COz and H»0 in order to ensure maximal CO, sequestration. A key aspect of this stage is
that the OC reduction time should be kept as short as possible; accordingly, a sufficiently
high temperature would allow the reaction to take place quickly (approximately a minimum
of 600°C [115]). Moreover, the operation strategy for the reduction stage is to reduce the
OC particle while keeping a low CH4 mole fraction, also known as a fuel slip, at the reactor’s
outlet. Figure 8 shows the exit gas fraction at different times during the reduction stage; the

results of the present simulation are compared against those reported by Han et al. [13].
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Figure 8. Gas mole fraction at the exit of the reactor during the reduction stage: data
by Han et al. [13]

The selectivity towards CO, conversion of the Ni-based OC is crucial for the
production of a highly concentrated stream. As shown in Figure 8, the selectivity is achieved
by producing a stream with approximately 60% H>O and 30% CO., which is expected
according to lliuta et al. [115]. The duration of the reduction stage (approx. 420 s) and the
mole fractions estimated by the current model at the exit of the reactor are also in agreement
with Han’s work [13]. Moreover, the present model is able to predict the time at which the
OC conversion has almost achieved a full reduction; indicated by the increment of fuel slip

as well as the decrement of H,O and CO- at the end of the reduction stage process [8].
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Figure 9 Time profile of the OC conversion during the reduction stage: data by Zhou
et al. [58]

The results form the present model have explicity demonstrated a non-linear
behaviour in the OC conversion profile during the reduction stage. This same phenomena
was presented in a previous study performed by Zhou et al.[58]. Figure 9 highlights the OC
conversion time profile comparison against Zhou's work in which a Ni-based OC was
reduced with CH4. Zhou achieved a maximal conversion of the OC particles of 98%, whereas
this work achieved 100%. Despite the different system’s dimensions (e.g. reactor length)
and operating conditions (e.g. pressure), the transient conversion profile in both studies

follow a similar behaviour.
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3.7 Sensitivity analysis

To gain a better understanding of the model parameters and variables, as well as
the way they impact the dynamic model, a sensitivity analysis was performed for the
oxidation and reduction stage. The analysis will aid in the selection of suitable control
variables for the CLC process.

Using the information mentioned above in Table 6 and Table 7 for the base case,
this study evaluated the following parameters: inlet mass flux, inlet stream temperature,
reactor’s length and operating pressure. These parameters were selected based on their
design flexibility; variations in these parameters would automatically affect either the OC
load in the packed bed or the gas phase concentrations. The sensitivity of each one of these

parameters to model performance is discussed next.

3.7.1 Effect of the inlet mass flux

The inlet mass flux plays a key role in the performance of the reactor throughout the
CLC process stages. For instance, during oxidation, the OC’s melting point might be
reached at low mass fluxes, thus damaging the fixed bed. Whereas at higher mass fluxes,
the outlet gas temperature may fall beneath the minimum required for the gas turbine to
operate properly. Thus, the maximum achievable temperature in the reactor is highly
sensitive to the inlet air mass flux. In order to analyse its effect on the reactor’s performance,

a change in the air mass flux of +/- 10% was considered.
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Figure 10 Effect of varying the inlet air mass flux on the exit temperature profile

during the oxidation stage

Figure 10 shows that higher temperatures are reached when lower inlet air mass
fluxes are fed during the oxidation stage. Oxygen is so highly abundant throughout the
duration of the oxidation stage that a reduction in the reaction rate due to a decrease in the
inlet mass flux does not create significant effects on the overall process. Thus, the difference
between the peaks is due to a minor drop in temperature caused by lower mass flux
convection; hence, a crucial aspect in the reactor’s performance is maintaining an air mass
flux that allows the heat transfer from the exothermic reaction to be greater than the cooling
caused by the air mass flux moving within the reactor. Therefore, by lowering the inlet mass
flux the exit gas temperature can be maintained at relatively high values for a longer period

of time; thus promoting the heat recovery in the downstream turbine.
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For the reduction stage, lower inlet mass fluxes would translate into less fuel slip at
the reactor outlet. Although higher mass fluxes would ameliorate the reaction rate and the
OC conversion, it simultaneously creates a higher fuel slip resulting in lower CO- capture
efficiency. To analyse the effect of the inlet methane mass flux on the reactor’s performance,

a change of +/- 10% on this parameter is considered.
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Figure 11. Effect of varying the inlet methane mass flux on the methane

concentration at the reactor’s exit during the reduction stage

Figure 11 shows a decrease of fuel slip at the reactor’s exit by reducing the inlet
mass flux. The results show a steady increment during the second half of the simulation

time; as expected, the amount of unreacted methane leaving the reactor increases due to
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an augmentation in OC conversion. Similarly, the sudden peak at the beginning of the
simulation time describes the faster rate of methane diffusion and convection across the bed
than the reaction rate of methane consumption. Furthermore, changes in the methane mass
flux to reduce that peak on the exit mol concentration show no impact; the changes are more
evident after 70 s of simulation. Nevertheless, an important operational aspect to consider
is the manipulation of the inlet methane mass flux, in order to keep a minimum methane slip
at the reactor’s outlet; by lowering the mass flux, the residence time of the methane is

increased allowing for its full conversion to take place.

3.7.2 Effect of the inlet gas stream temperature

Selecting the suitable inlet temperature for the gas streams feeding the CLC reactor
may be instrumental in the CLC process. For instance, a higher inlet air temperature during
oxidation would translate into greater heat recovery since the cooling of the packed bed
would be reduced. Moreover, a higher inlet methane temperature during the reduction stage
would also reduce the cooling of the packed bed, thus enhancing the Arrhenius-type reaction
rate as shown in section 3.3. To analyse the effect of the inlet gas temperature on the
reactor’s performance, a change of +/- 10% on this parameter is considered during the

oxidation and reduction stages.
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Figure 12. Effect of varying the inlet air temperature on the exit temperature profile

during the oxidation stage

Figure 12 shows that increasing the inlet air temperature would not only increase the
maximum exit temperature, but also extend the generation time of this hot outlet stream.
The peak mismatch between the curves can be explained by the change in mol
concentration, since the temperature increments are inversely proportional to the oxygen
concentration within the reactor, affecting the reaction rate and therefore the exothermic
temperature reached. Furthermore, as expected, Figure 12 depicts that a low inlet air
temperature would rapidly drop the hot stream production, due to a greater cooling of the

packed bed caused by the greater temperature gradient.
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Figure 13. Effect of varying the inlet methane temperature on the methane

concentration at the reactor’s exit during the reduction stage

Figure 13 shows the inversely proportional impact that the inlet temperature has on
the exit methane concentration during the reduction stage. By increasing the inlet gas
temperature, the inlet mol concentration is reduced (ideal gas behaviour) thus reducing the
concentration of exit methane in the reactor. Moreover, since the temperature gradient
between the packed bed and the inlet stream is lower at higher inlet fuel temperatures, the
cooling of the reactor is less drastic; hence, the reaction rates are enhanced and the result
is more methane reacted by the OC.

The inlet gas temperatures can be adjusted by manipulating the preheating process,

which could be configurated as shown in Figure 5, where the exhaust from the turbines are
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used to preheat the aforementioned feeding streams into the reactor. Although the
integration of the turbines and the CLC reactor is beyond the scope of this study, it is worth
mentioning the importance of properly coupling the CLC reactor with the complete combined

cycle.

3.7.3 Effect of the reactor’s length

The dimensions of the reactor are considered next. The use of a 1-dimensional
model only allows to analyze the length of the CLC reactor. Nevertheless, the effects of OC
load within the reactor can be studied by varying the reactor’s length. This parameter is

variated by +/- 10% in both the oxidation and reduction stages.
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Figure 14. Effect of the reactor’s length on the exit gas temperature during the

oxidation stage
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Figure 14 shows the impact of the reactor’s length on the oxidation stage. It is
possible to achieve higher temperatures when using larger reactors, which is expected since
the heat front is highly dependent on the spatial axial domain of the reactor. Moreover, the
peak temperature occurs at different times according to the different reactor size, with 300
s the maximum difference between the peaks. The latter impacts the timing of the switch
from the oxidation stage to the heat recovery stage, i.e. the heat recovery comes after the
desired high temperature is reached. If switching happens too late in the process, wasted
energy production in the gas turbine could happen; conversely, if the switch happens too
early, damage to the turbine could occur since lower temperatures are fed which increases

the risk of thermal stress.

Reactor length(m)=9.9

Reactor length(m)=11 Reactor length(m)=12.1
400

350
300
250
200
150
100 \
50 L
f
o !

0 50 100 150 200 250 300 350 400 450

Time (s)

Methane concentration at the reactor's outlet (mol/m?3)

Figure 15. Effect of the reactor’s length on the methane concentration at the

reactor’s exit during reduction
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Figure 15 shows how a change in the reactor's length affects methane
concentrations in the reduction stage. As expected, an increment in the length results in a
lower concentration of exit methane; this result is reasonable because the surface area and
the OC load of the packed bed are increased proportionately with the length, allowing more

methane to react within the OC.

3.7.4 Effect of the pressure

The pressure at which the CLC reactor operates is a key aspect not only for the
reactor’s performance, but also for the overall performance of the combined cycle (CC).
Setting a proper operating pressure would also affect secondary equipment in the CLC-CC;
thus, the operating conditions of the HRSG, turbines and preheaters connected to the
system would also need to be modified accordingly. To analyse the effect of pressure on the

CLC PBR during the oxidation stage, changes of +/- 25% on this parameter are conducted.

57



Pressure (bar)=15

Pressure (bar)=20 Pressure (bar)=25
1000

950

900

850

800

750

700

650

Exit gas temperature (°C)

600
550

500
0 500 1000 1500 2000 2500 3000

Time (s)

Figure 16. Effect of varying the operating pressure on the exit gas temperature
during oxidation

Figure 16 shows the inversely proportional effect of decreasing the operating
pressure on the exit gas temperature. Although the difference between peak temperatures
is about 35°C, the time span of a high exit gas temperature (i.e. above 900°C) is
considerably larger at lower pressures. The decrease in the inlet pressure also lowered the
inlet mole concentration; therefore, limiting the exothermic reaction due to lack of available
oxygen. Hence, operating at higher pressures enhances the OC conversion rate, which
would shorten the stage time and the heat recovery process. Nevertheless, lower pressures
would maintain a constant hot exit gas production and the turbine’s safety would not be
affected; on the other hand, a lower pressure ratio will be available for the gas turbine thus

producing less energy.
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Figure 17. Effect of varying the operating pressure on the methane concentration at

the reactor’s exit during the reduction

Figure 17 shows the effects of changing the operating pressure on the exit methane
concentration during the reduction stage. The expected results are obtained, simultaneous
increases in operating pressure and mole concentration indicated that an excess of
unreacted methane moves within the reactor. Furthermore, lowering the pressure would also
translate into less OC conversion during the same timespan; thus, extending the timeframe
necessary to allow for a full OC conversion. This time extension during the reduction stage
would also affect the switching between stages and potentially delay the reactor entering
into the oxidation stage at the optimal moment. Notwithstanding the changes in operating

conditions, all the times required for full reduction of the OC studied in this section are lower
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than the time required for full oxidation of the OC. Therefore, no delay is expected to occur
between stages for this CLC packed bed configuration.

An adequate control in the oxidation process would translate into a more efficient
energy production by the downstream turbine, thus diminishing the energy penalty that CCS
entails. Moreover, controlling the methane slip from the reactor and hence allowing more
fuel conversion would improve the CO-. capture efficiency. According to the sensitivity
analysis presented above, it is concluded that changes in the inlet mass flux at various
stages is indeed the most practical approach in order to obtain the design objectives of the
CLC process, i.e. maintaining a high exit temperature and low fuel slip during the oxidation
and reduction stages, respectively. This conclusion is also supported by best practice in the
field, as changing the mass flux is a more common control engineering practice compared

to changing the operating pressure of a reactor.

3.8 Chapter summary

A 1-dimensional heterogeneous model for a packed bed CLC reactor was presented
in this chapter. A base case was selected in accordance with data obtained from the
literature for a large-scale CLC reactor. The model was validated against data reported in
the literature. The results are to be in reasonable agreement with the reported data; thus,
showing that the model captures the behaviour of a CLC PBR. Moreover, a sensitivity
analysis was performed for the reduction and oxidation stages. The effects of various mass
flux changes were analyzed, showing that less inlet moles to the reactor would translate into
lower fuel slip; moreover, a better control in the state variables, such as concentration and
temperature, was also observed when changing the inlet mass fluxes. Additionally, the

current study analyzed the effect of the inlet stream temperature and effectively depicted
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that greater heat recovery can be obtained at higher temperatures. Likewise, the mole
concentration is affected by the above change and therefore dictates the corresponding
modified duration of the stage. Moreover, the effect of the reactor’s length on the oxidation
and reduction stages was also studied. By increasing the reactor’s length, the load of OC in
the pack bed changes requiring more time for full conversion. Similarly, increases in length
result in increases in the heat front and the methane consumption during the oxidation and
reduction stages, respectively. Furthermore, the effect of the operating pressure was
analyzed and it was shown that this parameter is directly related to the inlet mole
concentration. Whereas increases in pressure during the oxidation stage enhance the peak
and maintenance of the hot temperature in the exit air stream, during reduction stage, the
same pressure changes initiated a major fuel slip at the reactor’s exit.

By analyzing various parameters and performing a sensitivity analysis, it has been
effectively demonstrated the implementation of a dynamic model and selected the proper
controlled and manipulated variables necessary to perform dynamic optimization for the

CLC PBR.
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Chapter 4
Dynamic optimization of the CLC PBR

The aim of this section is to evaluate the controllability of the CLC PBR stages during
operation using dynamic optimization. During the oxidation process, the goal is to keep a
constant exit gas temperature, with the intention to extend the heat recovery process in the
downstream turbine, while adjusting the inlet air mass flux. Whereas for the reduction stage,
the objective is to keep a fuel conversion greater than 95% while adjusting the inlet fuel
mass flux. In addition, the purge between the oxidation and reduction stages has to be not
only effective, but also to be performed as quickly as possible. The organization of the
following chapter is as follows: a solution based on step-wise changes in the manipulated
variables is presented as an initial attempt to address the aforementioned objectives for
each state. An optimal control problem expressed as a dynamic optimization formulation is
proposed next; by defining a set point in every stage in the CLC process sequence the goal
is to depict the adeptness of implementing this control technique. Furthermore, based on
the sensitivity analysis presented in Chapter 3, two optimal control scenarios are proposed
and solved using dynamic optimization formulations. Note that part of the work presented in

this Chapter has been submitted for publication [129].

4.1 Introduction

The process control system allows flexibility in every unit operation in chemical
engineering; the nominal operating conditions inside the process can be easily disrupted by

unexpected disturbances and the process control system therefore allows to maintain those

62



conditions at their target values. Regarding the design and operating conditions for a CLC
PBR, very few works have been published in the literature [87], [89], [123]. In this limited
body of research, the design of a network of PBRs for a large-scale power plants (350-400
MWth) was performed using a simplified analytical solution of a 1-D mechanistic model; the
number and size of the reactors, as well as their related process operating conditions were
considered, with the goal of achieving continuous operation in the downstream turbine.
Furthermore, studies regarding process control and dynamic optimization are scarce within
this limited body of research. To the author’s knowledge, the work presented by Han et al.
[13] is the only available study that considers controllability for the CLC PBR process, as
discussed in Section 2.6.2. This chapter will therefore propose a control strategy based on
dynamic optimization of all stages in the CLC PBR sequence in an attempt to fill in the
current gaps in this subject area (see Figure 4). It will be considered, the operating conditions
and dimensions of a large-scale process with a specific focus on the control actions that
best maintain the operation of the entire CLC process while also improving the performance

and efficiency at every stage.

4.2 Manual step changes in the inlet mass flux

The goal of controlling the dynamic operation of a CLC PBR during oxidation is to
avoid temperature fluctuations, which can harm the downstream turbine due to thermal
stress and differential expansion between stationary and rotating parts [89], [124]. Whereas
in the reduction stage, the objective is to maximize the OC conversion while maintaining
high CO; capture efficiency [13]. To accomplish these goals, the present scenario performs
manual step changes in the inlet mass fluxes during the oxidation and reduction stages in

an attempt to enhance their performance.
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The nominal case operation presented in section 3.4 will be used as framework to
perform this study. Hence, a feasibility problem is formulated with user-defined step changes
in the inlet mass flux as input variable. These variables were adjusted accordingly to
improvements observed in control variables for each stage, such as temperature and mole
concentration. The timing of the increments or decrements in the mass fluxes was defined

on a trial and error basis through performing simulations.

The oxidation stage is comprised of a heat recovery process, which can be defined
as the period during which the reactor’s exit gas temperature has reached a certain value
that makes the outlet stream suitable for feeding the downstream turbine. Once the value
drops below the minimum turbine inlet temperature (TIT), the recovery process and the
oxidation stage have both ended. Based on the operation range of gas turbines presented
in previous works [82], [106], the TIT selected for this study was 900 °C which also

corresponds to Han’s work [13].
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Figure 18. Exit gas temperature time profile with manual step changes in the inlet

mass flux during the oxidation stage.

Figure 18 shows a comparison between the exit gas temperature for the base case
presented in Section 3.4 and that obtained with step changes. The base case, which
considers a constant mass flux throughout the entire stage, crosses the TIT barrier after
1,900 s. of simulation time; alternatively, in the step change scenario the exit gas
temperature falls below the TIT set-point after 2,200 s, showing an improvement of 300 s in
the time duration of the heat recovery process. This would automatically translate into more
energy in the downstream turbine as the manual step change scenario recovers 22.5 MW-
h of energy, compared to 19.7 MW-h for the base case. This control approach indicates that
the energy production during the oxidation stage can be enhanced by making online
adjustments to the mass flux; nevertheless, the timing of this adjustment requires precision
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since executing the change in an inaccurate manner could result in overshooting or
undershooting the set-point of the exit temperature which, as discussed previously, could

damage either the OC particles or the turbine.
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Figure 19. Exit methane concentration time profile with manual step changes in the
fuel mass flux during the reduction stage

The methane concentration at the reactor’s outlet should be kept as low as possible
in order to carry out a more efficient reduction stage, i.e. increase CO; recovery efficiency.
Figure 19 shows the reduction stage comparison between the base case, which considers
constant inlet mass flux during the timespan, against performing manual step changes in

the input variable. As in the oxidation stage, the manual step changes aimed to keep the
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methane concentration under 50 mol/m3. This concentration represents an 85% methane
(fuel) conversion rate and it can be used as target control value for the reduction stage.
Figure 19 effectively indicates that performing step changes result in less fuel slip during the
simulation timespan. Conversely, a larger fuel slip is seen in the base case operation as the
methane concentration value is close to 290 mol/m? at the end of the reduction stage. This
indicates an almost full reduction of the OC since it is no longer reacting with methane.
Additionally, one can observe in Figure 19 that the set-point is achieved after 120 s; before
this point, any further decrease in the inlet mass flux has no major effect on the exit methane
concentration. This is due to the fact that it takes time for the methane to fully diffuse into all
the OC particles, allowing complete utilization of the surface area in the reaction. Before
reaching this diffused state, the exit methane concentration will not decrease despite
decrements in the inlet mass flux. In the step change scenario depicted in Figure 19, a 90%
fuel (methane) conversion rate was not obtained, despite the fact that this is widely
considered the minimal rate required for an efficient CCS process [8]. However, the step
change scenario was useful in showing that it is possible to maintain an exit methane
concentration under the desired set-point during a time span of 300 s, thus confirming the

impact of this control approach.

Based on the above, making manual changes in the key input variables improves
the overall process performance. Furthermore, the step changes considered in this analysis
produced the expected outcome, i.e. and extension of the energy production in the oxidation
stage and an enhancement of the methane conversion in the reduction stage. These results
motivate the seek for optimal control strategies that can further improve the expected

performance of this process.
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4.3 Dynamic optimization

Based on the results presented in the previous section, the aim of this section is to
present an optimal control study on the CLC packed bed reactor using the inlet mass flux as
the manipulated variable for both stages. As in the previous section, the goal is to extend
heat recovery by maintaining the exit gas temperature at a minimum of 900°C during the
oxidation process and by maintaining the fuel conversion above 90 % to ensure a more
efficient CO; capture process in the reduction stage. Additionally, the purge stages are
included in the analysis in order to analyze the possibility of shortening their duration while
also proposing a better utilization of the purge gas stream.

The oxidation stage optimal control problem can be formulated as a dynamic
optimization problem as follows:

. Kj o ) 2
Gj(lglAlSEGj Zki:O(Temt T(k]At)) 4.1)

Subject to:
CLC packed bed model (3.1-3.11), reaction equations (3.12,3.13,3.20-3.23)
tj = [O, At, .....,ijt, ...... ,KjAt] YV j = oxidation stage

2.0 < Gj(kjAt) <47 Yk;=0,.....K;

68



— — — Temperature base case ====-- TIT

Optimal temperature

Optimal mass flux — = = Mass Flux base case

1100 4.7

1000

900

800

700

Exit gas temperature (°C)
Mass flux (kg/s/m?)

600

500 1.7
0 500 1000 1500 2000 2500 3000

Time (s)

Figure 20. Optimal exit gas temperature and inlet mass flux time profiles during the

oxidation stage

The problem shown in equation 4.1 searches for the control actions that need to be
implemented in the inlet mass flux for the oxidation stage at each time interval k; that would
minimize the deviations between the reactor’s outlet temperature set-point (T.:) and the
actual exit gas temperature. The proposed formulation is subject to the CLC PBR model
presented in Chapter 3. Using the direct transcription dynamic optimization approach,
alongside centered difference discretization as discussed in Section 3.5, the resulting
optimal control problem consisted of 48,573 non-linear equations with 48,593 optimization
variables. This problem converged to local optimal solution in 450 s using the interior-point

optimization algorithm.
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Figure 20 shows a comparison between the exit gas temperature for the base case
scenario with constant inlet mass flux and the optimal control profiles identified from the
solution of problem (4.1). The results show that an optimal control profile is able to maintain
the Ty = 900°C in a fairly constant manner, whereas, the base case solution shows an
initial peak of 1,020°C in the exit gas temperature with a quick decrement afterwards.
Furthermore, the optimal control strategy defines a non-trivial inlet air mass flux profile since
it depends on the stage of the oxidation process, e.g. the time at which the system reaches
the set-point for the first time. Thus, by lowering the mass flux the cooling of the packed
bed caused by convection of the moving air stream across the reactor is hindered. Han et
al. [13] showed similar results when they performed a multi-period optimization by
manipulating the air inlet flow rate (mass flux) as decision variable on every period and
maximizing the heat recovery stage. A key difference is that they assume that the air mass
flux would remain constant throughout the oxidation process. This work demonstrates that
the efficiency in the heat recovery process can be further improved if optimal time-dependent
control profiles are implemented during the oxidation process. Moreover, using the equation
found on NASA’s website [130] to calculate the power generated by the downstream gas
turbine, the base case produces 19.7 MW-h of heat during a shorter period of time during
which the exit gas is above 900°C; whereas in the present optimal control strategy, a heat
production of 31.7 MW-h is achieved under the same criteria and the displayed time span in
the figure, which is equivalent to a 60.8% improvement.

As described in Section 4.2, the objective in the reduction stage is to reduce the fuel
slip at the reactor’s outlet; by controlling this parameter the fuel conversion within the reactor
would be increased, as well as the CO; captured. Thus, the reduction stage optimal control

problem can be formulated as a dynamic optimization problem and is as follows:
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Subiject to:
CLC packed bed model (3.1-3.11), reaction equations (3.14-3.22,3.24)
t = [0, At, .., ijt, ...... ,KjAt] V j = reduction stage

0.1 < Gj(k;jAt) 0.8 Vkj=0,.....,K;
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Figure 21. Optimal exit methane concentration and inlet fuel mass flux time profiles

during the reduction stage

In the same manner, the solution to the problem shown in equation 4.2 specifies the

optimal control actions in the inlet fuel mass flux that minimizes the deviations between
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desired and actual concentrations of the fuel at the outlet. After performing discretization of
the PDE’s and implementing the direct transcription dynamic optimization approach, the
resulting optimal control problem consisted of 42,527 equations with 42,557 decision
variables that converged after 1296 s.

As shown in Figure 21, the exit methane concentration for the base case scenario
with constant inlet methane mass flux is compared with the corresponding optimal control
strategy obtained from the solution of problem (4.2). The set-point value for the optimal
control case (equation 4.2) was Cr,= 10 mol/m3 which corresponds to a 97% fuel
conversion, which is the same used in Han’s study [13]. As shown in this figure, the optimal
control profile is able to maintain a fairly constant value on the set-point. Moreover, the
methane mass flux profile depends on the stage of the reduction; e.g. at the moment when
the system reaches the set-point for the first time, the aggressive changes are made in the
mass flux to avoid undershooting the target value. Similarly, towards the end of the reduction
process, the mass flux is reduced as the OC conversion increases, which is the expected
behaviour of the OC since fuel intake has decreased due to the abatement in the unreacted
OC surface area. These results show that during the first time periods of the reduction stage,
despite the fact that the mass flux control is at the lower-bound, the set-point has not been
met due to a fast diffusion and convection of the methane across the bed thus resulting in a

large fuel slip.
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Figure 22. Constant and optimal OC conversion time profile at different bed

positions during the reduction stage

Figure 22 shows a comparison of the OC conversion time profile between the base
case scenario with constant mass flux and the proposed optimal control strategy. As
expected, the decrease in the inlet fuel mass flux during the optimal control strategy hampers
the full reduction of the OC at the rector’s outlet; although the middle of the packed bed is
fully converted into the reduced form, the OC particles closer to the outlet, and therefore
farther away from the inlet mass flux, are not yet converted due to reactant limitations (fuel).
Accordingly, Figure 22 depicts that a longer simulation time is required to reach full reduction

of the entire packed bed which could potentially delay the beginning of the oxidation stage
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when multibed configuration is implemented; therefore jeopardized the downstream turbine
operation.

Given that the steadfast lower-bound value of the inlet mass flux hampers any further
decrease in the exit methane concentration during the optimal control case operation, a
possible alternative to increase the fuel conversion of the first half of the reduction process
could be recirculating or redirecting the outlet stream to an intermediate vessel for
momentaneous storage, in order to avoid a decrement in CO- purity. This is beyond the
scope of this work and left for future studies.

A typical purge stage for CLC PBR process, in terms of time span or mass flux rate,
is usually defined by common engineering practices. Thus far, the defined criteria to execute
the purge stage was based on the number of reactor volumes to remove the undesired gas
compounds from the packed bed [13], [87]. This criterion uses a steadfast time span during
which a constant inlet mass flux of the inert compound is fed to the reactor. In the present
study a different approach is considered by using dynamic optimization and formulating the
purge as an optimal control problem with the goal of decreasing the amount of inert
compound (argon), as well as the timespan required to completely eliminate the undesired
gases inside the reactor.

The purge after the oxidation optimal control problem can be stated as follows:

. K;j 2
Gj(lglAlgeGj ij-:o(COS - Coxygen|z=L(ijt)) (4.3)
Subject to:

CLC packed bed model (3.1-3.11), reaction equations (3.12,3.13,3.20-3.23)
tj = [0, At, ... kjdt, ... ... ,KjAt] Y j = purge; (after oxidation stage)
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Figure 23. Optimal exit gas concentration and inlet argon mass flux time profiles for
the purge after oxidation

The problem shown in equation 4.3 aims to find the control actions in the inlet argon
mass flux values at each time interval for the purge after oxidation stage that minimizes the
square deviations between the desired and actual concentration of oxygen at the reactor’s
outlet. Likewise, the optimal control problem was solved using the direct transcription
approach as in the previous optimization problems; resulting in 55,146 equations with
55,166 decision variables which correspond to each inlet mass flux at every k;. Moreover,
using the interior-point optimization algorithm the problem converged after 187 s.

The idea for the purge after oxidation is to reduce or eliminate the oxygen that could
potentially mix with the fuel used in the reduction and may eventually generate NOx
products, which would only exacerbate the process of CO, separation before sequestration.

Therefore, the purge optimal control strategy uses the final values of the state variables (e.qg.
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concentration and temperature) specified from the oxidation stage as initial conditions for
the purge stage. Figure 23 shows the resulting argon inlet mass flux profile for the purge’s
optimal control strategy after the oxidation stage when the oxygen slip is set at C,5=0.0
mol/m3. Whereas the oxygen concentration decreases relatively fast, the argon the
concentration reaches its peak after 50 s, as shown in Figure 23. Additionally, the increment
in inlet mass flux proposed by the optimal control strategy after 15 s is in order to numerically
achieved 0.0 mol/m? at the reactor outlet and minimize even more the square differences
with the defined set-point. Despite the fact that the argon mass flux used during this study
remained below the 1.3 kg/s/m? used in previous works [87], the oxygen concentration was
effectively reduced to the desired C, set-point value during the purge stage. Moreover, the
timespan required to remove all the oxygen from the PBR is shorter than that reported by
Spallina et al. [87], i.e. a purge stage lasting 300 s. Due to the length of the purge stage,
Spallina’s work reported a total of 9,195 kg of argon used, which is 15 times more than the
605 kg required in this study.

The purge after the reduction optimal control problem can be stated as follows:

. K; 2
Gj(lglAlgeGj ijj:o(CMS - Cmethane|z=L (ijt)) (4.4)
Subject to:

CLC packed bed model (3.1-3.11), reaction equations (3.14-3.22,3.24)
tj = [0, At, ... kjdt, ... ... ,KjAt] VY j = purge, (after reduction stage)
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Figure 24. Optimal exit gas concentration and inlet argon mass flux time profiles for

the purge after the reduction stage

The problem shown in equation 4.4 was solved using the same approach described

above for the purge stage after oxidation but this time the difference between the set-point

and the exit methane concentration of the reactor was the objective. The optimal control

problem was solved using the direct transcription approach as in the previous optimization

problems, resulting in 36,355 equations with 36,370 decision variables that correspond to

each inlet mass flux at every k;. Moreover, using the interior-point optimization algorithm the

problem found a local optimal solution after 92 s of CPU time.

The purge after the reduction stage aims to remove the remaining unreacted gases

that are still inside the packed bed, specifically methane. Therefore, the initial conditions of

the purge optimal control problem are the final values of the state variables (e.qg.
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concentration and temperature) from when the reduction stage is completed. Figure 24
shows the resulting time profiles of the exit methane and argon concentrations when the
methane slip is set at C;;,5=0.0 mol/m?3; additionally, the inlet argon mass flux transient profile
is presented. As expected, the figure depicts how the exit methane concentration decreases
rapidly (i.e. in a timeframe shorter than 100 s), due to mass transport convection and the
consumption with the remaining unreacted OC particles. Likewise, the exit argon
concentration reaches its maximum value at 150 s, indicating that the removal of all
undesired gases has been completed. Moreover, the amount of argon specified by the
optimal control strategy did not surpass the 1.3 kg/s/m? indicated by Spallina et al. [87];
hence, the resulting total amount of argon used for this work was 75.4 kg, which represents
an amount 5 times smaller than the 9,195 kg required in Spallina’s study.

This last section not only showed improvements in reduced amounts of inert gas
used, but also shorter time durations for the purge stages. These changes would also
translate into smaller heat losses due to convection and which would result in warmer
packed bed temperatures for the reactions that were to follow. Having a higher temperature
in the packed bed enhances both reactions (oxidation and reduction), as shown in the

sensitivity analysis (Figure 12 and Figure 13); thus, improving the net process efficiency.

4.4 Dynamic optimization: optimistic and worst-case scenarios

The aim of this section is to present the results of optimal operation of the CLC PBR
during optimistic and worst-case scenarios, which have been selected based on the results
obtained from this study. The initial conditions, inlet temperatures, operating pressures, etc.
were selected from previous works in the existing body of literature [8], [87], [89]; moreover,

the sensitivity analysis presented in Chapter 3 showed the effect of varying these operating
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conditions on the performance of the oxidation and reduction stages. In this section, the
oxidation and reduction stages undergo assessment in a proposed optimistic scenario,
where the operating conditions favour the performance of both stages. Likewise, a worst-
case scenario is also presented in which the operating conditions diminish the performance
of those stages. The key idea is to show that the use of dynamic optimization in both
scenarios would enhance the performance of each stage, thus demonstrating that
operational flexibility of a CLC PBR can be attained despite drastic changes in operational
conditions.

The solution of these two new scenarios was executed using the direct transcription
approach and centered difference discretization, as discussed in Section 3.5. Additionally,
the NFE used for every domain and the number of equations, decision variables and
manipulated variables remained the same as their equivalent in the Dynamic optimization
section (4.3).

Table 9 shows the values selected for the optimistic scenario and the worst-case

scenario.
Table 9 Optimistic and worst-case scenarios conditions
Oxidation
Base case Optimistic Worst-case
Operating pressure 20 15 25
(bar)
Inlet temperature (°C) 450 522 377
Reduction
Operating pressure 20 15 25
(bar)
Inlet temperature (°C) 450 522 377
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4.4.1 Optimistic scenario

The sensitivity analysis carried out in Section 3.7 was used to identify the parameters
that play a significant role in the CLC PBR process. As previously discussed, the inlet gas
temperature and the operating pressure were identified as parameters that affect the inlet
stream mole concentration. By decreasing the operating pressure and increasing the inlet
stream temperature, the inlet mole concentration diminishes, which would curb both reaction
rates. Moreover, feeding inlet streams at higher temperatures would also mean a lesser
temperature gradient within the packed bed; hence, delaying the cooling of the reactor,
specifically during the oxidation stage.

This optimistic scenario is performed to show that optimal control strategies can
result in larger energy production and lower fuel slip for the oxidation and reduction stages,
respectively. Since larger temperatures are expected, an increase in the TIT set-point is
performed. Based on the operational range of gas turbines presented in previous works [13],
[82], [106], the TIT set-point value is set to 950°C for this scenario. Thus, the oxidation stage
optimal control strategy for the optimistic scenario can be found from equation 4.1 using the
data shown in

Table 9 and with T.;; = 950. The solution of this optimistic scenario converged after

530 s.
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Figure 25. Optimistic case optimal exit gas temperature and mass flux time profiles

during the oxidation stage

As shown in Figure 25, the exit gas temperature profiles for the base case
optimization problem are compared against the equivalent for the optimistic case
optimization problem; additionally, the mass flux profiles for both problems are presented.
As shown in this figure, a longer heat recovery process is observed for the optimistic
scenario; the exit gas temperature is maintained for an additional time of approximately
2,000 s. The time extension can be attributed to lower oxidation rate of the OC; caused by
the changes in the inlet stream conditions affecting the inlet mol concentration being fed into
the reactor. Likewise, the cooling of the PBR caused by convection with the gas phase is

decreased due to a higher inlet stream temperature. Furthermore, when the OC is about to
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reach its full oxidation and the mass flux has reached its lower bound, the exit gas
temperature started to decrease. Additionally, the mass flux control profiles show
differences; for instance, in the base case the mass flux moves from the lower to the upper
bound, but in the optimistic case the mass flux is steadily lowered. Nevertheless, both
profiles show a non-trivial solution. Regarding the energy produced, the base case
optimization solution is able to generate 36.6 MW-h; whereas the optimistic case
optimization generates 45.9 MW-h, which represents a 26% increase for the time span
displayed.

The strategy of increasing the inlet temperature and reducing the operating pressure
looks promising, however, it is also crucial to remain conscientious of the fact that there are
limitations to how much these values can be adjusted. For instance, the inlet gas
temperature depends on the preheating system that, at the same time, depends on the gas
turbine performance. The same situation is observed with the operating pressure since this
is also fundamental for the performance of the gas turbine. Caution when selecting the
operating conditions and the inclusion of manufacturer data of the gas turbine are both
recommended in order to better understand the entire system.

According to the sensitivity analysis, the exit methane concentration is expected to
be lower in order to increase the fuel conversion and therefore the CO, sequestration during
the optimistic scenario. Hence, the reduction stage optimistic optimal control strategy is
formulated as per problem 4.2 with a Crs=5.0 mol/m3. The solution of this optimization

problem converged after 2400 s.
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Figure 26. Optimistic case optimal exit methane concentration and inlet fuel mass
flux time profiles during the reduction stage.

Figure 26 depicts a comparison between the exit methane concentration profiles in
the base case optimization and the optimistic case optimization for the reduction stage. As
shown in this figure, the methane exit concentration remains reasonably equal in both cases
before reaching each set-point; therefore, the mass flux time profiles are almost the same
during the same timespan. The maijor difference between the base case strategy and the
optimistic case is the stage time duration. While the methane concentration in the base case
trespasses the 10 mol/m? barrier at approximately 720 s, the concentration in the optimistic
scenario is kept on the set-point (5 mol/m?3) for a longer period of time. This can be attributed
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to the OC conversion, which in the base case strategy has reached almost full reduction,
and to the control actions in the inlet methane mass flux, which cannot compensate for the
low fuel intake by the OC after reaching its lower bound. Hence, the increment of unreacted
methane exiting the PBR is more discernible towards the end of the reduction stage. This
stage time extension difference would affect the time switching between stages, which might
convolute the operation if more reactors would be operating in parallel. Nevertheless, as
long as the total time of the reduction stage remains lower than the time of the oxidation
stage time, no overlapping between stages is expected for a two CLC PBR parallel
configuration during continuous operation of the gas turbine. Furthermore, the optimistic
scenario shows a 98% fuel conversion compared to the 97% rate from the base case;
effectively corroborating the suggestion that the proper operation of a CLC PBR will assist

in curbing CO..

4.4.2 Worst-case scenario

As discussed in the previous section, the sensitivity analysis guided us to identify
operating conditions that would thwart the oxidation and reduction stages. Thus, the present
scenario aims to detect optimal operating strategies under extreme (worst-case) operating
conditions for the CLC PBR. The purpose of choosing this scenario is to show that by
performing an optimal control, a fair energy production and low fuel slip could still be
obtained for the CLC PBR. For this worst-case scenario, the inlet gas temperature and the
operating pressure were changed to produce a lower heat recovery and a higher fuel slip
during the oxidation and reduction stage, respectively. Hence, the inlet mole concentration
would be raised by simultaneously increasing the operating pressure and decreasing the

inlet stream temperature. This would produce that the reaction rates in the oxidation and
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reduction stages are enhanced. Similarly, a large temperature gradient between the inlet
gas stream and the packed bed is expected to increase the cooling of the reactor due to
convection.

Table 9 shows the operating conditions selected for the worst-case scenario.

Since lower temperatures are expected during oxidation, the TIT set-point value is
set to 850°C, which still is an acceptable operating condition for this process [82]. The
oxidation optimal control strategy can be obtained by solving problem 4.1 with T, = 850
and the operating conditions specified in

Table 9. The solution of this new optimization problem converged after 500 s.
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Figure 27. Worst-case optimal exit gas temperature and mass flux time profiles
during the oxidation stage
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Figure 27 shows a qualitative comparison between the exit gas temperature profiles
for base case optimization against the worst-case scenario. During the worst-case scenario
the set-point of 850 °C is reached faster than in the base case, as expected; likewise, the
set-point can only be maintained for 2,400 s, which is 1,200 s less than in the base case
scenario. The latter can be explained by the changes in the operating conditions that
resulted in an increment in inlet moles to the reactor; hence, increasing the OC conversion
rate reduces the duration of the oxidation stage. Moreover, the inlet mass flux profile in both
scenarios show similar trends, i.e. a peak in the inlet mass flux is observed after the set-
point is reached; afterwards, a staggered decrement in the manipulated variable is observed.
The energy production for the present scenario is 26.9 MW-h, which is a 27% reduction
compared to the base case scenario. Despite the lower energy production from this
scenario, the control of the exit gas temperature was maintained for a reasonable period of
operation, thus safe operation of the downstream turbine is guaranteed.

The increase in operating pressure and decrease on the inlet methane temperature
would translate into more moles per second across the reactor, which would promote a
higher fuel slip. Notwithstanding, a set-point of 8 mol/m?, which is 20% lower than the one
in the base case, was defined at the reactor’s outlet in order to maintain a high fuel
conversion and CO; recovery efficiency. Thus, the reduction stage optimal control strategy
for the worst-case scenario can be obtained by solving problem 4.2 with Cz;=8.0 and the
operating conditions listed in

Table 9. This optimization problem converged after 2,850 s.
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Figure 28. Worst-case optimal exit methane concentration and inlet fuel mass flux

time profiles during the reduction stage

In Figure 28, a comparison of the exit methane concentration for the base case and
the worst-case scenarios is presented. The results show that the fuel slip set-point is
trespassed 80 s earlier in the worst-case scenario than in the base case; the earlier fuel slip
can be attributed to an almost full OC conversion as the inlet mass flux controller cannot
compensate the low methane intake by the OC. Moreover, in both scenarios the non-trivial
control profiles show very similar trends regarding the mass flux value; additionally, during
the worst-case scenario the manipulated variable reached its lower bound sooner than in

the base case scenario, which is an expected behaviour since the reaction rate is enhanced
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by the new operating conditions. Note that methane conversion in the worst-case remains
at 98% during the timeframe at the methane concentration was at the requested set-point
(not shown for brevity).

Based on the above, the results obtained for both scenarios confirmed that the heat
recovery process as well as a low fuel slip can still be achieved in both the oxidation and
reduction stages, respectively. The implementation of optimal control strategies to solve
these two scenarios allowed the system to reach the desirable set-points which would entail
a continuous energy production in the downstream turbine and a high fuel conversion, which
enhances the CO: recovery system.

In summary, this chapter presented the advantages of performing manual step
changes instead of keeping a constant inlet mass flux in the stages of the CLC PBR process.
The results showed an improvement in heat recovery and a lower fuel slip during the
oxidation and reduction stages, respectively. Moreover, the oxidation and reduction stages
were studied using dynamic optimization; where set-points were defined for each stage. The
results from the dynamic optimization showed better heat recovery in the oxidation and
higher fuel conversion in the reduction; additionally, smooth control of the state variables
was observed and the timespan of each reaction stage was increased. Furthermore, two
new scenarios were presented based on the sensitivity analysis performed in Chapter 3, i.e.
an optimistic and worst-case scenario. The optimal control strategies obtained from those
scenarios showed significant improvements in fuel conversion and energy production; but
most importantly, it demonstrated that flexibility in the operation of the CLC PBR can be

achieved using online optimal control.
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Chapter 5

Conclusions and recommendations

5.1 Conclusions

The goal of this thesis was to contribute to the current literature on chemical-looping
combustion in a packed bed reactor intended for carbon capture and sequestration.
Specifically, the scope of this thesis included the study of transient operation of each one of
the CLC stages through the use of a 1-dimensional mechanistic heterogeneous dynamic

model.

The adapted dynamic mechanistic model was presented. It described the mass and energy
balances of the OC particles and the reactor. A base case from the literature was selected
and was subsequently subjected to a sensitivity analysis in order to demonstrate the effect
of certain parameters such as: inlet mass flux, operating pressure and reactor length, during
the oxidation and reduction stages in the process. The main results of the sensitivity study

are as follows:

e Both lower inlet mass fluxes and operating pressures, as well as, higher inlet air
temperatures and larger reactor lengths, were all proven to be part of an increase in

exit gas temperatures and the duration of the oxidation stage.

¢ Similarly, the combination of lower inlet mass fluxes and operating pressures, as well
as, higher inlet fuel temperatures and larger reactor lengths, were identified as a
strategy to reduce the amount of fuel slip at the reactor’s exit during the reduction

stage.
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The sensitivity analysis demonstrated that the inlet mass fluxes are variables that
can be manipulated and therefore, they were used in this study to perform manual step
changes while controlling state variables, such as temperature and concentration. In this
regard, the present study effectively showed that inlet mass fluxes are feasible control
variables in the CLC process. By benchmarking against the base case, the online manual-
changes were aimed towards improving the energy production and the fuel conversion of
the oxidation and reduction stages, respectively. The main results of this open-loop manual

control study are as follows:

e The energy produced during the oxidation stage was increased by extending the
duration of the heat recovery process when step-changes in the inlet air mass flux

were performed.

o The fuel slip was substantially diminished during the reduction stage when step-

changes in the inlet methane mass flux were performed.

Similarly, dynamic optimization was implemented to solve each one of the stages in
the CLC sequence of the base case problem while using the same manipulated variables to
meet the same objectives as before. Contrasting the results obtained from this study against
the base case operation, the main conclusions resulting from the dynamic optimization are

as follows:

o During the oxidation stage, an ample improvement in energy production and stage
duration was attained when a set-point of 900 °C was maintained in the exit gas

temperature while manipulating the inlet air mass flux.
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e During the reduction stage, a substantial increment in fuel conversion was
accomplished when a methane concentration set-point of 10 mol/m?® at the reactor’s

exit was maintained while manipulating the inlet methane mass flux.

e The time duration and total amount of argon used during the purges was reduced
considerably when a set-point of 0 mol/m?® of undesired concentrations in the reactor

were defined while manipulating the inlet argon mass flux.

e The implementation of dynamic optimization for the control of a CLC PBR is an

attractive alternative in order to achieve an energy and fuel-efficient CCS process.

Similarly, dynamic optimization was implemented on an optimistic and a worst-case
scenario for the oxidation and reduction stages, in order to confirm that flexibility in the CLC
PBR operation is attainable. Comparing the results of this study against their equivalent from

dynamic optimization of the base case, the following conclusions can be drawn:

e The optimistic scenario showed further improvements in energy produced during the

oxidation stage and fuel conversion during the reduction stage

. The worst-case scenario showed a reasonable decrease in energy production during
oxidation while maintaining a near full methane conversion into CO2 and H2O during

the reduction stage

Thus, this thesis demonstrates that flexibility in the CLC PBR can be attained while
keeping an adequate heat recovery process and a high fuel conversion during the oxidation
and reduction stages, respectively. Moreover, these results bolster the importance of the
CLC process as an attractive CCS technology that would reduce the energy penalty

normally entailed in CO; sequestration.
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5.2 Recommendations

The research presented in this thesis can be extended to further the development

and implementation of CO, capture and sequestration technologies. The recommendations

to be followed in future works are as follows:

In the present work, the dynamic simulation and optimization of every
single stage in the CLC PBR sequence was performed individually.
Implementing the same mechanistic model to perform the simulation and
optimization of the complete integrated sequence will produce a more
complete insight into the CLC operation, specifically, in determining the

optimal switching time points between the stages of the PBR.

A single large-scale packed bed reactor was considered in this study.
Incorporating more PBRs working in parallel will help to comprehend the
best heat management strategy required by a large-scale power plant.
This will guarantee a constant and safe operation of the downstream
turbine. Moreover, finding the optimal solution for this problem would
simultaneously entail the solution of a large number of partial differential

equations.

The full integration of an integrated gasification combined cycle with CLC
will provide more knowledge of the operating conditions surrounding the
CLC PBR’s and how they impact their operation. The integration will have
to address manufacturer data for the compressor and turbines, as well as

the heat recovery system generator (HRSG). Moreover, the CO2-H-O
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separation phase at the end of the process sequence will have to be

included for a more complete process.

The present study detected that the oxidation and reduction kinetic values
in a CLC process depend greatly on the conditions under which they were
tested and therefore obtained; moreover, the kinetic data varies from one
study to another. Therefore, implementing dynamic optimization while
considering uncertainty in these parameters will provide a more realistic

operating scenario for both reaction processes.
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Appendix A

Mass and heat transfer correlations and physical properties

The effective axial dispersion coefficient (D, ; ;) is calculated with following equation [125]:

Peyi; = Yoile = {0,,CH, H,, CO,C0O, H,0,Ar}, j ={oxidation, reduction,

Daxi,j
purgel,purge2} (1)
Where:
1 &b 0.45
Pe, ij - T Re‘ijC ij + (1+(7.3/(Reijc L',j)) (2)
YojDppj
R =2
v (1-ep)uj (3)
=M
Scij Py (4)
- S
UO] - P (5)

where Pe,; ; is the axial Peclet number, v, ; is the superficial velocity at the inlet (m/s), D,, is
the diameter of the OC (m); t is the pore tortuosity, Re, ; is the Reynolds number based on
initial superficial velocity, Sc; ; is the Schmidt number; x; (N s/m?) and p; (kg/m?) are the
viscosity and the density of the gas mixture, respectively.

The effective axial thermal conductivity (4, ;) is calculated with the following equation:

. 0
/;ax{ = ;e_ + 0.7PrjRe, ; V j = {oxidation, reduction, purgel,purge2} (6)
mj mj
Where:
Cpri*ii

where Pr; is the Prandtl number, A2 is the static contribution to effective thermal conductivity
(W/m /K), A, j is the thermal conductivity of the gas mixture (W/m/K) and C, ; is the specific

heat of the gas mixture (J/Kg/K)
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The mass k. ; ; and heat h; ; transfer coefficients are estimated as [126]:

keij = 0.357Rej—°-3595ci,j‘2/3i V i ={0,,CH,, H,, CO,C0,, H,0,Ar}, j = {oxidation,

P j*€p

reduction, purgel,purge2} (8)

0.357 — — . .
hy j = 1.37==Cpy j GiRe;”***Scy, 23 v i = {0,,CHy, Hy, CO,C0y Hy0,Ar}, j =

{oxidation, reduction, purgel,purge2} (9)
Where:

Finj C;
j= St (10)

where G; is the gas phase mass flux (kg/m?/s).

The bed porosity ¢, for the spherical OC and surface area per unit volume are calculated with

[127]:

10
& = Gupe 0.375 (11)
a, = 6(1—&,)/D, (12)

where D, is the diameter of the reactor tube (m) and D,, is the diameter of the oxygen-carrier

particle.

The effective diffusion coefficient of species i (D, ; j) calculates the true diffusion path from the

molecular diffusivity and Knudsen diffusivity (D), as follows [116]:

1 =i( 1t )v i = {0,,CH,,H,, CO,CO, H,0,Ar}, j = {oxidation, reduction,

Deij €& \Dmij Dgij

purgel,purge2} (13)
Where:

_ 1-y;
Dim Lo Yw=iYv/Dw,ij (14)
d
Dk i = ___pore (15)
LJ 3 [BR4T o,
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where Dy, ; ; is the diffusion coefficient of component i in the mixture (m?s), y; mole fraction
of species i, D,,;; binary gas phase diffusivities (m?s); R, ideal gas constant (kg

m?/s¥/K/gmol), M; is the molecular weight.

Binary gas phase diffusivities for a wide range of temperatures and pressures are estimated
through published correlations [126], [128], Table 10 shows the component pairs used for this

work.

Table 10 Binary gas phase diffusivities for components pairs [cm?/s]

Pair A B C D E Equation
H.-CO 15.39e-3 | 1.548 0.316e8 -2.8 1067 1
H2-CO; 3.14e-5 1.75 - 11.7 - 2
CO-CO; 0.577e-5 | 1.803 - - - 2
CO2-H:O0 | 9.24e-5 1.5 - 307.9 - 2
H2-CH4 3.13e-5 1.765 - - - 2
Ar-H; 23.5e-3 1.519 0.488e8 39.8 - 1
Ar-CH4 0.748e-5 | 1.785 - - - 2
Ar-CO 0.904e-5 | 1.752 - - - 2
Ar-CO; 1.74e-5 1.646 - 89.1 - 2
H2-H20 - 0.927 - - - 3
CHs;-HO | - 0.361 - - - 3
CH4s-CO, | - 0.153 - - - 3

Note that D12=D21. The parameters shown above are for the following expressions:

Equation1:D,,;; = (

Equation 2: D, ;; = (

Equation 3: D, ;; = (

Ax

A*T]'B

(S e (£
(-2

AsTj+B

)
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The gas phase heat capacity (C,y ;) is taken as a molar average of the gas component heat
capacity (C,;;), which is estimated using Perry’s chemical engineer handbook [116] and

shown in Table 11.

Table 11 Gas phase heat capacity constants for relevant species [J/kmol/K]

A B C D E
CH, 33,298 79,933 2,086.9 41,602 991.96
H: 27,617 9,560 2,466 3,760 567.6
H:0 33,363 26,790 2,610.5 8,896 1169
co 29,108 8,773 3,085.1 8,455.3 1538.2
CO; 29,370 34,540 1,428 26,400 588
Ar 20,105 - - - -

The parameters shown above are for the following expression:

Equation : Cp; j = A + Bx— 4+ D+ (19)

Z
Tj*sinh<T£j> Tj*sinh<T£j>

The gas phase viscosity ( ;) is estimated by the Wilke method with Herning and Zipperer

approximation.

= #comp Yili,j 20
.u] 21:1 Ziiimpyj\/m ( )

The gas phase viscosity (u; ;) of the species can be calculated using Perry’s chemical

engineer handbook [116] and shown in Table 12.
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Table 12 Gas phase viscosity constants for selected species

A B C D
CH, 5.255e-7 | 0.59006 105.67 -
H: 1.797e-7 | 0.685 -0.59 140
H:0 1.710e-8 1.1146 0 -
co 1.113e-6 | 0.5338 94.7 -
CO; 2.148e-6 | 0.46 290 -
Ar 9.212e-7 | 0.60529 83.24 -

The parameters shown above are for the following expression:

Equation: y;; = A= T;% /(1 + T% +D/T;?)

(21)

The physical properties of the solids are taken from [77] and shown in Table 13.

Table 13 Physical properties of the solids

Active Thermal Heat capacity, C,; (J/kg/k) Solid
material/inert | conductivity, 4, ; density, p,
(W/m/K) (kg/m?3)
Cpo Cps Cp2 Cp®
Ni 75 347 2.71e-1 -5.52e-5 | 596 | 8900
NiO 113! 790 -2.06e-1 | 1.43e-4 | 752 | 6670
Y-Al203 7 843 5.40e-1 -1.61e-4 | 1263 | 3965

The parameters for calculating the heat capacity of the solid species showed above are for

the following expression:

Equation: Cps® = Cpy + Cp, Tj + Cp,T;* ; Cp® at Tref = 1223 K
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(22)




The heat capacity of the OC heat capacity (C,; ;) is taken as the mass proportion of each
solid component times its heat capacity (Cps®). Similarly, the thermal conductivity (4 ;) and
density (p; ;) of the OC are taken as the mass proportion of each component times its

thermal conductivity and solid density, respectively.
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