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Abstract 

T he oxidative dehydrogenation of propane over Mg-V-O was investigated both under 
steady-state and transient reaction conditions. Nonlineu regression analysis was used 

to compare the applicability of various mechanistic models to the steady-state data. The 
oxygen surface concentration appeared not to be in equilibriurn with the gas phase; models in 
which oxygen reoxidized the catalyst improved the fit of the data Thus, Mars-Van Krevelen 
type kinetics were supported in which propane reacts with oxygen on the catalyst surface to 
produce propene and carbon oxides. Additional steady-state data were also coliected over a 

wider range of oxygen partial pressures at constant propane partial pressure. Large 
improvements in propene selectivity were observed by operation at steady-state with low 
oxygen partial pressure. These selectivity irnprovements could not be attributed to the 
consecutive reaction mechanism. The increased propene selectivity at lower oxygen partial 
pressure suggested the reaction mec hanism included reac tion pathways in which car bon 
oxides were produced either by separate surface oxygen sites whose concentration were 
dependent on the gas-phase oxygen partial pressure or by the direct reaction of gas phase 
oxygen with adsorbed propene. 

Transient responses of the reactants and products, during start-up and interruption of the 

reaction, supported Mars-Van Krevelen type kinetics. Oxygen mass balances confïrmed that 
the catalyst was partially reduced during start-up of the reaction. Also, the catalyst was 
active in the absence of gas phase oxygen, at least while the catalyst contained sufficient 
oxygen. During operation of the reaction under transient conditions without gas phase 
oxygen, the propene selectivity was higher than at steady-state conditions. This was true 
even at comparable levels of conversion of the propane. Carbon mass balances indicated 
little to no carbon species accumulated on the catalyst during start-up with gas phase oxygen. 
However, temperature-programmed oxidation and desorption experiments revealed that 
signïficant, strongly bound carbon-containhg species rnust be slowly deposited on the 

catalyst during steady-state reaction. During nonsteady-state reaction, without gas phase 
oxygen, weakly bound carbon species were deposited on the catalyst immediately after start- 
up which could be quickly oxidized from the catalyst surface upon subsequent exposure of 
the catalyst to oxygen. 

It was found that by periodic operation of the reaction by altemate feeding of oxygen and 
propane at a 1 : 1 cycle split, a higher propene yield could be obtained compared to 
comparable steady-state conditions at cycle penods from about 50 to 150 S. Propene 
selectivity for periodic operation was dways well above that at steady-state, due to the high 
selectivity observed without gas phase oxygen. However, it was unclear whether periodic 



operation was superior to steady-state operation at all conditions. At low propane 
concentrations, it was found that the propene yield at steady-state conditions couid also be 
irnproved simply by reducing the partial pressure of oxygen. Periodic operation was dso 
performed without re-oxidation of the catalyst, by altemately feeding propane and pure 
helium. Under these conditions, c o m p ~ s o n  of the propene selectivity at about the same 
conversion of propane, at different degrees of catalyst reduction, indicated that the propene 
yield of the catalyst was proportional to the degree of reduction. 

On the whole, the concentration of oxygen both in the gas phase and on the surface of 
the catalyst is crucial for determinhg the selectivity of the reaction for producing propene. 
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1. Introduction 

A kenes are an important feedstock for the petrochemical industry. The oldest industrial 
processes for their production are the s t e m  cracking of higher rnolecular weight 

hydrocarbons such as naphtha and catalytic cracking in oii refining. Alkanes are the 
feeds tocks for the newer commercial processes. They use Pt(Sn)/AbO3 or Cr20&U203 
cataiysts for direct dehydrogenation from the alkane, which in the case of propane is 

C3H8 + C3H6 + H2 (1.1) 

for which AH = +124 kJ mol" and AG = +86 kJ mol-' at 25OC. At 700°C, AH = +130 kl 
mol-' and AG = -6.5 kJ mol" [1,2]. This reaction is endothermic and its conversion is 
limited by thermodynamic equilibrium. Reaction temperatures in excess of 600°C are 
needed to obtain 50% equilibrium conversion of propane and for the correspondhg reaction 
with ethane a temperature of 700°C is needed [3]. At these high temperatures, cracking of 
the hydrocarbon can also occur, reducing the selectivity of the reaction. But more 
irnportandy, coke deposition causes a decrease in catalyst act iv i~  and frequent regeneration 
of the catalyst is needed. An additional problem is the need to provide heat to the reaction at 
high temperatures, which makes the process energy and capital demanding. 

Many of the obstacles with direct dehydrogenation could be overcome if it were possible 
to oxidize the evolved hydrogen 'in situ' to produce water. At 25°C: 

C3H8 + C3H6 + H2 AH = +124 kJ mol-l, AG = +86 kJ mol-' (1.1) 

Hz + 0.502 + H20 AH = -242 W mol-', AG = -229 kJ mol-' ( 1.2) 

CsHs + 0.502 + CsHa + Hz0 AH = -1 18 Id mol-', AG = -143 kJ mol-' (1.3) 

The net reaction (1.3), shown above for the case of propane, is oxidative dehydrogenation. 
By the addition of oxygen, the free energy of formation of water is sufficiently large to shift 
the reactionTs equilibnum in favour of products and the heat of formation of water is large 
enough to convert an otherwise endothermic reaction into an exothemic one. If the reaction 
is performed catalytically, reactions (1.1) and (1.2), would likely not be the elernentary 
reaction steps. However, the oxidative dehydrogenation route seemingly offers the 
advantages of potentially higher conversion achievable at a lower reaction temperature. 
Savings in heating costs can be made if the dehydrogenation reaction is made exothermic by 
the introduction of oxygen. Also, for a catalytic oxidative dehydrogenation process, 
deactivation would be reduced since coke formed on the catalyst shouid be removed by 

oxygen. 
Unfortunately, there are selectivity problems with the oxidative dehydrogenation 

reaction. In the presence of oxygen, other oxidation reactions including partial oxidation of 
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the akane to aldehydes or acids and corn bus tion to carbon oxides can occur, reducing 
selectivity. The total oxidation of the a h n e  or alkene to carbon oxides is highly 
undesirable. Also, des pite the favourable themodynarnic data at room temperature, reaction 
temperatures above 400°C are required to achieve acceptable reaction rates. Higher reaction 
temperatures may also improve the selectivity of the reaction. No commercial plants for the 

oxidative dehydrogenation of alkanes are known to be currently operational, but pilot and 
demonstration units have been built and operated [4]. 

1.1 Objective and scope of thesis 
The objective of this study of the cataiytic oxidative dehydrogenation reaction is to 

further Our understanding of its kinetics and mechanisms. It is believed that these objectives 
could serve to overcorne the principal obstacle preventhg the commercialization of the 
reaction, which is controllhg its selectivity for production of undesirable products, mainly 
carbon oxides. 

The scope of the work is limited to an investigation of how reaction conditions affect 
kinetics, mechanism and consequently selectivity. However, the effects of the properties and 
composition of the cataiyst on kinetics and mechanism are excluded. In order to proceed 
with this objective, it was decided at the ourset to select one promising catalyst and catafyst 
composition from the fiterature and use it throughout the work. A search of the literature 
indicated that some of the highest yields for the reaction were obtained with Mg-V-O 
catalysts, so these catalysts were chosen for this study . 

In the experimental work the reaction is studied under both steady-state and transient 
conditions. The use of transient conditions not only provides information about the reaction 
kinetics and mechanism but also examines the possibility that operating the reaction under 
cyclical reaction conditions might result in an ove rd  higher yield than under comparable 
steady-state conditions. Considerable m o d e h g  of the kinetics is carrieci out by examining 
the fit of models to experimental data. It is hoped that an improved understanding of the 
reaction kinetics and mechanism would aid in the development of either improved catalysts 
or knowledge of the reaction environrnents needed for optimal selectivity. 



2. Literature Review 

2. Oxidative dehydrogenation - a Merature review 

2.1 The catalytic reaction 

T here has been much interest within the last decade in developing suitable catalysts for 
the oxidative dehydrogenation of CrC4 alkanes to alkenes. Ideally, such catalysts 

should be active at low temperahue, should activate only the C-H bond of the alkane, and 
should not promote further oxidation of the alkenes pmduced. For the oxidative 
dehydrogenation of n-butane and propane, a great variety of primarily metal oxides have 
been tested. Dahl et al. 151 examined lithium hydroxidefithium iodide melts, Ushkov et al. 
[6] investigated metal sulphates, Takita et al. [7] studied metal phosphates as catalysts, 
Mazzocchia et al. [8] used nickel molybdates and Yoon et al. [9] magnesium molybdates. 
Smits et al. [ 10- 131 used various metds supported on niobium pentoxide, Romero and CO- 

workers [14- 161 reported on simple nickel and iron oxides, Rao and CO-workers [17- 191 
worked with various supported bismuth molybdates, and Fujimoto et al. 1201 worked with 
ZSM-5 based cataiysts. 

Catalysts active for the oxidative dehydrogenation of ethane have also been exarnined in 
the literature. It has been observed that good cataiysts for propane and butane oxidative 
dehydrogenation are often not optimal for ethane and vice versa. This point is illustrated by 
Michalakos e t  al. 1211 who compared the oxidative dehydrogenation of C2-C4 alkanes over 
magnesium vanadates and a vanadium phosphate. Many of the catalysts tested for ethane 
oxidative dehydrogenation are known to be active for the oxidative coupling of methane such 

as lithium-doped magnesium oxide ( L M g O )  [22,23] and Li/MgO promoted with other 
metals [24] and halides [25]. Many of the studies on these catalysts began with the aim of 
discovering factors promoting what was believed to be a secondary reaction in the oxidative 
coupling of methane, namely, the oxidative dehydrogenation of ethane. 

By far the most intense research has concentmted on vanadium-bearing catalysts. 
Vanadium is a well-established element in commercial catalysts used in the partial oxidation 
of hydrocarbons, the best known commercial process probably being the selective oxidation 
of n-butane to maleic anhydride which uses a V-P-O based catalyst Albonetti et al. [26] 
compared the performance of cataiysts reported in the literature and claimed that vanadium, 
and to a lesser extent molybdenum, are present in all the best catalysts for selective oxidation 
of alkanes which rnaximize productivity and yield at minimum temperatures. Vanadium 
oxide based catalysts appear to have a specifcity for C-H bond activation in alkanes and in 
some cases for oxygen insertion into the activated molecule. 

Mamedov and Corberh [27] have wntten an extensive review of the many formulations 
of vanadium-containing cataiysts tested for the oxidative dehydrogenation of light alkanes. 



Vanadium oxide (V2Os) itseif is active but its selectivity is low. The catalytic propenies of 
vanadia cm be improved by depositing it on supports such as silica, alurnina and titania. For 
alumina and silica supporteci catalysts, it was found that a low coverage of vanadium oxide 
was more selective for alkene production 1281, suggesting that the vanadia sites ideally ought 
to be isolated from one another. Perhaps as a result, there has also been some investigation 
of the use of microporous supports such as zeolites [29], aluminophosphates [30] and 
heteropolyoxometalates [3 1-33]. In most cases, these matends containeci at least one 
transition metal such as vanadium. It was expected that the ordered structures of the 
microporous materiais could offer a suitable matrix for isolating the metal molecules [26]. 

According to Mamedov and Corber6n7s survey, several binary metal oxide systems have 
been studied, such as vanadium phosphates, vanadium antirnonates, vandium tin-oxides and 
transition metal vanadates. Some mdti-component vanadium oxide based cataiysts have 
been examined, containing metals such as bismuth, cobalt, anitmony, nickel, niobium, 
molybdenum, chromium and tin. Various alkaline vanadates have been studied, including 
lithium, potassium anci barium vanadates. Magnesium vanadates have received the most 
attention of ali the alkaiine vanadates. Kung and co-workers [34,35], Sam et al. [36], 
Bhattacharyya et al. [37], Burch and Crabb [38], Coma et al. [39-4 11, Delmon and CO- 

workers [42-441, and Gao et ai. [45] have all studied magnesium vanadates (Mg-V-O). 
Kung and CO-workers were the f i t  to demonstrate the irnpressive alkene selectivities of Mg- 
V-O catalysts for n-butane [34] and propane [35] oxidative dehydrogenation. For n-butane, 
they reported a selectivity for butenes of 55% at a conversion of 30%. Few other catalysts 
rival the performance of the Mg-V-O catalyst and it was probably this observation that 

sparked the in teres t of O ther researchers in this catalyst. 
For all of the catalysts, it is generally found that the selectivity for the alkene product(s) 

is inversely related to conversion, while selectivity for combustion products is directly 
related to conversion. This conversion-selectivity relation is normal for partial oxidation 
reactions. It suggests diat a series type reaction mechanisrn prevails, in which the alkene is 
the main reaction product at the start of reaction, while carbon oxides are produced largely 
from the further oxidation of the alkene. For most catalysts, the products generated are the 
akene(s), carbon oxides and cracking products. In some cases, oxygenated hydrocarbons, 
such as aldehydes and acids, are produced. Few catalysts have been found to deactivate to 
any significant degree due to coke deposition. This can be attributed to the likelihood that 
excess oxygen is present to prevent any carbonaceous build-up on the catalysts. Coma et al. 
[39] observed deactivation presumably due to some coke formation on catalysts under 
reaction conditions in which the total conversion of oxygen occurred. Burch et al. [38] also 
observed some sigrufh.nt deactivation, but again under oxygen-lean conditions. 



2.2 Evidence for homogeneous reactions in the gas phase 
At a sufficiently high reaction temperature, homogeneous gas phase reactions can play 

an important role in catalytic oxidation reactions. Gas phase reactions have been found to be 

dominant in the oxidative coupling of methane at temperatures in excess of 675°C [22]. 
These reactions may be initiated in the gas phase or they may involve only the further 
reaction of desorbed radical species from the cataiyst In this latter case, the catalyst serves 
as an initiator. 

Burch and Crabb [23] found that the noncatalyzed oxidative pyrolysis of ethane 
occurred with 45% conversion and 74% selectivity to ethene at 600°C in an empty reactor 
with a large void volume of about 4 cm3. In the homogeneous gas phase reaction, it was 
proposed that the role of molecular oxygen is to initiate the reaction, after which a free 
radical chain propagation mechanism continues. By packing the reactor's void volume with 

inert material such as quartz wool or chips, the contribution of the gas phase reactions could 
be rninirnized [22,23]. 

Kung and CO-workers investigated the extent of gas phase reactions in the oxidative 
dehydrogenation of propane over V-Mg-O [46-481. They considered only gas phase 
reactions initiated by the desorption of reactive intermediates from the catalyst surface such 
as propyl radicals. They observed gas phase oxidative pyrolysis reactions in the void volume 
of a reactor at temperatures greater that 556°C. They could be effectively quenched by 
filiing the reactor completely with quartz chips. The oxidative pyrolysis reactions in a void 
volume of 5.6 cm3 caused nearly the sarne conversion (14.6%) of propane as 21 mg of V- 
Mg-O (15.2%) at a reaction temperature of 570°C. The selectivities of the oxidative 
pyrolysis reaction tended to produce more cracking products such as  ethene and methane. 
When the same void volume was positioned downstream of the catalyst, the overail 
conversion was much higher (46%) compared to the upstream positioning of the void 
volume (33%). Also, when the cataiyst and downstream volume were separated by quartz 
chips, the propane conversion was lower (34%) than when they immediately foilowed one 
another. These results indicate that the enhancement of propane conversion when the 
catalyst is followed immediately by a void volume is probably due to gas phase reactions 
induced by the desorption of reaction intermediates from the catalyst. The enhancecl propane 
conversion was observed at temperatures of 556 and 570°C but not at 540°C. 

By modelling the reactions in the void volume located downstream from the catalyst, 
with literature kinetic models for the oxidative pyrolysis of propane, Kung and CO-workers 
[46,47] studied the nature of the desorbing reaction intemediates. Cornparison of the 
calculated and experimental results indicated propyl radicals were the most likely species to 
desorb from the catalyst; even so, the desorption of OH radicals could not be ruled out. The 
rate of propyl radical desorption was estimated to be 23% of the propane reaction at 570°C 
and 5% at 556°C. 



2. Literatztre Review 

Burch and Crabb [38] also studied the relative importance of surface and gas phase 
reactions in the oxidative dehydrogenation of propane over the V-Mg-O catalyst. In a reactor 
with a void volume of about 4 cm3, a propane/air ratio of 1:3, and at 60û0C, the propane 
conversion was about 32% with a propene selectivity of 52%. By reducing the reactor void 
volume to about 0.1 cm3, at the same conditions, the propane conversion could be reduced to 
0.2%. When the reactor void volume was doubled and the temperature reduced to 550°C, 
the propane conversion was 2%. Thus, it is possible to operate with exclusively the 
catal y zed reac tio n providing the reactor void volume is minimized and the reaction 
temperature is moderate. Burch and Crabb compared the performance of the oxidative 
pyrolysis and catalyzed oxidative dehydrogenation reaction. Over a range of conversions, 
the homogeneous contribution to propene selectivity rivaied that of the catalyzed 
contribution, prompting the emphatic declaration that, "even the best catalysts are only as 
good as no catalyst at all!" Despite these results, it is clear that the catalyzed reaction at least 
offers the advantage of a smaller reactor volume andlor lower reaction temperature to 
generate the same reaction rate as the non-catalyzed reaction. Kung and CO-workers [48] 
estimated that under their reaction conditions a void volume of 5.6 cm3 was required to 
produce an equai conversion of propane compared to a V-Mg-O catalyst occupying only 
about 0.0 1 cm3. 

2.3 The Mg-V-O catalyst preparation and structure 
Both Mg0 and VtOs have been tested as oxidative dehydrogenation catdysts. At 

comparable reaction conditions with propane, Chaar et al. [35] found that V205 was active 
with a conversion of 22% but its selectivity for propene was only 18%. On the other hand, 
M g 0  was less active with a conversion of 8% but with a higher selectivity of 33%. 

It is possible to obtah magnesium vanadates (Mg-V-O) by calcining a physical mixture 
of Mg0 and V20s, but long calcination times and high temperatures are required [40]. The 
Mg-V-O phase(s) formed have a unique crystal structure that is dependent on the proportions 
of the starting materiais. The Mg-V-O phases in order of increasing vanadium content are 
magnesium orthovanadate Mg3V208, magnesium pyrovanadate MgzVz07 and magnesium 
metavanadate MgV2O6. 

The structure of the magnesium orthovanadate phase is illustrated in Figure 2.l(a) as 
described by Knshnamachari and Calvo [49]. It consists of layers of magnesium ions 
octahedrally bonded to oxygen and vanadium ions tetrahedrally bonded to oxygen. These 
octahedral and tetrahedral structures are arranged in a nearly cubic closest packing. The 
structure of magnesium pyrovanadate (see Figure 2.l(b)), given by Gopal and Calvo [SO], is 
that of rows of V207 groups with long V-O-V bridges between pairs of these groups. Each 
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Figure 2.1 Magnesium Orthovandate (a) and Magnesium Pyrovanadate @) structures. 
Adapted from [49] and [SOI. 

of the terminal oxygen atoms of the V207 gmups are shared with two magnesium ions. Ng 
and Calvo [5 11 have determined the structure of magnesiurn metavanadate to be that of VO6 
octahedra joined by edges and connected together through MgOa octahedra. A principal 
difference in the local environrnent of oxygen atoms between the different phases is that with 
magnesium orthovanadate, oxygen atoms are linked to both magnesium and vanadium atoms 
while in the pyrovanadate phase V-O-V linkages are present. 

Compared to the calcination method, the magnesium vanadates are more efficiently 
produced by impregnating a magnesium-containing compound in solution with a vanadium- 
containing compound. The magnesium precursors often used are magnesium oxide 1521, 
magnesium nitrate [42] and magnesium oxalate [40]. Some common vanadium precursors 
include ammonium metavanadate [52], and vandyl oxalate [Ml. The chosen compounds are 
mixed in a solution with a controlled pH. Water is slowly evaporated and the resulting paste 

is dned. The main advantage of the impregnation method of preparing magnesium 
vanadates is that lower calcination temperatures (about 550°C) and shorter calcination times 
(3-6 h) are needed. The magnesium vanadate phases present in the final cataiyst depend 
mosùy on the starting ratio of magnesium and vanadium used. However, contarninants in 

the starting solutions [53], calcination temperature [42] and perhaps other factors in the 
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preparation procedure may all affect what phases are present in the fmal catalyst. Corma et 
al. [40] have found that the surface concentrations of magnesium and vanadium can Vary 
from the bulk concentration depending on the magnesiurn and vanadium ptecursors used in 
the impregnation procedure and their relative concentrations. 

2.4 The Mg-V-O catalyst structure and catalytic behaviour 

2.4.1 Mg- V-O phases 
There has been some evidence in the literature that the structure of certain Mg-V-O 

phases may be more favourable for selective oxidative dehydrogenation. This issue has been 
marked with sorne controversy with àifferent research groups presenting conflicting results. 

In Kung and CO-workers' [34] initial study of the Mg-V-O catalyst for the oxidative 
dehydrogenation of n-butane, they prepared Mg-V-O catalysts which contained from 3 to 54 
wt% V205. At such compositions Mg0 is present in such excess that the expected phases on 
a stoichiometric basis, if the maximum quantity of Mg is incorporated into the Mg vanadate 
phase, would be magnesium orthovanadate Mg3V20s and excess MgO. X-ray diffraction 
analysis confimed the presence of only these two phases. The increase in total selectivity 
for dehydrogenation products was greatest For catalyst. containing from 3.5 wt% V205 to 19 
wt% V20s and then remained nearly constant for up to 54 wt% VzOs. Kung and CO-workers 
proposed that the most active and selective phase of the Mg-V-O catalyst for the oxidative 
dehydrogenation of &anes was Mg orthovanadate. This hypothesis was based on the fact 
that structurally the orthovanadate phase contains only V-O-Mg M a g e s  and no V-O-V or 
V=O bonds as are present in magnesium pyrovanadate, magnesium metavanadate and VzO5. 
Since rnagnesiurn is less easily reduced than vanadium, the presence of Mg-O-V bonds 
causes lattice oxygen to be less reactive, while the presence of V-O-V or V=O bonds causes 
lattice oxygen to be more reactive, allowing it to attack indiscrirninately either C-H or C-C 
bonds, thus promoting the complete combustion of the alkane. 

Sam et al. [36] thoroughly examined the importance of the Mg-V-O phases by preparing 
reference Mg onhovanadate, pyrovanadate and metavanadate catalysts. The appropriate 
stoichiometric ratios of M g 0  and VzOs were used in their preparation. In contrast to Kung's 
hypothesis, the Mg pyrovanadate phase was found to be the most selective for the oxidative 
dehydrogenation of propane. The pyrovanadate phase selectivity for propene was 53% 
compared to 6 and 15% For the orthovanadate and metavanadate phases, respectively. The 
selectivity of each phase was measured at a propane conversion of about 7%. Later Gao et 
al. [42] also compared the catalytic behaviour of pure Mg-V-O phases and found that at iso- 
conversion conditions (1-3%) the propene selectivity foliowed the order pyrovanadate > 
orthovanadate > metavanadate. 



Kung and CO-workers [53] carried out a more detailed study to examine the validity of 
their original hypothesis. They pointed out that Sam et al. used a method to prepare M g 0  
which resulted in traces of potassium (about 0.02 wt%) being present in the fial catalyst. 
Kung's hypothesis was confmed by the results for oxidative dehydrogenation of n-butane. 
The selectivity of the Mg orthovanadate phase was 43% for aikenes at 17% conversion, but 
for the pyrovanadate phase it was oniy 15%. However, the results for the oxidative 
dehydrogenation of propane indicated that both the Mg orthovanadate and pyrovanadate 
phases' selectivities for propene were about 62% at 7% conversion of propane. It was 

suggested that the difference in behaviour for butane and propane on Mg pyrovanadate could 
be explaineci by the phase structure and the sizes of the alkane molecules 1211. With Mg 
orthovanadate, the isolated V 0 4  tetrahedra aUow an adsorbed molecule to react with only 
one V04 unit. However, with Mg pyrovanadate a molecule can react simultaneously with 
two V04 uni& that are bridged by an oxygen atom, provided that the size of the molecule is 
sufficiently large. Propane may be too srnaIl to react with bridged VOa units, but the two end 
carbons of n-butane could react with two V 0 4  units. Such an interaction may lead to the 
formation of a n-allyl cornplex and complete combustion of the molecule. Kung and CO- 

workers [53] also examined the effect of traces of potassium in the V-Mg-O catalyst. 
Reference Mg orthovanadate and Mg pyrovanadate catalysts were prepared by the method of 
Sam et ai. and their activities and selectivities were compared with those of potassium free 
catalysts. The orthovanadate with potassium was less selective than the comsponding 
catalyst free of potassium for both the propane and butane reactions. It was suggested, based 
on X-ray diffraction analysis, that the presence of potassium inhibited the formation of the 
orthovanadate phase. For the oxidative dehydrogenation of butane, the orthovanadate phase 
both with and free of potassium was more selective than the pyrovanadate phase. 

Potassium contamination may explain the contradictory results of Kung's group and 
Sam et al. concemhg the selectivity of Mg-V-O phases. However, Gao et al. [42] used a 
different method for preparation of the pure Mg-V-O phases, which they called the 'citrate' 
method. By this method, high purity Mg-V-O phases could be produced at a relatively low 
calcination temperature (550°C). Both Kung et al. and Sam et al. needed to use elevated 
calcination temperatures (in excess of 650°C) to produce sufficientiy pure phases. On the 
other hand, their mixed phase catalysts were produced at lower calcination temperanires. 
Gao et al. found that the size and morphology of the pure phase Mg-V-O crystals was a 
func tion of calcination temperature. 

It should be added that generally results of studies of V205 supported catalysts tend to 
support the Kung hypothesis that isolated V 0 4  tetrahedra are more favourable for the 
oxidative dehydrogenation reaction. Mamedov and Corberh 1271 have reviewed studies of 
V2Os supported on silica, dumina and titania. They concluded that the dehydrogenation 
selectivity is best for these cataiysts at low vanadium loadings, below monolayer coverage. 
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The supported vanadium species at low loadings are presumably isolated with two- 

dimensional arrays of teuahedrd V04. At higher vanadium loadings, dehydrogenation 
selectivity diminishes and c rys t ahe  V20s fonns on the surface. 

2.4.2 Mg- V-O phase mixtures 
Gao et al. f43] Later carriecl out an extensive study of the catalytic behaviour of mixed 

phase Mg-V-O catalysts. The selec tivities of multi-phase Mg-V-O catalysts were found to 
be quite different from that of the pure phases. The selectivity of the orthovandate could be 
improved when it CO-existed with a pyrovanadate phase or MgO, suggesting synergistic 
effects between the phases. This result may explain why Kung's group origindiy found that 

some of the best selectivities for butane oxidation were with catalysts containing magnesiurn 
orthovanadate and excess MgO. 

2.4.3 Mg-V-O bulk/surface properties 
Coma et al. [40] investigated the effect of preparation procedures on the surface as weil 

as the bulk concentrations of vanadium and magnesium in Mg-V-O catalysts. They prepared 
catalysts with varying V/Mg ratios using different precursor compounds for vanadium and 
magnesium. For vanadium, the preparation cornpounds compared were ammonium vanadate 
and vanadyl oxalate. While for magnesium, the use of magnesium oxide and magnesium 
oxalate were compared. The bu& formation of magnesium vanadates was found to depend 
only on the VlMg ratio of the preparation compounds. Magnesium orthovanadate and M g 0  
phase mixtures were formed at low vanadium content and magnesium orthovandate and 
magnesium pyrovandate mixtures at higher vanadium contents. The BET surface areas of 
the catalysts increased with vanadium content, but also depended on the choice of 
preparation compounds. The surface concentration of vanadium and magnesium, determined 
by X-ray photoelectron spectroscopy (XPS) analysis did not in all cases coincide with the 
buik concentrations. The differences depended on the precursor compounds used in catalyst 
preparation and the VlMg ratio of the catalyst In particular the use of ammonium vanadate 
as the starting precursor for vanadium tended to produce a catalyst with an enriched surface 
concentration of magnesium. Ammonium vanadate is a cornmon s t a rhg  materiai for Mg-V- 
O catalyst preparaùon and had been used previously by Kung's group and Sam et al. [36]. 
Also, catalysts with high concentrations of vanadium tended to have an enriched surface 
concentration of vanadium. 

The effec t of varying surface concentrations of vanadium and magnesium on catalytic 
properties was also determinecl [41]. It was found that the highest activity (based on BET 
surface area) and selectivity for the oxidative dehydrogenation of propane was obtained on 
catalysts with a magnesium enriched surface. Coma  et al. [40] sided with the views of 
Kung regarding the selectivity effects of V04 species and fîndings with supponed V205 
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catalysts, discussed above. They proposed that the superior performance of catalysts with 

magnesium e ~ c h e d  surfaces was due to the presence of only isolated V04 species on the 

surfaces. However, at high vanadium content, in which vanadium enrichment of the catalyst 
surface is obtained, the presence of associated vanadium complexes should be expected and 
should result in lower dehydrogenation selectivity. The work of Coma et ai. shows that the 
bulk oxide lattice rnay not always represent the suvace properties. If surface concentrations 
can Vary from that of the bullc, it is reasonable that the coordination of vanadium species to 
oxygen may also Vary from that in the bullc of the catalyst 

2.4.4 Acid-base properties 
Various research groups, using a range of catalys ts, have investigated the effect on 

activity and selectivity of manipulating the catalysts' acidity with alkaline promoters. It is 
believed that supenor catalysts for oxidative dehydrogenation should have a basic character. 
Alkenes are basic and a basic catalyst ought therefore to facilitate the desorption of the 
alkene, preventing its further oxidation to carbon oxides. Aikaline promo ters increase the 
basicity of the catalyst. 

Grabowski et al. [54] found that the alkaline promoters lithium, potassium and rubidium 
reduced the activity of V2O5/TiO2 and MoO$ïi& cataiysts for the oxidative 
dehydrogenation of propane. However, at the same levels of conversion, the promoted 
catalysts had a higher selectivity for propene. Martin-Aranda et al. [55] and Vrieland et al. 
156,571 investigated the effect of promoters such as lithium, sodium, potassium and cesiurn 
on the oxidative dehydrogenation of butane over Ni-Mo-O and Mg-Mo-O catalysts 
respectively. In both studies, the promoters again reduced the activity of the catalyst, 
aithough they irnproved the yield and selectivity for butenes and butadiene. Vrieland et al. 
found that additions of small amounts of potassium up to 0.4 wt% caused the production of 
carbon oxides to decrease while that of C4-olefms increased. The potassium promoter 
seemed to selectively poison the production of carbon oxides while the production of olefms 
was unaffected. 

The effect of alkali promoters on selectivity may not be the same for all h e s .  Galli et 
al. [58] compared the effect of potassium on the oxidative dehydrogenation of butane and 

ethane over V205/A1203 catalysts. Addition of potassium reduced the reducibility of the 
cataiyst, measured by temperature-prograrnmed-reduction with hydrogen, and the activity of 
the catalyst for reaction with both butane and ethane. However, potassium increased the 

selectivity for the formation of C4-olefins from butane but decreased the selectivity for 
ethene from ethane. 

Blasco et al. [59] compared the basicity of V/N203, V/sepiolite, Vhydrotalcite and 
VMgO catalysts. The basicity was rneasured by adsorption of pyridine measured by FIIR. 
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The selectivities of the cataiysts for C4-olefins from butane increased with increasing basicity 
of the cataiyst. 

Little is known about the effect of promoters in rnodifying the catalytic properties of 
Mg-V-O catalysts specifically. It has been reported that the addition of Cr203 and Mo03 
improved the activity of the catalyst, while Ti& increased the selec tivity in the oxidative 
dehydrogenation of butane [37]. 

2.5 Catalyst redox properties and catalytic behaviour 

2.5. I A Redox Model 
Kung and CO-workers poshilated a model relatuig the redox behaviour of a catalyst to its 

catalytic behaviour [6 11. This model is based on the assumption that the activity and 
selectivity of an oxide catalyst in selective oxidation reactions should be related to the ease 
or rate of reduction of the oxide. An oxide that is difficult to reduce will be inactive, but 
probably selective. However, one which is easily reduced is very active but nonselective, 
because it would promote the combustion of the reactants. An ideally active and selective 
catalytic rate of reduction would be within an optimal range, as shown graphicaiiy in Figure 
2.2 (a). 

However, the rate of reduction of an oxide should depend not oniy on its structure and 
composition, but also on its existing extent of reduction. The more reduceà is an oxide, the 
slower is its rate of reduction. In a steady-state process, the oxide catalyst is undergoing 
simultaneous reduction and reoxidation. The extent of reduction of the oxide depends on the 

rates of these opposing proccsses, which in turn depends on the present extent of reduction of 
the oxide. The state of the catalyst is detemined by the intersection of its reduction and 
reoxidation curves, as shown in Figure 2.2(b). The ideally active and selective catalytic 
steady-state rates of reduction and reoxidation would Lie within an optimal region as 
indicated by the curves marked A. Another catalyst B, for structural or composition reasons 
might have an overall higher rate of reoxidation despite a similar rate of reduction to that of 
catalyst A. The higher rate of reoxidation of B causes it to be in a more oxidized state which 
in hum increases its rate of reduction. This increased rate of reduction promotes the 
nonselective combustion of reactants, causing it to be more active than is optimal. Thus, 
catalyst B might be useful as a combustion catalyst but of no interest for partial oxidation. 

2.5.2 Manifestations of redox madel 
The significance of the reduction potential of Mg in the V-Mg-O catalyst was examined 

by replacing Mg with other cations such as Nd, Sm, Zn, Cr, Eu, Ni, Cu and Fe [60]. The 
aqueous reduction potential of these cations increase in the order 



2. Literaatre Re vie w 

Very Active, 
Nonselective 

Optimal Region 
Active & Selective 

Inactive, 
Selective 

Rate of Reduction 

Reoxid. 

:' B 
Redn. 

Extent of Reduction- 
Extent of Oxidation 

Figure 2.2 Relation between catalyst redox properties and catalytic behaviour 

MgcNd<Sm~n<Cr<EucNi<Cu&e. The selectivity for alkenes in the oxidative 
dehydrogenation of n-butane from vanadates made from these cations decreased in an aimost 
sirnilar order: Mg>Nd>Srn>Zn>Eu>NizC~Fe>Cu. The selectivities for aikenes ranged 
from 59 to 2 4  and were each measured at an n-butane conversion of between 11 to 16%. 
This result supports Kung and CO-workers' hypothesis that the higher degree of selectivity of 
the V-Mg-O catalyst can be attributed to the relative non-reducibility of Mg ions that lower 
the reactivity of lattice oxygen. 

Temperature-Programmed Reduction/Oxidation (TPRITPO) experirnents were also 
performed with Mg orthovanadate and other orthovanadates in which &e Mg was replaced 
with Eu and Nd [6 11. The TPRITPO equipment consisted of a closed recirculation system 
with a heat-flow type scanning calorimeter. The catalysts were fnst oxidized with oxygen, 
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reduced with CO and then re-oxidized with oxygen. The amount of oxygen consumed 
during re-oxidation was determined from the pressure drop in the systern. From the TPR 
curves, there was no clear indication that the orthovanadate with a more easily reducible ion 
tended to begh to reduce at a lower temperature. In general, reduction of the orthovanadates 
began at above 500°C and was completed at about 800°C. From the quantity of oxygen 
consumed during the reoxidation cycle, the oxidation state of the vanadium ions could be 
determined. The oxidation state of vanadium in the reduced Mg, Nd and Eu orthovanadates 
was 3.51,3.40 and 3.50, respectively. Again, what was expected to be the most easily 

reducible orthovanadate (Eu) was not any more reduced than the other orthovanadates. It 
was suggested that the orthovanadate structure may only sustain a Limiteci degree of 
reduction, any further reduction requiring more severe conditions. 

The effect of the catalyst oxidation state on oxidative dehydrogenation selectivity has 
been investigated for vanadium oxide on durnina catalysts (V20s/Alz03) [62]. The 
V205/Alz03 catalyst was reduced with successive pulses of butane. The extent of reduction 
of the catalyst and its selectivity for dehydrogenation products was determined by analysis of 
each product pulse. It was found that the selectivity of the catalyst increased with its extent 
of reduction. However, simultaneously the conversion of butane decreased as the catalyst 
was reduced and since the oxidation of dehydrogenation products to carbon oxides is a 
secondary reaction, the improvement of selectivity with lower conversion was no surprise. 
But when reaction conditions were manipulated to lower the conversion of butane on the 

more oxidized catalyst to a level comparable to that obtained when the catalyst was in a more 
reduced state, the selectivity for the more oxidized catalyst was stiil ~ i g ~ c a n t l y  lower. A 
similar relationship was found for propane oxidative dehydrogenation over a Mg-Mo-O 
catalyst [9]. Also, in this case the allcane, propane, was fed without oxygen to the catalyst. 
The selectivity for propene increased as the degree of reduction of the catalyst increased. 
These results support the notion that selectivity is affecteci by the binding energy of lattice 
oxygen. When the catalyst is in a more oxidized state and lattice oxygen is loosely bound, it 
is more likely to promote the deep oxidation of hydrocarbons to carbon oxides. 

Gao et al. [42] and Soenen et  al. [63] have cornpared the reducibility of different pure 
Mg-V-O phases. Gao et al. measured the weight loss upon exposure to hydrogen at 460°C 
and Soenen et al. electncal conductivity changes upon exposure to propane at 520°C. Both 
techniques indicated that magnesium pyrovanadate was the most easily reducible magnesium 
vanadate. From a structural point of view, the easy reducibility of the pyrovanadate phase is 
expected because of the ease of removal of oxygen in V-O-V Mages .  However Gao et al. 

also found the pyrovanadate was the most selective pure phase for oxidative dehydrogenation 
of propane. Their fiding that the more easily reducible catalyst is the most selective does 
not agree with Kung's theory regarding the redox properties and catalytic behaviour of 
catalysts discussed above. If the pyrovanadate is tmly the more selective for propane 
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oxidative dehydrogenation, it may possess other favourable structural charactenstics that 
compensate for its easy reducibility. 

The reducibility of V/N203, V/sepiolite, Vhydrotalcite and VlMgO catalysts have been 
compared by the onset temperature of hydrogen consumption during temperature- 
programmed-reduc tion [59]. The reducibility of the cataly s ts padeled their catdytic 
activity for the oxidative dehydrogenation of butane, whereby the most easily reducible 
catalyst was most active. The selectivity of a typical cataiyst for dehydrogenation products 
was not notably related to its reducibility but correlated well with its basicity. 

2.6 Aspects of the catdytic reaction rnechanism 

2.6.1 C-H bond activation 
Kung and CO-workers [64] have compared the relative rates of reaction of different 

alkanes over a V-Mg0 catalys t The alkanes included 2-methylpro pane, n-butane, propane 
and ethane. The rate of reaction at 500°C was found to decrease in the order 2- 
rnethylpropane > n-butane > propane > ethane. C-H bond energies are known to Vary 
according to the position of the carbon atom in the hydrocarbon. They decrease in the order 
primary > secondary > tertiary. The aikane reaction rates paralleleci the suength of their C-H 
bonds. 2-methylpropane which has one tertiary carbon reacted fastest, while ethane which 
has oniy primary carbons reacted slowest. Mamedov and Corberh [27] have compared rate 
data frorn different authors and similarly found that the reaction rates of &anes increased 
with the number of carbon atoms in the hydrocarbon chain. These results are consistent with 
their clairn that the rate limiting step of the reaction is the breaking of the first C-H bond. 
Breakage of the C-H bond may occur either heterolyticaiiy, with the formation of a hydride 
ion and a carbocation, or homolyticaily with the formation of an aikyl radical. The ease of 
breakage of the C-H bond probably only controls the rate of conversion of the alkane, and the 

nature of the subsequent reaction steps influences the product distribution among 
dehydmgenation, oxygenation and combustion produca. 

2.6.2 The redox mechanisrn 
It has been found that the electricai conductivity of pure Mg-V-O phases is independent 

of the gas phase oxygen partial pressures to which they are exposed 1561. Since these 
catalysts are active for oxidative dehydrogenation, their reaction mechanisrn must involve 
02- anions from the lanice. Exposure of the pure phases to propane increases the 
conductivity, indicating the phases becorne reduced while re-exposure to oxygen decreases 
the conductivity. Results from pulse experiments with butane, discussed earlier, indicate that 

lattice oxygen can be involved in the reaction [62]. The reaction of the alkane has been 



Figure 2.3 Catalytic cycle 

shown to occur for propane [9] and butane [56,57] in the absence of gas phase oxygen. These 
fmdings, in addition to those discussed earlier concemhg redox properties of the catalyst, al1 
support the proposa1 that the oxidative dehydrogenation of lower alkanes occun via a Mars- 
Van Krevelen redox type mechanism [65,66]. As ihstrated by the schematic of the catalytic 
cycle in Figure 2.3, in this type of mechanism, reaction of the alkane to either aikenes or 
carbon oxides reduces the catalyst and in a separate reaction, oxygen from the gas phase re- 
oxidizes the catalys t. 

2.6.3 Subsequent reaction steps 
The reaction of the aikane with the catalyst could result in an adsorbed alkyl and/or 

alkene on the catalyst surface. Kung's group [21,65,66] has proposed that two competing 
processes, involving the adsorbed alkyl or alkene, comprise the 'selectivity-detennining 
step'. In the case of an adsorbed alkyl species, the competing processes are the breakage of a 
C-H bond to fom a dehydrogenation product or the formation of a C-O bond to f o m  
oxygensontaining products such as oxygenates or carbon oxides (see Scheme 1 in Figure 
2.4). If the adsorbed species is an alkene the competing processes are its desorption or it can 
react further to form a C-O bond and subsequentiy oxygen containing products (see Scheme 
2 in Figure 2.4). It has been argued that the ease of removal of oxygen species from the 

catalyst to form C-O bonds and oxygenated products determines the outcome of the 
selectivity-determining step. This concept explains fairiy well the increase in 
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Figure 2.4 Selec tivity-determining s teps 

dehydrogenation selectivity when the reducibility of the M cation in the orthovanadate 
structure decreases [60] or the degree of reduction of the catalyst is increased [62,9], but it 
fails to explain the contrary relationship between these charac teristics es tablished for the 
three Mg-V-O pure phases [42]. 

There is one report in the literature in which the addition of carbon dioxide into the feed 
for oxidative dehydrogenation increased the propene selectivity on a PrV04 catalyst [67]. 
The enhanced propene selectivity was observed at isoconversion conditions. The authors 
suggested that carbon dioxide adsorption on the catalyst blocks sites responsible for total 
oxidation. 

2.6.4 Kinetic studies 
Andersson [68] gathered kinetic data for the oxidative dehydrogenation of propane over 

V/AP04 at a range of temperatures, vanadium loadings, and propane and oxygen partial 

pressures. Frorn this data, a kinetic model for the production of propene was proposed. In 
the model, propane in the gas phase was purported to react with adsorbed oxygen species on 
the catalyst surface by an Eley-Rideal type mechanism. Here, the reaction rnechanism was 

not of a redox type because gas phase oxygen was considered to be in equilibnum with the 
adsorbed oxygen. None of the products, propene, carbon monoxide or carbon dioxide was 
considered to adsorb to the catalyst surface. Carbon oxides were assumed to be produced 
either directly from the reaction of propane or from the further oxidation of propene. Le Bars 
et al. [69] used a simple Mars-Van Krevelen redox type model to describe the oxidative 
dehydrogenation of ethane over a V20dSi02 cataiyst. This mode1 o d y  described the 
production of ethene. Rate equations for production of carbon oxides from either ethane or 
ethene were not included. The Limiting step of ethane oxidative dehydrogenation was found 
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to be the reduction of oxidized sites by ethane. Thus, the catalyst was considered to work in 
a highly oxidized state. 

Sloczynski [70] modelled the individual reduction and reoxidation reactions frorn 
cyclical experiments for the oxidative dehydrogenation of propane over V20fli&. In 
general, it was found that the initial rates of reoxidation were 1-2 orders of magnitude higher 
than the rates of reduction. These resuits also suggest that during the steady-state reaction 
the catalyst is highly oxidized and that the rates of reduction of the catalyst by propane and 
intermediates are overd  rate-determining. 

Pantazidis and Mirodatos [7 11 have recently published results of non-steady-state and 
isotope excbange experiments aimed at proposing a qualitative mechanism for oxidative 
dehydrogenation of propane over a Mg-V-O catalyst. They propose that propane reacts with 

lattice oxygen species, probably 02-, to forrn an intermediate species on the cataiyst surface, 
probably a propyl group. Desorption of the intermediate species forms propene. They 
further fmd a weak dependence of carbon oxide formation on the oxygen partial pressure. 
They suggest that oxidation of the adsorbed intermediate species involves an oxygen 
adspecies, such as O-, arising from gaseous oxygen activation. Selectivity thus depends on 
the fate of the intermediate species through competition between desorption and reaction 
with an oxygen adspecies. However, neither diffuse reflectance infra-red fourier transform 
(DRET) spectroscopy nor isotope exchange experiments indicated the presence of such an 
adsorbed h ydrocarbon intermediate s pecies . 

2.7 Surnmary and foreshadowing 
Much of the Literature supports a Mars-Van Krevelen or redox type mechanism for the 

oxidative dehydrogenation reaction. In such a mechanism, the allcane reacts with surface or 
lattice oxygen causing reàuction of the catalyst and simultaneously oxygen reacts io oxidize 
the catalyst. This is supported by observations that the reaction of propane [9,70] and butane 
[56,57,62] occur in the absence of gas phase oxygen. In addition, the electncal conductivity 
of a catalyst has been shown to vary upon exposure to propane and subsequently oxygen 
[56]. In one study the kinetics of the oxidative dehydrogenation of ethane was successfully 
modeUed by a simple redox type model [69], but another model for the oxidative 
dehydrogenation of propane, involved an equilibrium between gas phase and surface 
adsorbed oxygen [68]. 

It is widely believed that the properties of the catalyst andfor surface oxygen influence 
the selectivity of the reaction. Cataiysts with a basic character are thought to be superior 
oxidative dehydrogenation catalysts because they facilitate the desorption of the alkene, thus 
preventing its further oxidation to carbon oxides. Supporthg this claim, alkaline promoters 
have been shown in some cases to improve the selectivity of catalysts for the production of 
dehydrogenation products [54-591. 



In keeping with the generai redox mechanism, the binding strength of lattice oxygen is 
thought to govern the selectivity of the reaction. Highiy reactive, loosely bound oxygen 
might indiscrirninately break C-C and C-H bonds Ieading to deep oxidation while less 
reactive, strongly bound oxygen, is less likely to attack the hydrocarbon structure, thus 
preferentidy producing partial oxidation products. This was supported by the fmding that 
the selectivity of various metal vanadates varied with the reduction potential of the metals 
[60]. Also, the selectivity for the oxidative dehydrogenation of butane [62] and propane [9] 
was found to increase for dehydrogenation products as the degree of reduction of the catalyst 
increased, when the reactions were carried out without gas phase oxygen. These claùns are 
based on the fact that as the catalyst is increasingly reduced the binding strength of the 
catalyst's rernaining lattice oxygen increases. Fidings that the nature of coordination of 
oxygen on the cataiyst surface [27,34,41], due to the surface concentration of supported 
metal oxides such as V205, affects the selectivity of the cataiyst, further support the belief 
that the binding strength of oxygen influences selectivity. However, contrary to a relation 
between oxygen binding strength and selectivity, the reducibility of different vanadium- 
bearing catalysts [59] and Mg-V-O pure phases [63] have not been iound to correlate well 
with their selectivities for dehydrogenation products. 

It is evident that much of the research conceming oxidative dehydrogenation has 
involved finding correlations between properties of the catalysts and cataiytic behaviour, and 
from these attempting to infer the reaction mechanism. Few extensive kinetic studies have 
been canied out on the reaction. This is one of the objectives of this thesis. Kinetic data for 
the reaction are collected under both steady-state and transient conditions. The transient 
responses of the reaction are used as an additional tool for diagnosing the reaction 
mechanism, the degree of reduction of the catalyst, and whether hydrocarbon species are 
adsorbed to the surface of the catalyst. Since much of the literature in the area suggests that 
the state of the catalyst andor surface oxygen Muences selectivity, of particular interest is 
the role of oxygen in the reaction and whether it can change depending on the reaction 
conditions, thus affecting the selectivity of the reaction. 
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3. Experimental methods 

3.1 Preparation and characterization of Mg-V-O catalyst 

B ecause of its high yields reported in the literature, the Mg-V-O catalyst was chosen for 
this snidy of the catalytic oxidative dehydrogenation reac tio n. Kung and CO-workers 

[35] exarnined Mg-V-O catalysts containing between 20 and 60 wt% V20s. An optimum 
propene selectivity of about 42% at about 33% propane conversion was obtained for 
catalysts with between 20 and 40 wt% V20s. Consequendy, an Mg-V-O catalyst with 40 
wt% V20s was used in this study. The high V205 content was chosen so that the magnesium 
vanadate phase(s) present in the catalyst could be identü5ed unarnbiguously by X-ray 
diffraction anaiysis. 

The cataiyst was prepared according to the method described by Kung and CO-workers 
[52]. A 1 L aqueous solution containing 0.5 wt% m V 0 3  and 1 wt% m 0 H  was heated to 
70°C while being stirred. Then 5.84 g of Mg0 was slowly added to this stirred solution of 
NH4V03. The solution was continuously stimed for about 1 h, during which the solution 
evaporated to a thick paste. The paste was further evaporated in an oven at 80°C overnight, 
after which it becarne a white powder. The catalyst was then calcined at 550°C for 6 h in a 
fiow of air of about 20 ml min-' STP. The resulting catalyst composition was 60 wtQ Mg0 
and 40 wt% V20s or 36.2 wt% Mg and 22.4 wt% V as vefied by atomic absorption. After 

calcination, the colour of the catalyst was a pale yellow. Once used, the catalyst became grey 
to green-gray in colour. 

For experimental runs, anywhere between 15 and 40 mg of Mg-V-O catalyst was used at 
a time. Before reaction, the catalyst sample was placed in the reactor and exposed io 10% 
oxygen in helium with a total flow rate of 50 ml min" STP at 550°C for 3 h. 

X-ray diffraction was performed on a Siemens D5000 diffractometer, equipped with Cu 
radiation. ICPDS-ICDD (1988- 1994) standard spectral software was used to detennine the 

phases. The diffractogram of the unused catalyst is show in Figure 3.1. The symbols in the 

figure indicate the peaks in the diffractogram of the catalyst that match peaks in the 
diffractograms of the pure phases. The peaks were generally broad, probably because the 
crystai sizes were smaii. The two phases clearly identified were magnesium oxide and 

magnesium orthovanadate (Mg3(V04)2). In addition, a trace of vanadium oxide (V305) was 
identif ied. 



Figure 3.1 X-ray diffractograrn of fresh Mg-V-O catalyst 

3.2 Equipment for studying catal ytic reaction 

3.2.1 Quartz glass reactor 
The quartz g l a s  U-tube reactor used is illustrateci in Figure 3.2. The outside diameter of 

the quartz tube was 6 mm. The catalyst was located in a bulb in one ann of the U-tube. 

Reactants were fed fust hough  the left ami of the U-tube in Figure 3.2, and then up through 
the catalys t bed. The inside diameter of the arm, upstream from the catalyst was 1 mm. The 

inside diameter of the bulb was 8 mm and the tube downstream from the cataiyst had an 
inside diameter of 4 mm. At the bottom, inside the bulb was located a quartz g las  frit on 
which the cataiyst bed was supported. First, a layer of granuiar quartz glass (crushed to < 1 
mm) with a depth of a few millimetres was placed on top of the fr i t  On top of this was 
placed the catalyst with a depth of 5 to 10 mm, depending on the quantity of catalyst. An 
additional layer of grandar quartz glass was placed on top of the catalyst, to fill the bulb. 
Some quartz wool was placed in the tube, downstream from the bulb. A quartz g las  
themowell, in the downstream a m ,  penetrated the upper layer of granular quartz glass and 
was arranged so as to be just in contact with the top of the catalyst bed. In experiments 
operated at steady-state the design of the reactor was as in Figure 3.2, except that the bulb 
was omitted and replaced by a length of quartz tube with an inside diameter of 4 mm. The 
catalyst was placed inside this tube. Upstream of the cataiyst, any empty length of 4 mm ID 
tube was packed with quartz wool. With the cataiyst inside a bulb, the catalyst bed created 
just a srnall pressure drop, allowing at least 40 mg of cataiyst to be used. 
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-Flow Out 

Figure 3.2 The quartz U-tube reactor 

One of the prirnary requirements of the design of the reactor was that the void volume 
should be minimized so that gas phase-initiated reactions could be avoided. This is why the 
arm of the reactor, upstrearn from the catalyst, was designed with a reduced inside diameter. 
Any remaining volume in the reactor not occupied by the catalyst bed was fded with 

granular quartz glus or quartz wool. The presence of the quartz thennowell, downstream 
from the catalyst bed, dso reduced void volume in the reactor. Blank experiments in which 
the reactor contained no catalyst were performed at reaction temperatures ranging from 5 10 
to 550°C with both reactor designs by replacing the catalyst with a similar quantity of 

granular quartz andfor quartz wool. The reactant concentrations were 4.5% propane and 9% 
oxygen. Helium diiuted the reaction gas mixture and the total flowrate was 50 ml min" STP. 
No conversion of propane or formation of products was detected in the blank experiments; 
thus, the absence of gas-phase-initiated reactions under reaction conditions was assured. 
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Inside the quartz thermowell was placed an uninsulated wire thermocouple with an 

outside diameter of 0.5 mm. The quartz reactor was connected with the rest of the reactor 
system by 0.25-inch stainless steel swagelokm couplings with ~eflon" ferniles. A 

therrnowell was positioned at the reactor outlet, while product gas exited through a sideam 
(Figure 3.2). Teflon ferrules made the connection between the thermoweil and Swagelok 
fitting gas-tight. 

The quartz reactor was placed inside a cyhdricai shaped furnace. The furnace consisted 
of two semicircular insulating sheiis with heating elements inside. The shelis were hinged 

together and could be closed around the reactor. The Swagelok coupiings were located 
outside of the furnace, while both arms of the reactor extended through the 40 mm thick 
insulating wall of the furnace. A separate thermocouple was placed inside the furnace and 
positioned at about equal distance between the arms of the quartz reactor, with its tip 
positioned at the height of the cataiyst bed. The temperature measurements of the 
thermocouple outside of the reactor were used to regdate the operation of the fumace. The 
thin wire thermocouple inside the reactor measured the actual catalyst bed temperature. 

3.2.2 Reactor system and operation 

Reacrant gas rnîrtures 
Figure 3.3 is a schematic drawing of the reactor systern. Unless othenvise stated, dI 

tubing in the reactor system was 0.125-inch (outside diameter) stainless steel and it was 

connected to the various paris of the system by appropriately sized Swagelok couphgs. 
Feed gases were suppiied to the reactor system from gas cylinders and their flowrates were 
regulated by individual mass-flow controllers (MFC). The MFCs were arranged into two 
sets A and B. Each set of MFCs produced a different reactant gas mixture that could be fed 
to the reactor. The numbers of MFCs and types of gases in each set of MFCs were not 
always as shown in Figure 3.3. These were varied depending on the requirements of each 
experirnent However, helium was always a cornponent in each MFC set and MFC set A 

always contained supplies of at least both propane and oxygen in addition to helium. MFC 
set A produced a reactant gas mixture with a dual purpose. It could be fed to the reactor or 
directly to the analytic instruments for calibration purposes. 

Another MFC, located downstream from MFC set A, regulated the fiow of the reactant 
gas mixture from MFC set A to the reactor. A fraction of the MFC set A reactant gas 
mixture always bypassed the reactor. A pressure relief valve, on the bypass fine, was set to 
open at about 1.5 bar and thus maintained back pressure to allow the flow controller for the 
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Figure 3.3 Reactor system 

MFC set A reactant gas mixture to operate. All  of the reactant gas mixture produced by 
MFC set B was avdable as feed to the reactor. 

Seleetion offeed tu reactor 
An air-actuated Cway valve controlled which of the reactant gas mixtures was fed to the 

reactor. nie gas mixture not fed to the reactor was vented. One pressure gauge was located 
upsueam from the 4way valve on the MFC set A reactant feed line. A second was 
positioned downstream from the Cway valve on the vent he. With the MFC set A reactant 
mixture fed to the reactor and MFC set B reactant mixture vented, a pressure relief valve was 

adjusted to equalize the pressure measurements upstream and downstream from the Cway 
valve. This was done to equalize the back pressure on the two reactant mixture lines and 
avoid downstream pressure fluctuations when step-changes were made between reactant 
mixtures. With the method ernployed it was assumed of course that the pressure drop across 
the Cway valve was negligible. This was necessary because placing a pressure gauge 
between the Cway valve and reactor would add undesirable void volume to the reactor 
sys tem. 



Valve arrangement for anaiytical instrument calibration 

Two pairs of magnetically actuated 3-way valves (TWV) select which of three gas 

streams is sent to the analytical instruments. The three gas streams include the product 
stream from the reactor, a reactant gas mixture (from MFC set A) and a product gas mixture. 
The valve arrangement allowed for convenient on-line calibration of the analytical 
instruments with the reactant and product gas mixtures. The product gas mixture (AGA 
speciaity gas) was supplied from a gas cylinder at about 0.25 bar gauge. TWV set B was 

located downstream from the reactor and upstream from the analytical instruments. It 
allowed either the reactor product gas stream or the one of the calibration gas streams 
(reactant or product gas mixtures) to be sent to the anaiytical instruments. W set A 

allowed either the reactant or product gas mixtures to be sent to W set B. The reactant 
and reactor product gas streams were vented if not sent to the analytical instruments. 

Analytical instruments 
The gas stream selected by the sets of W s  is sent to the gas chromatograph (GC). 

Inside the GC oven was an electrically dnven 6-way valve (Carle Mode1 20 18). The gas 
Stream flowed through a sample loop on the 6-way valve and then was vented from the 
reactor system. During sampling of the gas stream, for GC analysis, the GC carrier gas 

flushed out the contents of the sample loop. 
A tee was located upstream from the GC in which was located the mass spectrometer 

(MS) sample capillary. The sample capillary line was made of deactivated fused silica, had 
an inside diameter of 320 pm and a length of about 1.5 m. It was under vacuum and thus 
extracted a portion of the gas stream and sent it to the MS system. A rotary vane pump 
(Edwards Model E2M2) maintained the vacuum in the MS sample capillary. A fine needle 
valve located between the sample capillary and the MS regulated the flow of sample to the 
MS and thus the interna1 pressure of the MS. The vacuum within the MS was maintained by 
a turbo-molecular pump (Baizer Model TPWTPU 170) with a backing rotary vane pump 
(Edwards Model EDM2). 

Temperature memurement and control 
The uninsulated wire thermocouple inside the quartz reactor measured the actual cataiyst 

temperature. Another insuiated thermocouple was placed inside the fumace between the 

amis of the reactor with its tip positioned at the height of the catalyst Transient 
experimental conditions could cause fluctuations in the cataiyst temperature. Thus for stable 
temperature control, the thermocouple outside of the reactor was connected to the 
temperature control unit (Eurothem Series 560) that regulated the operation of the fumace. 
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Reactor systern control 
A personai computer (386 processor, 4 MI3 RAM) with the ~ t y m a n "  control program 

operated the reactor system. Styrman is a Visual ~a s i c "  program that operated the mass fiow 

controllers, the 3-way magnetic valves, the air-actuated 4-way valve and the electrically 
driven 6-way valve. The computer sent temperature set points via serial communication to 
the temperature-control unit. The signal from the wire thexmocouple inside the reactor was 
monitored by the computer. Serial communication was maintaineci between the computer 
and the MS via an interface instrument (Balzer QDP 10 1). The computer could command 
the MS to perfom scans at specific intervals, the results of which were acquired by the 
computer and recorded in log fdes. In addition, ail flowrate and temperature measurernents 
could be recordeci in log files. The Styrman program could also carry out an experimental 
run automatically by operating from a command file. 

3.3 Analyticai methods 

3.3.1 Gas chromarography 
The GC (Varian Mode1 3300) was equipped with a capillary column (Chrompack 

Poraplot Q), methanizer catalyst and flame ionization detector (FID). The capillary column 
had a length of 25 m and an inside diameter of 0.32 mm. Helium was used as the carrier gas 

and it was supplied at a pressure of about 1.7 bar gauge to the injector. The volume of the 
sample collected in the six-way valve sample loop was approximately 0.1 ml. The quantity 
of sample injected into the GC column could be adjusted with a split ratio valve at the 
injector. The split ratio was adjusted to maximize the detection sensitivity while maintaining 
an effective separation of components. During an analysis, the GC oven was fust operated 
isothermaliy at 50°C for 6 min. The temperature was then ramped at a rate of 10°C min-' to 
120°C and fmalIy maintained at 120°C for 2 min. Thus, the total andysis tirne was 15 min. 
The cooi-down time for the GC was about 7 min. 

The separated components from the colurnn were fed into the methanizer reactor wbich 
consisted of a U-shaped 0.125 inch diameter stainless steel tube, packed with about 0.5 g of 
the methanizer catalyst Hydrogen was also fed to the inlet of the methanizer reactor at a 
flowrate of about 30 ml min-' STP. The methanizer reactor was maintained at 350°C in a 
separate heated zone within the GC. The methanizer catalyst consisted of a 2 wt% coating of 
nickel on Chromosorb G support It was prepared by adding the Chromosorb G to a quantity 
of nickel nitrate solution just sufficient to wet the support without excess. The slurry was 
dned on a hot plate at about 80°C with constant stirring. Once dry, the catalyst was calcined 
in air at 400°C for 2 h. 

The function of the methanizer cataiyst was to reduce carbon monoxide and carbon 
dioxide to methane for detection by the FID. The quantity of hydrogen supplied to the 
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rnethanizer reactor was sufficient to both completely reduce the carbon oxides and fuel the 
RD. The FID was supplieci directly with oniy air at a flow rate of about 300 ml min-'. The 
GC was caiibrated for detection of propane by analysis of the reactant gas mixture which 
typically contained between 3 to 6% propane. Analysis of the product gas mixture calibrated 
the GC for detection of propene, carbon monoxide and carbon dioxide. The product gas 

mixture contained 2.0 1 % propene, 0.99% carbon monoxide and 1.03% carbon dioxide in 
helium. The GC could no t detect oxygen or water and thus only a carbon mass balance could 
be determined. Concentrations of oxygen and water could only be determined indirectly, 
based on the analysis of the carbon containing components. The total quantity of carbon 
determined by GC analysis at the reactor outlet was typicaiiy between 90 and 1 10% of the 
total carbon fed to the reactor. The GC was tested wiîh varying concentrations of the 
components to ensure a linear response and that the methanizer catalyst completely 
converted the carbon oxides. In Appendix A, sarnple GC anaiysis data are shown and the 
method of calculation of component concentrations is demonsuated. 

3.3.2 Mass spectrometry 
Mass spectrometq (MS) analyses can be perfoimed at high frequency. The time 

required for a mass scan is usuaily on the order of a tenth of a second or les .  It is thus a 
valuable gas phase chernical analysis tool for non-steady-state operation of chernical 
reactions. This section presents the p ~ c i p l e s  of quantitative analysis by mass spectrometry 
as well as some of the practical problems. The system of chernical species considered here is 
rather complex with many species producing ions with the same mass. Considerable time 
and effort in ihis project has been spent on finding reliable methods of coliecting and 
analyzing MS data. A brief description of the data analysis and calibration techniques used 
to overcome the practical problems is given. 

In the simplest method of qualitative analysis by mass spectrometry the sensitivity 
coefficients, S,, must be known for each component, j, at each of the mass values, i. The 
number of mass peaks, n, must equal the number of components in the mixture. If the 
concentrations of the components of the mixture are partial pressures, pj, the sensitivity 
coefficients express the mass peak intensity per unit pressure. Then a set of n simultaneous 
iinear equations must be solved to determine the partial pressure of each component. 

Si IPI + Si2pî + - 0 .  + S ~ n p n  = [i 
Srlpl + s22p2 + ... + s* = Iz (3-1) 
.....**...*......................-.............. 
Snipl + Sn2p2 + + S ~ g n  = In 

Thus the sum of ion contributions from each component equals the total ion current 
intensity, ri, at each mass peak, i, in the spectrum. The above system of equations can be 



expressed in matrix notation as: 
s p  = 1 (3.2) 
The sensitivity coefficients must be determined by anaiysis of calibration mixtures in which 
the concentration of each component is known. 

The MS system used consisted of an analyzer (Balzer QMA 140), control unit (Balzer 
QMS 3 1 1) and a cornputer interface unit (Balzer QDP 101). Figure 3.4 is a simple 
schematic of the interna1 parts of the MS anaiyzer unit and its gas sampling system. The 
sample gas mixture flowed through a tube near the outlet of the reactor system. Through the 
heated capillary, placed inside the tube, a portion of the sample mixture flowed to the MS. 
The capillary was about 1.5 m long. The quantity of the sample mixture entering the MS 
was dependent on the pressure difference between that of the sample mixture, Px, and the 

pressure inside the MS charnber, Pm. The sample molecules were ionized in an axial beam 
ion source. This was an electron impact type ion source with the electron beam and ion 
extraction in an axial direction. A rhenium cathode filament was used and the emission 
current was 0.9 mA. The ionizing electron energy was 95 eV. The quadrupole mass filter 
ailowed only ions of a selected mass to reach the faraday cup ion detector where the ion 
current was measured. The pressure of the sarnple mixture was slightly above atmospheric 
and the intemal pressure of the MS was about 10-~ bar. The sample mixture concentration 
may be unknown or it may be the calibration mixture of known concentration. One 
practical problem was the diffculty to ensure that the total pressure of the calibration 
mixture was identical to that of the unknown mixture. Very srnail pressure differences in 
the sample mixtures could cause large changes in the quantity of the sample entering the 
MS. 

Ion Source Quadrupole Detector 
Mass 
Fil ter 

Figure 3.4 Schematic of MS and sampling system 
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Figure 3.5 MS signal response to step-changes in sample concentration 

An even more serious problem with the application of quantitative mass spectrometry, 
is that the pressure inside the MS, is a function of the sample composition. The quantity of 
the sample entering the MS through the capillary depends on its composition. Figure 3.5 
shows some raw MS data. The intensity of the mass peaks at 4,28,29,32,41 and 44 m/e 
were measured while the sample mixture contained 6% propane and 12% oxygen in helium. 
The mass peaks at 4 and 32 d e  were from helium and oxygen, respectively, while those at 
28,29,41 and 44 d e  were from propane. At 940 s, with a switch of the Cway valve, the 
sample mixture was changed to 100% helium and then at 1730 s it was changed back to the 
original propane, oxygen and helium mixture. After the fmt switch to pure helium, the 
mass signais from both propane and oxygen dropped quickly to zero, while that of helium, 4 

d e ,  increased slowly until the switch back to propane and oxygen was made. At this point, 
the mass signais from propane and oxygen increased quickly but then decreased along with 

the helium mass signal. It was apparent from Figure 3.5 that two sirnultaneous transients 
were occurring. There were, of course, changes in the sameple mixture causing transients 
depending on the gas-holdup and dispersion in the reactor system. These transient 
responses should occur probably over some seconds. But also, there was a much slower 
transient caused by the internal pressure of the MS, Pm, lasting over some minutes. After 
the switch to pure helium, the internal pressure of the MS slowly increased and after the 
switch back to propane and oxygen, it decreased. If the compositions of the calibration 
mixture and unknown mixture differ greatly or even if the composition of the unknown 
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mixture itself Vary greatiy, pressure differences inside the MS are clearly important In 
short, the application of qualitative mass spectrornetry is severely limited by the direct 
application of equation 3.2, unless accurate measurements of the pressure inside the mass 
spectrometer and the pressure of each sample mixture are avaiiable. 

In this work we used a method of treatment of the mass spectrometry data, that avoids 
the problems described above. The main features of the method are that the sample 
(unknown and calibration) mixtures were ailowed to be at dfierent and unknown pressures. 
In addition a nomaking procedure was used that allows the pressure inside the MS to Vary 
without affecting the accuracy of the analysis. The method is presented in detail in 
Appendix B. It was adapted from a more general method fust described by Ruth [72]. The 

Limitations of the method are that the identity of every component in the mixture to be 

analyzed must be known and included in the analysis. Also, if more than one calibration 
mixture is used, at least one of the components must be present in a l l  of the mixtures. 

The components included in the analysis were helium, water, carbon monoxide, 
propane, oxygen, propene and carbon dioxide. Table 3.1 shows the primary m a s  peaks, 
which are the tallest mass peaks in the spectrum of each component. Some of the 
components produce secondary mass peaks which have the same mass as the prirnary mass 
peak of other cornponents. The ratio of the primary and secondary mass peaks is 

and its value, measured at an ionizing electron energy of 95 eV, is aiso shown in Table 3.1. 

Table 3.1: Primary and Secondary Mass Peaks of Components 
Component M a r y  m/e Secondary mie Ratio 

(hi) (Iii) (r;i) 
helium 4 - - 
water 18 - - 

carbon monoxide 28 - - 
propane 29 28 0.67 

41 0.23 
44 0.22 

oxygen 32 - - 
propene 41 28 0.03 

carbon dioxide 44 28 O. 16 

Three different calibration gas mixtures were used. The fxst was the feed gas which 
typically contained 3 to 6% propane and 6 to 12% oxygen in heüum. The second was a 
product gas mixture containing 2.01% propene, 0.99% carbon rnonoxide and 1.03% carbon 



dioxide in helium. Finally, to calibrate the MS for analysis of water, water was produced by 
reacting propane and oxygen over a platinum mesh catalyst The feed concentrations of 
propane and oxygen were 3 and 6% respectively, the reaction temperature was 550°C and 
about 0.4 g of platinum mesh was used. At these conditions, die limiting reactant was 
oxygen, and the products a h o s t  entirely consisted of carbon dioxide, water and unreacted 
propane. But traces of carbon monoxide and propene were also present. The product water 
concentration was ap proximately 5 % as determined by GC analysis. 

Appendix B descnba in detail the method of treatment of the calibration data. 
Recalibration of the MS was c d  out daily during periods when experiments involving 
MS analysis were carried out Figure 3.6 shows the caiculated concentrations for the raw 
data in Figure 3.5, after application of the method of data treatment in Appendix B. The 
pressure transient, evident in the MS signal data, is removed from the concentration data. At 

steady-state operation, typically the total concentrations of carbon and oxygen in the praduct 
gas, detemined by MS analysis, were between 90 and 1 10% of their concentrations in the 

reactor feed. 

Time (s) 

Figure 3.6 Cdculated concentrations from step-changes in sample concentration 



4. Steady-state kinetics 

4. Steady-state kinetics 

T his chapter presents the resulu of a study of the steady-state reaction kinetics of the 
oxidative dehydrogenation of propane over Mg-V-O by nonlinear regression analysis. 

Both simple power law and mechanistic models were tested on kinetic data collected over a 
range of reaction conditions. The results of this study have been previously published [73]. 

4.1 Experimental plan and modelling methods 
The reaction kinetics were studied by performing a fdl two-level factorial design of 

experiments around a set of standard reaction conditions. Such a design of experiments not 
only efficientiy covered the experimental volume, but also minirnized correlations between 
the factors of interest, so that the a u e n c e  of each factor was maximized [74]. The factors 
chosen were the reactant concentrations (propane, oxygen and propene) and the reaction 
temperature. Propene was included as a reactant because its rate of combustion to carbon 
oxides was also of interest. Table 4.1 Lists the levels of the factors used. In al1 experiments, 
the mass of Mg-V-O catalyst used was 15 mg and the total flow rate of reactants including 
the diluting heliurn was 50 ml min-' (STP). At the reaction conditions used, the only carbon- 
containing products were propene, carbon monoxide and carbon dioxide. The standard set of 
reaction conditions were levels of the factors midway between the high and low levels in the 
factorial design, except the propene concentration. 

Table 4.1 
High and low levels of factors 

Factor Low Ievel High Ievel 
Propane Conc. (%) 3 6 
Oxygen Conc. (%) 6 12 
Propene Conc. (%) O 2 
Temperature (OC) 5 10 550 

Table 4.2 contains the measured outlet concentrations and calculated reactant 
conversions for the factorial design conditions. Some difficulties were encountered in 
collecting the data. The selectivity of the catalyst seerned to be dependent on previous 
conditions to which it had been exposed. Details of the methods used to collect the data are 
dicussed in Chapter 5. Replicate experiments at three sets of factorial design conditions 
were performed. In addition, eight replicates at the standard reaction conditions were 
included in the analysis. 



Table 4.2 
Product concentrations and reactant conversions at experimental conditions 
inlet Conc, (%) Temp. OutIet Concentration (%)" C a 8  O2 Carbon 
Cfla 0 2  (OC) CO C a  C3H6 C& ozb conv. conv. balanceC 

6 L 550 0.548 0.831 1.882 5.66 
aNorrnalized carbon distribution. 
b~alculated lrom normalized carbon distribution in products and assuming rhe only additional product is water. 
'Ratio of carbon in products to carbon in reactants. 
d Standard condition experirnents. 
'Repiicate experirneats. 

Nonhear legression analysis was used to examine the fit of different kinetic models to 
the data. Calculations were performed by a Fortran program using NAG sub-routines. For a 
given model, reaction rates were integrated over the mass of catalyst at each of the 
experimental conditions to calculate the outlet reactant and product concentrations predicted 
by the model. A derivative-free algorith, supplied with initiai parameter values, searched 
for the values of the model parameters that minimized the sum of the squared residuals. In 
some cases it was found the resulting parameter values the apparently minimized the sum of 
the squared residuals were dependent on the initial parameter values supplied to the program. 
As a result, the search algorithm was restarted with a range of initial parameter values to try 
to ensure that the final sum of the squared residuals was truly a global minimum as opposed 



to only a localized minimum. The h e a r  correlation of parameters was calculated and used 
as an estimate of the correlation between parameters in the non-linear models. 

Since only GC analysis was performed on the reaction products independent 
measurements of only propane, propene, carbon dioxide and carbon monoxide 
concentrations were made. Only these components were included in the regression analysis. 
In some cases, factors were centered about their mean values. For example, when the partial 

pressure of a species is raised to a power in a rate expression the following f o m  was 
assumed: 

where the partial pressure (P) was divided by an approximated mean value (P"). Such a 
cen tering procedure eases the parameter search b y minimizing correlations between the order 
(a) and the pre-exponential factor. The distribution of the factors about their mean is 
emphasized instead of their absolute values [75]. Similady, rate constants were expressed in 

the following Arrhenius fom: 

where the inverse temperature is centred about the inverse mean temperature, such that the 

fitted pre-exponential factors are determined at the mean temperature (530°C). 
In order to reduce the number of parameters to be  fitted in the regression analysis, 

constant estimated values of the entropy change of adsorption (AS0&) at standard conditions 
(1 atm and 25°C) were used. The translational contribution to the gas phase entropy was 
calculated from quantum mechanical theory, wMe the vibrational contribution can be 
considered negligibly smali for low molecular weight molecules [76]. With Literature values 
for the total gas phase entropy for each component [77], the rotational contribution was 
calculated. Mixture effects on the gas phase enuopy were considered negligible. It was 
assumed that upon adsorption, a molecule loses ail of its translational entropy and two thirds 
of its rotational entropy. Such an estimate of AS0& must be considered a maximum since it 
is possible for a rnolecule to have some limited rnobility on the caialyst surface and thus 
retain part of its translational entropy. The estimated values of ASoa& for oxygen, propene 
and carbon monoxide were -178, -230 and -174 J m o ~ '  R', respectively. The adsorption 
equfibnum constant of a species may be expressed as 



and thus only the enthalpy change upon adsorption ( ~ l f d )  is left as an adjustable parameter. 
The developrnent of equation 4.3 and the calculation of the ASo& values is shown in greater 
detail in Appendix C. 

The variance of results from the replicated conditions was used to estimate the error 
resulting from uncontrollable variations during the experiments. For a mode1 to be 
considered adequate, the variance of the model from the data ought to be no greater than the 
estimated uncontroilable experimental variance. The two variances were compareci with an 
F-test at a 958 significance level. In the case of nonluiear regcession, the F-distribution is 
not strictiy applicable, but without knowledge of the tme distribution it s a  provides some 
mesure of the lack of fit of the model [78]. 

4.2 Power law models 
Power law models examineci the effect that gas phase concentrations of the reactants had 

on the reaction rates. However, before power law rate models couId be  constmcted, reaction 
schemes had to be selected. In the following series type reaction scherne, al l  propene is 
produced from the oxidation of propane and a i l  carbon oxides are produced from the further 
oxidation of propene: 
C3H8 + 0.502 + C3H6 + H z 0  (4.4) 
C3H6 + 302 + 3C0 + 3H2O (4-5) 
C3H6 + 4.502 + 3C02 + 3H20 (4-6) 
The corresponding rate equations are 

Expressions for the rate constants in the form of Equation 4.2, were used. This model will 
be called PLI. An alternative to the above scheme, is to produce ail carbon dioxide from the 
further oxidation of carbon monoxide. In such a scheme reaction 4.6 is replaced by 
CO + 0S02 + CO;! (4.10) 
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and Equation 4.9 becomes 

This alternative mode1 will be c d e d  PL2. Table 4.3 shows the values of the fitted 
parameters for PL1 and PL2 and their approximate 95% codidence intervals. In Table 4.4, 
the sum of the squared residuals (SS) for PLI and PL2 are compared. The two resulting 
power law models had an equal number of parameters (12). Both models fit the data rather 
well with no signifcant lack of fit indicated for either. Also, the linearly estimated 
correlations between parameters was very low, being in ail cases less than 0.6. 

Table 4.3 
Parameters of PLI and PL2 by least-squares regression 
Mode1 Parameter Value Confidence Units 

Interval (95%) 
PL1 h o  7.45 24 .97~  10-' ml STP min-' (g cat)" 

k20 2.74 d . 7 7 ~  10-' ml STP min-' (g cat)-' bai(c*d) 
k30 5.34 lr2.64~ 10-l ml STP min-' (g cat)-' baie*O 
Ed 1 . 2 4 ~ 1 0 ~  +2.l1x1O4 J mol-' 
Ee. 1 .23x105 d . 6 2 ~  104 J mol-' 
E ~ S  1 .02~10~  +1 .41~10~  J mol-' 
a 5 . 3 0 ~  1 0" t 1 . 8 7 ~  10" 
b 2 . 8 9 ~  1 O-' t 1 . 6 0 ~  IO-' 
c 3 . 8 0 ~  1 O-' k6 .50~  10 -~  
d 1 . 6 5 ~  1 O" 2 1 . 7 8 ~  10-' 
e 2 .56~ 10-' - 2 . 9 3 ~  10" 
f 2 .82~  10-' I 1.06~10-' 

PL2 kro 7-45 6 . 0 3 ~  IO-' mi STP min-' (g cat)" 
k20 8.15 d . 7 8 ~  IO-' ml STP min" (g cat)-' bu-(cd) 
k30 1 .23~  1 0' 11.44 ml STP min-' (g cat)" bai("" 
E=I 1 . 2 4 ~ 1 0 ~  ~ . 1 1 x 1 0 4  J mol-' 
Ec~2 l.08x1o5 +1.27x104 J mol-' 
Ea3 3.1 1x10~ a . 2 7 ~ 1 0 ~  J mol-' 
a 5.3 l x l û '  t1.86~10-' 
b 2 .89~  1 0" 11.60x10-~ 
c 2 .96~  IO-' d . 9 5 ~  10*~ 
d 2.43~10-' 9 . 1 1 ~ 1 0 "  
e 6 . 2 2 ~  1 O-' + 1 . 0 6 ~  IO-' 

1.51~10-' t1.24~10-' 



Table 4.4 
Sum of squared residuals (SS) for PL1 and PL2 
Mode1 Number of Parameters SS 
PLI 12 7 .47~  10-~ 
PL2 12 7.53~ 10-~ 

Power Law modeis based on other reaction schemes were examined. One was a 
completely competitive reac tion scheme, whereby propene, carbon monoxide and carbon 
dioxide are a l i  produced from the oxidation of propane. The SS for this mode1 was very high 

(6.2~ IO-') and it was rejected due to lack of f i t  The residuals were parùcularly high for 
experiments in which propene was a feed reactant, indicating of course that such a reaction 
scheme could not adequately describe the quantities of carbon oxides produced only from 
propane. Reaction schemes that cornbined the series and competitive schemes were aiso 
examined. These models have an increased number of parameters because they allow for 
alternative routes for producing carbon oxide: either directly from propane or from the 
intermediate propene. There were high correlations between parameters in these models and 
only a small decrease in the SS was achieved compared to the series models. The simple 
senes type models adequately descnbed the data and produced well-defined parameters. 

In both the senes-type power law models the power on propane pressure was about 0.5 
and on propene about 0.3. The power on oxygen pressure tended to be less, ranging from 
0.15 to 0.3. Moreover, the confidence intervals were larger for the power of oxygen 
pressure, showing they were less signifkant The general conclusion could be drawn that the 

hydrocarbon gas phase partial pressures tended to have a greater effect on the reaction rates 
than did oxygen. From a mechanistic viewpoint, it suggested that the catalyst at these 
reaction conditions was nearly saturated with oxygen or completely oxidized. 

4.3 Mechanistic Models 
To construct mechanistic models, plausible reaction mechanisms must be formulated 

based on physical and chernical grounds. Four different mechanistic models are fomulated 
and compared here. Other models were tested; however those presented here show 
interesting characteristics of the data and, more or l a s ,  successhiily describe the data. 

The fust step may be the adsorption of propane or the reaction of propane with the 

catalyst surface. Since the alkane lacks n-bonding electrons, it is reasonable to assume that 
propane, if it adsorbs on the surface, is immediately dehydrogenated to propene, upon 
reac tion with surface oxygen 
C3Hg + + rnC3Hg (slow) (4.12a) 
&Hg + *O + e C 3 H 6 + H 2 0 + 0  (fast) (4.12b) 
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where represents a free surface site. An alternative to the above is that gas phase propane 
reacts directly with surface oxygen and is dehydrogenated, producing propene 
C3H8 + 00 + .C3H6 + HzO (4.13) 
In either case, it is assumed that an equilibrium is established between adsorbed and gas 
phase propene: 
3H6 w + C3H6 (4.14) 

Finaily, the adsorbed propene may further react with surface oxygen to produce carbon 
oxides 

C & + 3 ( n + l )  @O + 3 C 0 , + 3 H 2 0 + 3 n  + 4. (4.15) 
where n equals 1 or 2. Oxygen may be adsorbed from the gas phase onto the catalyst surface 
02t)S.O (4.16) 
Reaction products may also be adsorbed. An alternative to oxygen being supplied to the 
surface by adsorption from the gas phase, is to consider reactions 4.12b or 4.13 and 4.15 to 
reduce the catalyst surface. Gas phase oxygen, then in a separate reaction with its own 
kinetics, re-oxidizes the catalyst surface 
0 2 j 2 . 0  (4.17) 
The relative rates of the reducing and oxidizing reactions govem the oxidation state of the 

catalyst. This redox type of reaction scheme represents Mars-Van Krevelen type kinetics. 
For aU of the mechanistic models, it was not possible to account for the oxidation of 

carbon monoxide to carbon dioxide or express their production with separate equations 
without introducing signifïcant correlations arnong parameters. This is due to the small 
variation in the ratio of the carbon oxide products in the data collected. Thus ail of the 
mechanistic models developed only e s h a t e  the total quantities of carbon oxides produced. 
For purposes of accurately estimaàng the consumption of oxygen, all of the mechanistic 
models contaùied a power law model that determined the ratio of carbon dioxide to carbon 
monoxide, which was normally close to 1.5. 

The reactions for the fïrst model are 4.12 and 4.15 above. Oxygen, propene and carbon 
rnonoxide cornpete for the sarne adsorption sites. This kinetic rnodel wiIl be called LH 1. 
The appropriate rate equations are: 

where 6 represents the fraction of free sites on the catalyst surface. Equation 4.19 expresses 
the total production of carbon oxides. The expressions for the fractional coverage of oxygen 
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(Bo) and propene (&3H6)r based on Langmuir adsorption isotherms, are 

Including carbon monoxide adsorption improved the fit of the model. ln all models 
tested in which oxygen competed with other species for adsorption sites, the least squares 
solution for the parameters tended towards a small coverage of oxygen. The result was that 
AHoO2 becarne highly correlated with kzo such that the least squared solution could not be 
found. To prevent this correlation, a lumped parameter expressing kzo K~~~~~ *as estimated. 
This approach tested the suitability of the model and avoided excessive correlation of 
parameters. 

In the next model, oxygen adsorbs on separate sites. In addition, it wdl be assumed that 
gas phase propane reacts directly with oxygen on the catalyst surface. This modei will be 

called LH2 and its reactions are 4.13 and 4.15. The LH2 rate equations are 

ri = k, P ~ H ,  $0 (4.22) 

= k2%,~~%1 (4.23) 

Oxygen and propene adsorbed on separate sites and including carbon monoxide adsorption 
did not improve the fit of the model. The expressions for the fractional coverage of oxygen 

( 60) and propene ( 0 ~ 3 ~ 6 )  are 

For the LH2 model, the entropy of adsorption of oxygen was not estimated, thus one 
additional parameter was used to describe the adsorption of oxygen. The expression used for 
the adsorption equilibrium constant for oxygen, in this case, was: 

Upon fitting the LH2 rnodel it was found that the parameter ~ ' ~ 2 ,  WU highly correlated 
with kro, kzo, EaI and Ed. Attempts at reducing the correlation by estimahg lumped 
parameters failed. But despite the correlation problems, a least-squares solution was found. 



4. Steady-stare kinerics 

Table 4.5 shows the values of the fitted parameters for LHI and LH2 and their confidence 
intervals. No signifcant lack of fit was indicated for either model. 

The rate equations for the fust Mus-Van Krevelen type kinetic model, which will be 

called MV 1, are 

where represents the degree of reduction of the catalyst. Equations 4.27 and 4.28 above 
represent the rate at which the cataiyst is reduced, while equation 4.29 is the rate ai which it 

is re-oxidized. At steady-state, the total rate of oxygen consumption from the catalyst 
surface, must equal the rate at which it is replaced from the gas phase. Thus, it is possible to 

Table 4.5 
Parameters of LH1 and LH2 by least-squares regression 
Mode1 Parame ter Value Confidence Units 

Interval (95%) 
LH 1 k m  1 . 4 8 ~  1 o2 +.1.70x 10' ml STP min-' (g cat)" bar-' 

kz&m05b 3 . 0 3 ~  10' t1 .78~10'  ml STP min-' (g cat)-l 
LI 1 .04x 1 0' ~ . 1 6 x 1 0 ~  J mol-' 
ECLZ 1 .05x 10' d . 0 4 ~  104 J m o ~ '  

L H ~  -2.20~ 10' k4 .69~  103 J mol-' 
m g 0  -1 .85~10~ &.84x103 J mol-' 
a 1.84x1û1 @.83x10-* 
b 5 . 6 8 ~  10-1 &43x 10-' 

LH2 klo 3.36x102 t1.91x102 ml STP min-' (g cat)-' bai1 
k o  3.16~10' 11.84~10' ml STP min-' (g cat)-' 
LI 1 . 2 3 ~  1 o4 t 1 . 2 5 ~ 1 0 ~  J mol-' 
ECG 2 . 3 4 ~  1 o4 11.31~10~ J mol-' 
m 0 c m  -2.29~ 10' I 1 . 5 3 ~  103 J mol" 
moOz 3 . 5 6 ~  10' d . 5 9 ~  los J mol-' 
K002 3.58 &ï. 18 bar-' 



solve for p as 

where x is the ratio of carbon dioxide to carbon monoxide. Propene was assumed to be the 
only species that adsorbs to the catalyst surface, and its fractional coverage was represented 

by 

In MV1 the rate of reaction of propane is assumed to depend on the fraction of free sites 
(equation 4.27). An alternative is to have it depend on the quantity of oxygen on the catalyst 
or the degree of oxidation of the catalyst Such a kinetic mode1 will be called MV2. Its rate 
equations are the same as those for MV1 except equation 4.27 is replaced by 

5 = k ~ p c , ~ ,  ( I - P )  (4.32) 
and the corresponding expression for /3 becomes 

Table 4.6 shows the values of the fitted pararneters and their confidence intervals for 
both MVI and MV2. No signifcant lack of fit was indicated for either mode1 and 
correlations between pararneters were moderate at less than 0.8 in all cases. In Table 4.7, the 
SS is compared for each of the mechanistic models. The SS values for the mechanistic 
models do not Vary gready, but the MV2 model does have the lowest SS. 

In the LH1 mechanistic model, ali of the parameters included in the regression analysis 
were significant. However, the value of parameter a was small at 0.18, indicating the 
reaction rate of propane has little dependence on the fraction of free sites. The value of 
parameter b is also small at 0.57. This power on the fraction of oxygen coverage was 
included because it was thought that the rate of reaction 4.15 may have a higher order 
dependence on the oxygen coverage. Parameter b was moderately correlated with M ~ ~ ~ ~ &  
which accounts for its large confidence interval. If parameter b is removed from the model 



Table 4.6 
Parameters of MVl and MV2 by least-squares regression 
Mode1 Parameter Value Confidence Interval Units 

(95%) 
MV1 klo 1.43~ 102 t 1.28~10' ml STP min" (g cat)-' bar-' 

k20 1.63~10' d.45 ml STP min'' (g cat)-' 
kjlo 2.12x102 t 1 . 0 5 ~ 1 0 ~  ml STP min" (g cat)-' bafl 

1 .08~10~  ~ ~ 1 7 x 1 0 ~  J mol-' 

MV2 kro 1.63x102 11.69~10' ml STP min" (g cat)-' bai '  
k?o 1.88~10' d.44 ml STP min" (g cat)-' 
k30 1.58x102 4 . 1 8 ~ 1 0 '  ml STP min" (g cat)-' baf '  
E=I 7.55~ 1 o4 ~ . 7 7 ~  104 J morl 
Ea2 6.40x104 d.63xlo4 J mol-' 
Ea-3 2 .90~10~  6 . 3 2 ~  104 J mol-' 
m°C3H6 - 2 . 2 6 ~  105 t 1 .79~  103 J mol-' 

Table 4-7 
Surn of squared residuals (SS) for mechanistic models 
Mode1 Number of Parameters SS 
LH 1 8 7 . 6 8 ~  1 o - ~  

and the dependence on oxygen coverage is set to an order of one, the SS became inflated 
such that signifi~cant lack of fit resulted. The total power on the gas phase oxygen pressure 
(P02) in LH 1 is 0.28 (OSxb), which is close to the power on oxygen in the power law models 
for the production of carbon oxides. The results of the LH1 and power law models 
concerning the oxygen coverage appear to be contradictory. The low dependence on oxygen 
pressure in the power law models suggest the catalyst surface is nearly saturated with 
oxygen, yet the LH1 model demands a low oxygen surface coverage. However, crucial to 
the LHI model's satisfactorily fitting the data is the low value of parameter b that forces the 
dependence on oxygen partial pressure to be nearly that in the power law models. 

In the LH2 model an order of one on the oxygen coverage for the reaction of propane 
was sufficient. The most suiking result of the model was the positive value for the heat of 



adsorption of oxygen (AHOo?). The rnodel apparently required a higher concentration of 
oxygen on the catalyst surface at higher temperatures. 

Both of the Mars-Van Krevelen type kinetic models, MVI and MV2 fit the data 
satisfactorily without large correlations between the parameters. In MV 1, the value of 
parameter a is low, indicating, as with the LH1 model, only a srnail dependence of the 
propane reaction rate on the fraction of ernpty sites. Thus, the reaction rate of propane is 
better descnbed as king dependent on the degree of oxidation of the catalyst as in MV2, or 
similarly LH2. This is further supported by the lower SS for the MV2 model than the MVL 
model in Table 4.7. For 50th Mars-van Krevelen type models, the activation energy for the 

oxidation reaction ( E d )  is greater than that for either of the reducing reactions (E,, and Ed) .  
This indicates that the catalyst tends to be more oxidized at higher temperatures which 
corresponds to the higher oxygen surface concentration at higher temperatures predicted by 
the LH2 model. 

4.4 Conclusions and criticai analysis 
The fact that no reactions occurred in the blank experiments indicated that gas-phase- 

initiated reactions do not occur at the reaction conditions considered. Ln addition, reactions in 
the gas phase involving desorbed radical species were not considered to play a role because 
of the moderate reaction temperatures and because of precautions taken to minimize the void 
gas volume in the reactor. 

Figure 4.1 depicts the reaction rnechanism, at the reaction conditions examined, 
suggested by the kinetic modelling. The low dependence of the propane reaction rate on free 
sites on the catalyst in the LHI and MV1 models and the absence of gas phase initiating 
reactions indicated that gas phase propane reacts with oxygen on the catalyst surface by an 
Eley-Rideal type mechanism. It is possible that propane is initially only dehydrogenated to 
f o m  an adsorbed propyl species (*CsH7). In the models examined, it is assumed that this 
species is easily M e r  dehydrogenated to adsorbed propene, which is in equilibrium with 
gas phase propene. The adsorbed propene can be further oxidized by surface oxygen species 
to carbon oxides. The dficulty in descnbing the surface oxygen concentration by the LHl 
and LH2 models suggest that kinetic models of the Mars-van Krevelen type are more 
sui table. Ap parently, the oxygen surface concentration canno t be described as in equilibrium 
with the gas phase; instead, oxygen reacts with the catalyst with its own kinetics. Of course 
this model is probably simplistic and there could be multiple steps involveci in the 
transformation of gas phase oxygen into active lattice or surface oxygen. 
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Figure 4.1 hoposed reaction mechanism; ( H ) oxygen vacancy 

The proposed reaction mechanism is entirely consecutive. Propene is the initial product 
and carbon oxides are fomed from the further oxidation of propene. It is conceivable that 
some carbon oxides could be produced directly from the oxidation of propane. Huff and 
Schmidt have found that at very short residence times from 6 to 10 ms, the selectivity for the 

oxidative dehydrogenation of isobutane is nearly constant and independent of the conversion 
[79]. But when residence times were increased beyond this range and conversion hirther 
increased, selectivity for dehydrogenation products decreased sharply. Presurnably at the 
very short residence times, carbon oxides were formed almost exclusively from isobutane; 
however, at higher residence times, a consecutive mechanisrn began to dominate and carbon 
oxides were increasingly produced from the dehydrogenation products. For the set of data 
examined here, including a competitive route for production of carbon oxides from propane 
did not improve the fit of the models, as discussed for the power law models. In addition the 
parameters for the competitive route were highiy correlated with those for the consecutive 
route. For the set of data examined, the consecutive reaction route probably dorninated. 

Based on the proposed reaction mechanism, the key to obtaining a high selectivity for 
propene, is preventing its further oxidation. In particular, the suength of adsorption of 
propene to the cataiys t largely influences the selectivity. Recent work inves tigating the effec t 
of the catalyst basicity, which presumably influences the adsorption of the alkene, largely 
supports this Finding [54-591. 

It should be emphasized that no effort was made to examine the reaction lcinetics that 
determine the selectivity between carbon monoxide and carbon dioxide. Kinetic data were 
inadequate for such an investigation and it was considered secondary to the overall kinetics 
goveming propene and carbon oxide selectivity. 
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5. Reaction-condition-induced changes in catalyst 

D uring collection of the data for the factorial design of experimental conditions 
discussed in chapter 4, it was found that the selectivity of the catalyst may have been 

affected by previous conditions to which the catalyst had been exposed. In the experimental 
procedure, specid precautions were taken to ensure that data were coiiected with the cataiyst 
in about the same condition. This chapter describes the procedures followed to collect the 
factorial design data and the observed changes in the catalyst selectivity. In addition, the 

results of some further experiments, that seem to indicate the type of reaction conditions 
having the largest influence on selectivity are discussed. 

5.1 Collection of factorial design experimental data 
In a typicd experimental run to coliect the factorial design data, the catalyst was f ist  

exposed to a standard set of reaction conditions. The standard reaction conditions were 
propane, oxygen and propene feed concentrations of 4.5%, 9% and O%, respectively, and a 
reaction temperature of 530°C. After 3 h at the standard reaction conditions, the conditions 
were changed successively to three sets of randornly chosen conditions from the factorial 
design. Each set of the factorial design conditions was maintained for 3 h. Afterwards, the 
reaction conditions were again returned to the standard reaction conditions after which 
another three sets of factorial design conditions were run. This process was repeated for each 
set of the factorial design conditions. 

Figures 5. l a  and 5.lb show the product selectivities and reactant convenions 
respectively at the standard reac tion conditions for a typical experimental m. The initial 
selectivity for propene was just over 60% and decreased during the fist  3 h of reac tion while 
at the same tune the selectivity for carbon dioxide increased from about 23% to about 50% 
and the selectivity for carbon monoxide appeared to be about constant This trend continued 
after the first batch of three factorial design conditions were mn. In this period, the 
conversion of propane was constant at about 5.5%. Reflecting the change in selectivity from 
propene to carbon dioxide, the conversion of oxygen increased. Before the second batch of 
factorial design conditions was mn, the selectivities for propene and carbon dioxide reached 
about constant levels at 45% and 40% respectively. The selectivities rernained constant until 
the fourth batch of factorial design conditions were run; thereafter, the selectivity for propene 
decreased drarnaticdiy to about 33% while that for carbon dioxide increased to 50%. This 
large change in selectivities was accompanied by an increase in the conversion of oxygen to 
about 9.595, but again the conversion of propane remained constant. Further batches of 
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Figure 5.1 Typicai activity and selectivity measurernents at standard 
conditions 4/9/0/530 (this notation meaning 4 8  propane, 9% oxygen 
0% propene and 530°C) during an experimental run: (0) propane, (O) 

oxygen, (a) carbon dioxide, ( i )  carbon monoxide, (A) propene. 

factorial design conditions were run but the selectivity of the catalyst for propene remained at 
this low level; thus, the change in selectivity seemed irreversible. 

The tendency for the selectivity of carbon dioxide to increase at the expense of propene 
initially and then reach about a constant level for a period of varying length was reproducible 
for each experimental run with fresh sarnples of catalyst In addition during this period, the 

conversion of propane was about constant. The further large decrease in selectivity for 
propene occurred after three to five batches of factorial design conditions were run. It seems 
that the activity and selectivity characteristics of the catalyst at a given set of reaction 
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conditions were dependent on previous conditions to which the catalyst had been exposed. 
Because the factorid design conditions were nin in random batches of three, it was difficult 
to clearly determine if any particular type of conditions caused the shift in selectivity from 
propene to carbon dioxide. However, it should be noted that in all of the factoriai design 
conditions in the fourth batch, in Figure 5.1, the ratio of oxygen to propane was two to one, 
sugges ting reaction conditions with an excess of oxygen may have a particularly strong 
influence on the behaviour of the catalyst 

For the intended study of the reaction kinetics, only data for factorial design conditions 
were included if the standard reaction conditions, run before and afier, produced about the 
same selectivities and conversion of reactants. Thus, the standard reaction conditions were 
used to decide if significant changes in the catalyst had occurred. A set of kinetic data for 
the reaction, with the catalyst in presumably the sarne condition, was collected. Thus, the 
kinetic models in chapter 4, do not account for any of these observed changes in selectivity. 

5.2 Effect of different previous reaction conditions on selectivity 
Further expenments were performed to examine the effect of the initial reaction 

conditions on the selectivity at standard reaction conditions. Two different initial reaction 
conditions were compared: one in which the reactant concentrations were 12% oxygen and 
3% propane, which from this point on will be called the "oxidizing conditions". For the 
other conditions, the reactant concentrations were 6% oxygen and 6% propane, which wiil be 

called the "reducing conditions". The reaction temperature was 530°C. The names of the 
reaction conditions are not chosen to suggest that the catalyst is necessarily reduced or 
oxidized at either of them, but are used only to express the differences in the ratios of the 
reactants between the conditions. 

Figures 5.2a and 5.2b show the results when the fresh catalyst is exposed to the reducing 
conditions. In contrast to the results for the standard reaction conditions, there is no initiai 
decrease in the selectivity for propene. As Figures 5.3a and 5.3b indicate, when the fresh 
catalyst is exposed to the oxidizing conditions, the selectivity for propene decreased and 
became nearly constant after 9 h on Stream, while the conversion of propane was about 
constant After exposure of the catalyst to the oxidizing and reducing conditions, the activity 
and selectivity at the standard conditions were measured. When the fresh catalys t was frst 
exposed to the oxidizing or reducing conditions, the activity and selectivity at the standard 
conditions were constant. 

In Table 5.1, the activity and selectivity of the two sets of reaction conditions after 9 h of 
reaction on the fresh catalyst are compared to those predicted by the series-type power law 
model in which ail carbon oxides are produced from the further oxidation of propene. The 
activity and selectiviv predicted by the model cm be regarded as the results expected if the 

fresh catalyst were first exposed to the standard conditions. The propane conversion diffes 
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Figure 5.2 Activity and selectivity of fresh catalyst exposed to reducing conditions, symbols 
as in Fig. 5.1 

Table 5. I 
Comparison of catalyst performance under oxidizing and reducing conditions 

Oxidizing conditions Reducing conditions 
(3% Cs&, 12% 0 2 )  (6% ~ 3 ~ 8 ~ 6 %  Oz) 
Fresh Catalys ta ~ o d e l ~  Fresh Catalys ta ~ o d e l ~  

C3H8 conv. (%) 6.1 6.6 4.4 3.8 
C3H6 selec. (%) 30 5 1 64 61 
" After 9 h on Stream. 
b Predicted by power law model. 

little between either the reducing and oxidizing conditions or the rnodel predicted 
conversions. However, the measured selectivity for propene, of about 30% under oxidizing 
conditions is considerably lower than that predicted by the model. For the reducing 
conditions, the selectivity for propene is only siightly higher than that for the model and may 
be no greater than a difference due to experimental error. 
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Figure 5.3 Activity and selectivity of fresh catalyst exposed to oxidizing conditions, symbols 
as in Fig. 5.1. 

In Table 5.2, the acùvity and selectivity are compared for the standard conditions, after 

the fresh cataiyst was exposed to the two sets of initial conditions tested. The mean activity 
and selectivity of the standard conditions, cm be regarded as those expected after the fresh 
catalyst was exposed to the standard conditions. The conversion of propane is about the 
same at ail of the conditions in Table 5.2. However, the selectivity for propene at the 

oxidizing conditions is 3% lower than that expected if the initial conditions were the 
standard conditions. For the reducing conditions, the opposite is bue, the selectivity for 
propene is 2% higher. Since the range of propene selectivities at the standard conditions was 

from 46% to 51%, these differences are probably attnbutable only to experimental enor. 
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Table 5.2 
Cornparison of performance at standard conditions after varying initiai conditions 

Initial conditionsa 
Standard Oxidizing Reducing 
conditionsb conditions conditions 

C3H8 conv. (%) 5.2 5 -6 5.3 
C3H6 selec. (%) 49 46 5 1 
" Conditions to which fresh catalyst was exposed- 

Obtained from average of standard conditions. 

In Figure 5.4, diffractograms are shown of catalyst samples run for 12 h at the oxidizing 
and reducing conditions. The only phases idenWied in either catalyst sarnple were 
magnesium oxide and magnesiurn orthovanadate. There are no significant differences 
between the diffractograrns of the catalyst mn at the two reaction conditions. There are, 
however, differences between the diffractograrns of the fresh catalyst (Figure 3.1) and the 
used catalysts. In Figure 5.4, the peaks associated with the magnesium oxide phase are 
smaller and siightly broader. Exposing the catalyst to reaction conditions appears to degrade 
the crystals of the magnesium oxide phase, while those of the magnesium orthovanadate 
phase are unaffected. 

Overall, the trend in Table 5.2 and the results for the oxidizing conditions in Table 5.1 

indicate that initially exposing the cataiyst to conditions with an excess of oxygen reduces 
the selectivity for propene. This adverse effect of reaction conditions with excess oxygen on 
the catalyst's selectivity has not previously been reported in the Literature for the Mg-V-O 
catalyst or to my knowledge any other oxidative dehydrogenation catalyst However, the 

importance of the influence of the reaction environment on the selectivity of partial oxidation 
cataiysts at future reaction conditions has been recognized and reviewed [80]. Various 
physicai changes to the catalyst surface have been suggested as causes for this type of 
phenornenon. The XRD anaiysis results indicate there are no detectable dflerences in the 
bulk structure of the catalyst exposed to either the oxidizing or reducing conditions, and so 
the changes to the catalyst rnay be limited to the surface. One could specuiate that the 
oxidizing conditions rnay ùicrease the concentration or prornote the creation of more weakly 
bound, less selectively reacting surface oxygen, which persists even after the reaction 
conditions are changed to those that are less oxidizing. 
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Figure 5.4 X-ray diffractograms of Mg-V-O catalyst exposed to (a) oxidizing and (b) 
reducing conditions. 
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6. Step-change transient kinetic analysis 

6.1 Transient response techniques 

T he simplest method for studying a reaction mechanism is the fitting of steady-state data 

to various kinetic models, which is the approach used in Chapter 4. The s teady-state 
data are gathered over a range of reaction conditions. A problem with this method is that 
often many kinetic models fit equaily well to the same set of data. As with ail experimental 
work, a portion of the variation of the data results from uncontrollable experimental error. 
The remaining variation of the data, which is assumed to result from variations in reaction 
conditions, can be too srnali to distinguish among different kinetic models. Also, for a 
complex reaction it is often necessary to collect kinetic data over a wide range of conditions 
at many concentration levels of reactants and products in order to infer a complete reaction 
mechanism. Steady-state data c m  often provide useful empirical models even though such 
models may have no mechanistic interpretation. 

A catalytic reaction, either homogeneous in the gas phase or heterogeneous, consists of a 
series of elementary steps. Their sequential structure means that at steady-state, the rate of 
the overall reaction is only as fast as the slowest or rate-determinhg step. When a reaction is 
disturbed from its steady-state, other steps in the reaction mechanism can temporarily 
become rate-determining during the transient period as the new steady-state is approached. 
The result is that the transient response c w e s  of the products will display charactenstic time 

constants according to the kinetic structure of the reaction. 
Transient response techniques for investigations of reaction mechanisms have been 

reviewed [8 1,821. Kobayashi [83] used a series of mode1 reaction rnechanisms to simuiate 
product transient response curves resulting from a step-change in the reactant feed 
concentration. The simuiated reactions were heterogeneous and occurred over a catalyst with 
one or more types of active sites, unconstrained by the rate of mas  transfer. The reactor was 
operated differentially, i.e. conversion was low and concentration gradients dong the reactor 
axis could be neglected. Figure 6.1 shows four basic types of transient product responses 
resulting from a step-change increase in the reactant concentration at t h e  zero. For the Type 
1 response, the product concentration increases imrnediately. This means there are negligible 
quantities of adsorbed surface intermediates and the surface reaction itself or the adsorption 
of the reactant is the rate-determinhg step. The Type II response is a monotonie increase in 
product concentration. Here, the desorption of the product aione or product desorption in 
corn bination with surface reac tion or reactant adsorption are the rate-determining steps. Next 
is the Type III, overshoot response. This response indicates that regeneration of either active 
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Type 1 
lnstantaneous Response 
(a) Surface Reaction 
(b) Adsorption of Reactant 

Type II 
Monotonic Response 
(c) Desorption of Product 
(d) Combination of (a) and (c) 
(e) Combination of (b) and (c) 

Type III 
Overshoot Response 
(f) Regeneration of Active Surface 
Species or of Active Sites 
(g) Cornpetitive Adsorption of 
Reaction Components 

Type IV 
S-shape Response 
(h) Presence of some Stable 
Surface Intemediates 

Figure 6.1 Product transient responses and rate-determining steps 

surface species or sites is rate controlling. The overshoot response results when fresh 
catalyst, initiaily with a maximum number of active sites, is fust exposed to the reaciant. 
The reaction may be very fast, and begins to deplete the active sites. In a separate, slower 
reaction, the active sites are regenerated. The result is a rapid initial reaction rate, followed 
by a reduced rate as steady-state is approached. The S-shape response is Type N. For this 
response, an induction period occurs, indicating the development of a signifîcant 
concentration of stable intermediate species on the catalyst surface. The appearance of the 
product is delayed unal enough of the intermediate species accumulate. The types of 
responses discussed here are only the very simplest In a real reaction, one could expect 
combinations of these simple responses occurring. For example, the Type II and IIi 
responses could occur simultaneously. The increase in product concentration may be slow at 
fiist, occurring monotonicaily, due to readsorption of the product. However, it could reach a 
maximum later and then decrease as the regeneration of active sites becomes rate Iimitùig. 
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Thus, for cornplex reaction mechanisms with several products, combinations of responses 
may occur, each being different for each product 

The variable most often used to force a transient response on a reaction system is one or 
aii of the reactant feed concentrations, because they can be changed so abruptly. Forcing 
repeated and regular changes in reactant concentration (often in the fonn of square-wave 
inputs) on a reaction system is referred to as periodic operation. In such a case, the reaction 
rnay be in a constant state of transient response. An exception occurs when the changes are 
made at such a low frequency that the system has time to reach a steady-state between the 
changes. There are many examples in the literature of the use of transient response 
techniques andlor periodic operation for the study of reaction mechanisms [84,85]. 

Transient response methods do suffer from some weaknesses. In particular, it rnay be 
possible that the reaction mechanism inferreci from the transient response is different from 
that infemed from steady-state behaviour. This is particularly tme if large disturbances to the 

reaction are imposed such as during start-up. Large changes in the reaction environment can 
cause structural changes in the catalyst, a point that must be borne in mind in the design and 
interpretation of transient experiments. Otherwise, transient results c m  be misunderstood. 

To ensure the observation of steady-state kinetics, ideally only very smaii step-changes 
in reactant concentration should be imposed. However, from a practical viewpoint, it can be 
very dificult to measure the resulting transients, especiaily if the reactor is operated 
differentiaily and the product concentrations are already very low. As a result, expenments 
involving start-up and interruption of a reaction are most ofien used in transient kinetic 
studies. W ith transient response techniques, another important consideration is that, if 
possible, the reactor be designed to eLirninate mass transfer interferences so that only the 
effect of the reaction kinetics is obsemed. However, particularly in srna-scale reactors, 
mass transfer effects in the cataiyst bulk can often be convoluted with the transient 
responses. Also, if the reaction occurs at high temperature or, more importantly, is very fast, 
measuring transients requires high-speed analytical equipment- 

6.2 Transient response techniques appiied to oxidative dehydrogenation 
Various step-change experirnents were carried out on oxidative dehydrogenation of 

propane over Mg-V-O, both on starting-up and on interrupting the reaction from steady-state. 
The objective of this non-steady-state kinetic investigation was to extensively investigate the 
reaction mechanism. 

The reaction conditions used were close to those used in the steady-state investigation of 
the reaction kinetics, discussed in Chapter 4. In all experiments, reaction was carried out at 
510°C with 15 to 30 mg of catalyst. The reactor was operated at or near differential 
conversions of the reactants: steady-state propane and oxygen conversion were always Iess 
than 6 and 14% respectively. The total feed flowrate was held constant at 50 ml (STP) min". 
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To provide insight into the s tate of the catalyst during reaction, the masses of carbon or 
oxygen either accumulated or removed from the cataiyst during step-changes were estimated. 
Due to unavoidable dispersion and mixing effects, true step-changes in the feed 
concentration codd not be generated. Instead, mass balance calculations were based on 
measurements of the 'real step-changes' in feed concentrations obtained. These were 
measured by carrying out the step-changes at the same conditions except that the catalyst was 
replaced by a similar quantity of granular quartz chips. 

O 10 20 30 40 
l ime (s) 

Time (s) 

Figure 6.2 Reactant and product responses a k r  reaction SU-up 

6.3 Reaction start-up with fresh catalyst 
Figure 6.2 shows the results of a step-change from an initial feed containhg 6% oxygen 

to a reaction mixture of 6% oxygen and 3% propane over 2 1 mg of fresh catalyst. The step- 
change is s h o w  at time zero. From the delayed response of propane, it can be seen that the 
lag due to the gas hold-up for the reactor system was about 9 S. The broken curves in Figure 
6.2a show the inlet concentrations of the reactants estimated by performing the step-change 
at the sarne conditions except with the cataiyst replaced by quartz chips. The transient 
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responses support a redox type of reaction mechanism in which propane reacts with oxygen 
on the catalyst and gas phase oxygen re-oxidizes the catalyst. Figure 6.2a shows that with 
the fully oxidized fresh cataiyst, propane began to react immediately @ne l), while the 
reaction of oxygen was delayed about 4 s (he 2) until the catalyst was partiaily reduced. AU 
of the products foilowed an overshoot type of response. InitiaIly with an excess of oxygen 
on the catalyst, the reaction rate was high, causing fist a pedc in the product concentrations, 
but then as the catalyst was reduced, the reaction rate decreased and steady-state was 
approached. From Figure 6.2b, responses of the three carbon-containing products are nearly 
identical. 

The transient response of water is not shown in Figure 6.2b. Its form was the same as 
the other products; however, it was delayed by as much as 100 S. It was believed that water 
adsorbed to the reactor w d s  and intemals of the MS sampiing system, causing a 
chromatographie effect. Thus the water response does not unambiguously suggest a 
mechanism for the reaction, but neither does it preclude the possibility that water or water 
precursors (such as OH species) adsorb to the cataiyst surface. Figure 6.3 shows the 
instantaneous accumulation of carbon and oxygen on the catalyst for the data in Figure 6.2. 

Water is excluded from these mass balance caiculations. It is assurned the moles of water 
Ieaving the reactor always corresponded to the quantity of the other products, adjusted for the 
stoichiometry. One must bear in mind that the chemicai analysis was always subject to some 
bias, and even at steady-state a perfect carbon and oxygen mass balance was rarely achieved, 
although, the steady-state mass balances always closed to within about 10%. Even though it 
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Instantaneous accumulation of carbon and oxygen on catalyst 
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might appear that carbon was removed from the catalyst, this was not possible since the fresh 
catalyst did not contain carbon. After about 150 s, the carbon and oxygen balances became 
alrnost constant At this point, the reaction is at steady state and the differences between the 
m a s  balances and zero indicate the analysis bias. It is evident that the chemical analysis 
bias for carbon is greater than that for oxygen. Thus, the mass balance results were 
confounded with biases in the chernicd analysis. Also, srnaII abrupt pressure disturbances 
may have affected the results, although, measures were taken to control such disturbances 
(see section 3.2.2). The oxygen response for the feed to the reactor in Figure 6.2 appears 
stable, suggescing pressure disturbances were negligible. The oxygen mass balance in Figure 
6.3 indicates that a relatively large quantity of oxygen was removed from the catalyst and 
then the m a s  balance nearly agreed at steady-state. However, the carbon mass balance also 
decreased immediately after the step-change, but only recovered slightly as steady-state was 
approached. The loss of oxygen from the catalyst during the transient would appear to be a 
real effect, while the apparent loss of carbon is probably only a symptom of analyacal bias. It 
c m  at least be concluded that little to no carbon species adsorb to the surface of the catalyst. 
An attempt was made to estimate roughly the arnount of oxygen removed by integrating with 
respect to a linear baseluie between 10 to 150 S. In this case, the total quantiv of oxygen 
removed was estimated as 15 pmol. If it is assumed that only oxygen can be removed from 
the magnesium orthovanadate phase, and the catalyst consists of only the orthovanadate and 
magnesium oxide phases, then 4.1% of the maximum oxygen available was removed. 
Similar results were obtained for start-up of the reaction with a step-change from pure 
helium to both reactants, propane and oxygen. 

6.4 Reaction Interruption 
Figure 6.4 shows the product transient responses for step-changes causing the 

interruption of the reaction from its steady-state. In Figure 6.4a the step-change was made 
from propane and oxygen to pure heliurn while for Figure 6.4b the step-change was made 
from propane and oxygen to oxygen and helium. nie quantities of propane and catalyst also 
differed; for Figure 6.4a, 6% propane and 30 mg of catalyst were used while for Figure 6.4b, 
the quantities were 3% propane and 21 mg of catalyst. For the step-change to pure heliurn, 
the decrease in the carbon monoxide concentration appeared to lag that of propene and 
carbon dioxide. However, for the step-change to oxygen and helium, the concentrations of 
ail carbon containing products decreased at the same rate. The carbon monoxide lag 
suggests that a s m d  quantity of carbon species may in fact be present on the catalyst When 
a step-change was made to helium and oxygen, these species may have been quickiy 
oxidized, but with a step-change to only helium, only oxidation by surface oxygen occurred, 
which was perhaps a slower process. An alternative explanation is that carbon rnonoxide 
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Figure 6.4 Product transient responses after interruption of reaction; (a) 30 mg cat., 6% 
propane, 6% oxygen before and helium afkr interruption, (b) 21 mg cat., 3% propane, 6% 
oxygen before and 6% oxygen after interruption. 

itself is adsorbed on the catalyst; however, it must desorb more quickly after a step-change to 
oxygen than after a step-change to pure helium. 

The quantity of carbon on the catalyst was estimated by integrating the area below the 
carbon monoxide signai and above the carbon dioxide and propene signals. It was assumed 
that carbon monoxide would decrease at the same rate as carbon dioxide and propene if no 
carbon was present on the catalyst. The excess carbon monoxide indicated by the delayed 
signal was small, amounting to 0.23 v o l .  For comparison, the catalyst contaùied 132 mol 
of vanadium. 

For the step-change to oxygen and helium, the mass balances clearly indicated that 
oxygen was adsorbed or that the catalyst was re-oxidized. The quantity of oxygen 
accumulated on the catalyst was estimated as 6.7 mol. When the reaction was started with 
fresh catalyst, the oxygen removed was es tirnated as 15 m o l .  Thus, perhaps less than half 
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of the oxygen removed was replaced by re-oxidation. The catalyst, for which the reaction 
was interrupted with a step-change to pure helium, was aiso re-oxidized by exposure to 6% 
oxygen at the same reaction temperature, 5 10°C. Again, the mass balance calculations 
indicated that only a fraction of the original oxygen estimated to be removed was replaced. 

6.5 Reaction start-up with only propane 
If the oxidative dehydrogenation reaction occurs by a redox mechanism, it should also 

occur to some degree with oniy propane in the gas phase until the catalyst is fulIy reduced. 
This section deals with experiments performed to determine to what extent the catalyst alone 
c m  provide oxygen to drive the reaction and to examine differences in the activity and 
selectivity of the catalyst without gas phase oxygen. Cyclical experiments were carrieci out 
in which the catalyst was repeatedly reduced by reaction with only propane and then te- 
oxidized with oxygen. Between the reduction and oxidation sieps the catalyst was sometimes 
flushed with pure helium. Beforehand the catalyst had been exposed to steady-state reaction 
conditions with propane and oxygen for at least 3 h. Two types of cyclic experhents were 
performed, one with a Cpart cycle and the other with a 2-part cycle. For the bpart cycle 
experirnent, the catalyst was first exposed to 6% oxygen for 10 min, followed by pure helium 
for 5 min. Next, 6% propane was fed for 10 min, again followed by 5 min of pure helium. 
This process was repeated five tirnes and throughout, the reaction temperature was 
maintaùied at 5 10°C. The process for the 2-part cycle experirnent was the same, except that 
the helium flush steps between the oxidation and reduction steps were omitted. 

Figure 6.5a shows the product concentrations, during the first exposure to propane for a 
Cpart cycle experirnent with 17 mg of catalyst Within about the fxst 1 0  s, the product 
concentrations, decreased quickly, after which they decreased more slowly as the catalyst's 
supply of oxygen was depleted. The water concentration, although not shown here, was 
sufficient to account for all of the carbon containing products. Thus, there was no evidence 
that hydrogen was a product. For cornparison purposes, Figure 6.5b shows the product 
concentrations, during the same penod, when the same quantity of catalyst was exposed to 
both 6% propane and 6% oxygen. The catalyst for Figure 6.5b was f i s t  exposed io steady- 
state reaction conditions for 3 h, then only to oxygen for 30 min, followed by pure helium for 
30 min. Thus the cataiysts for Figures 6.5a and 6Sb  before the step-change were in about 
the same condition. The propene concentration in Figures 6.5a and 6.5b are very close, 
particularly irnmediately after the step-change. However, the carbon oxide concentrations 
are considerably lower when oxygen was not present in the gas phase. The reac tion without 
oxygen in the gas phase had much higher selectivity for propene (over 75%) cornpared to 
that with gas phase oxygen (about 60%), but at a lower conversion of propane. However, the 
lower propane conversion was mainly due to lower yields of carbon oxides, since the 
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Figure 6.5 Product response at reaction start-up; (a) 6% propane, (b) 6% propane and 6% 
oxygen 

propene concentrations were so close. When the cyclic experiment was perfonned with 30 
mg of catalyst it was similady observed that the same quantity of propene, could be initially 
produced without gas phase oxygen as with gas phase oxygen, but with lower concentrations 
of carbon oxides. 

The catalyst was found to be rather robust during the cyclic experiments. Each cycle of 
propane exposure produced the same quantities of products, thus no deactivation was 
observed. Figure 6.6 compares the product concentrations during propane exposures, for a 
2-part and Cpart cyclic experiment each with 30 mg of catalyst. In both cases the propene 
selectivity was high (over 70%). The product concentrations were somewhat higher for the 
Cpart cycle experiment, but these differences were considered to result only from 
uncontrollable experimental deviation. Overall, the product transient responses are identical 
between the 2-part and Cpart cyclic experiments. It was thought that the propene selectivity 
may be superior with the Cpart cycle, due to its heiium flush between exposures to propane 
and oxygen. During re-oxidation, it was considered possible that some weakly bound and 
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Figure 6.6 Product transient responses after reaction start-up without gas-phase oxygen; (a) 
Cpart cycle, (b) 2-part cycle. 

non-selective oxygen could be left on the catalyst surface, and the heliurn flush might 
remove these species. This was apparently not the case. 

Carbon balance calculations for the cyclic experiments indicated that carbon in some 
form was present on the catalyst surface. In contrat, the transient reaction start-up 
expenments with gas phase oxygen indicated that no carbon was present on the catalyst 
surface. Figure 6.7 shows the instantaneous accumulation of carbon and oxygen during the 
first 3 min of exposure to propane for the 4-part cycle experiment with 30 mg of catalyst. 
The carbon adsorbed on the catalyst very early during the fvst 30 s after the step-change to 
propane. The quantity of carbon was estirnated for each cycle and is shown in Table 6.1. 
After this large initiai adsorption of carbon on the catalyst, there was no evidence that large 
quantities of carbon continueci to accumulatc on the catalyst, because the carbon balance was 
within the normal .+IO% experirnental error. Still, it is possible that some smaii quantities of 
carbon conhueci to adsorb on the catalyst surface, contributing to some deactivation of the 
catalyst Table 6.1 also shows the estimated quantities of oxygen removed from the catalyst 
during each of the 10 min cycles of propane exposure. 
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Figure 6.7 Instantaneous accumulation of carbon and oxygen on catalyst after reaction start- 
up without gas-phase oxygen. 

Table 6.1 
Oxygen removal and carbon adsorption during exposures to propane 
Cycle No. Quantity of oxygen Percentage of total Quantity of carbon 

removed (junol) oxygen adsorbed ( p o l )  
1 74 14. L 4.9 
2 86 16.2 5.6 
3 97 18.3 5.2 
4 95 17.9 4.6 
5 100 19 5.4 

During the oxygen-adsorption parts of the cycles, oxygen was adsorbed by the catalyst 
for about 150 S. The total quantity of oxygen adsorbed was estimated for two of the cycles to 
be 44 p o l  and 47 pmol which correspondeci to 8.2% and 8.8%, respectively, of the total 
quantity of removable oxygen. The total quantity of oxygen adsorbed by the catalyst 
between the propane exposures was less than half of the oxygen estimated to be removed by 
reaction with propane. Considering the absence of deactivation of the catalyst during 
successive cycles, it is likely that this discrepancy was due mainiy to inaccuracies of the mass 
balance calculations. Immediately after the step-change to oxygen during the cyclic 
experiments, smali quantities of carbon oxides were produced. The quantity of this carbon, 
estirnated by integration of the carbon oxide signals was 1.4 p o l .  

Figure 6.8 compares the propane conversion and propene selectivity for two quantities 
of catalyst at the same reaction conditions with and without gas phase oxygen. For the 
results without gas phase oxygen, the results of one cycle of a Cpart cyclic experiment are 
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shown with 17 and 30 mg of catalyst. The ranges of conversions and selectivities are plotted 
for the duration of the 10 min penod of exposure to 6% propane. The propene selectivity 
tended to increase somewhat as the propane conversion decreases. For cornparison, the 
results obtained with the same quantities of catalyst, operated at steady-state with 6% gas 
phase oxygen, are plotted. It is clear that even at the same conversion of propane, much 
higher propene selectivity was obtained without gas phase oxygen. 

55 1 r I + 1 I 
O 2 4 6 8 10 

Propane Conversion (Oh) 

Figure 6.8 Selectivity and Conversion; (x) 17 mg cat ,6% propane, 6% oxygen 
at steady-state, (rt) 30 mg cat-, 6% propane, 6 8  oxygen at steady state, (+) 17 mg 
cat., 6% propane durùig 10 min exposure, (O) 30 mg cat, 6% propane during 
LO min exposure. 

6.6 Conclusions 
The transient response experiments provided considerable qualitative information 

regarding the oxidative dehydrogenation reaction mechanism. A number of the fmdings 
support the redox reaction mechanism whereby reaction of propane and intermediate 
productr, reduce the catalyst and gas phase oxygen re-oxidizes it. These include: 

During start-up of the reaction with fresh cataiyst, propane began to react irnrnediately 
while the reaction of oxygen was delayed by a few seconds. 
The transient response of the products consisted of an overshoot type response, during 
start-up of the reaction, suggesting the reaction rate was initiaily high because of excess 
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oxygen on the catalyst surface but then the reaction rate slowed as the catalyst was 
reduced and steady-state was approached. 
Mass balance calculations indicated the catalyst was partially reduced at the reaction 

conditions, perhaps losing 4% of the oxygen contaùied in the magnesium orthovanadate 
phase. 
The catalyst was active without the presence of gas phase oxygen for at least 10 min at the 

reaction conditions examined. 

During start-up of the reaction with gas phase oxygen there was no indication that any 

carbon species were present on the catalyst surface. This fmdhg agrees with D m  
spectroscopy and isotope exchange resuits in the Literature with a Mg-V-O catalyst, which 
also found no evidence of adsorbed hydrocarbon species on the catalyst [7 11. However, 
during interruption of the reaction with a step-change that stopped the feed of both propane 
and oxygen, a lag in the carbon monoxide signal was observed. This suggested that perhaps 
a smail quantity of carbon species was present on the catalyst and by a slow reaction the 

cataiyst oxygen oxidized these species. When the same step-change was perfonned and only 
the propane feed was stopped, whiie oxygen feed was maintained, no lag in the responses of 
any of the products was observed. During start-up of the reaction without gas phase oxygen, 
the mass balance calculations clearly indicated that some carbon species were deposited on 
the catalyst, immediately after the siep-change. 

When the reaction was operated without gas phase oxygen, and only the catalyst 
supplied oxygen for the reaction, the propene selectivity was superior compared to the 
steady-state operation of the reaction with gas phase oxygen. This was the case even at the 

same level of conversion of propane. 
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7. Transient kinetic modelling 

O ften it is not suffcient to analyze transient responses only quaiitatively, particularly if 
they are complex in nature. It is taken as axiomatic that a reaction mechanism c m  best 

be understood by mathematical modehg  of the kinetics. Yet modelling of dynamic kinetics 
is a much more complex task than the modelling of steady-state kinetics because it requires 
considerably more information than steady-state runs provide. Often the kinetic parameters 
determined under steady-state conditions are in a lumped form. For example, for a species 
that is adsorbed on the catalyst surface, its steady-state surface and gas phase concentrations 
are in equilibrium and the rates of adsorption and desorption are equal. Only an equilibrium 
constant is needed. During a transient response, the system may no longer be at equilibrium, 
and knowledge of the individual rates of adsorption and desorption are required and even the 
total number of adsorption sites. 

In this chapter, one of the steady-state kinetic models developed in chapter 4 is used as a 
starting point for modelling the transient kinetic responses presented in chapter 6. The 
transient data further test the applicability of the kinetic models and suggest some new and 
interesting insights into the reaction dynarnics. 

7.1 The transient kinetic mode1 

7.1.1 Rate models 
The kinetic modehg, discussed in chapter 4, revealed that a Mars-Van Krevelen type 

kinetic model, based on the reaction scheme in Figure 4.1, best described the steady-state 
data. The transient response data, discussed in chapter 6, also supported such a redox type of 
reaction mechanism. The Mars-Van Krevelen type kinetic model referred to as MV2 was 
used to model the transient data. The values of the model parameters are shown in Table 4.3. 
The rate equations for this kinetic model were 

5 = k l  pC,& (l -Pl ( 7 4  

r2 = k2ec,H6 (1- ( 7 a  

where f l  represents the degree of reduction of the catalyst and 8 ~ 3 ~ 6  the fractional coverage of 
propene on the catalyst surface. Equation 7.1 is the rate of reaction of propane to fonn 
propene on the catalyst surface. Equation 7.2 expresses the rate at which propene on the 
catalyst surface reacts to form carbon oxides. The kinetic model does not describe the 
selectivity between carbon monoxide and carbon dioxide. It is assumed that they are 
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produced only at some fixed ratio. The rate Equation 7.3 expresses the rate at which gas 
phase oxygen re-oxidizes the catalyst- 

The foiiowing differential equations express the transients in the gas phase concentration 
of each component: 

u -- WRT 
- - ( PqH,h - pc,Hi ) -- 

dt LE Vb& 
ri 

dPH2* u -- WRT 
--(pHloin - dt LE 

Since the reaction rates are dependent on the surface concentrations of propene (Om) and 

oxygen (Lm, expressions for their rates of change are needed: 

The rate equations derived from the steady-state data did not provide ai l  of the information 
required by the transient kinetic models. A few parameters had to be estimated and/or 
adjusted to fit the measured transient responses. From the steady-state kinetics only the 
adsorption equilibrium constant for propene was estimateci (Kcm); however, the transient 
kinetic mode1 required values for the individual rate constants for adsorption (b) and 
desorption of propene (kd,). It was assumed that they were related by: 

To fit the transient responses, values of kd, were chosen and the correspondhg value of kd 
was calculated from Equation 7.12. 
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Two parameters which had a large infiuence on the character of the transient responses 
are the number of adsorption sites for oxygen (Qo) and propene (&JH.J. The number of 
oxygen sites should be some fraction of the quantity of oxygen that the catalyst contains, 
representing the quantity of oxygen available for reaction at the surface. X-ray diffraction 
analysis of the cataiyst revealed that it consists predominantly of magnesium oxide (MgO) 
and magnesium orthovanadate (Mg3V208) phases. The magnesium orthovanadate phase is 
considerably more reducible and is pro bably heavily involved in the redox reaction. Thus the 
quantity of oxygen in the cataiyst involved in the reaction is thought to consist mainly of that 
contauied in the magnesium orthovanadate phase; however, probably only a fraction of that 
oxygen is available on the surface. In m o d e h g  the transient response data, Qo was 
estimated by an adjustable fraction of the oxygen contained in the maximum quantity of the 
magnesium orthovanadate phase (Xo). 

The quantity of sites for propene adsorption is more difficult to base on some character 
of the cataiyst. However, it is possible that the vanadium metai may serve as adsorption sites 
for propene. Again, only a fraction of the vanadium is accessible on the surface. For 
modelling the data, & 3 ~ 6  was estimated by an adjustable fraction of the vanadium contained 
in the catalyst (XcJH6). 

The void fraction of the cataiyst bed (E)  is also u h o w n .  However, for s m d  spherical 
particles packed in a relatively large diameter tube it is known to approach 0.4 [86]. 

7.1.2 Difision process 
It is generally assumed that transport of oxygen from the bulk of the catalyst to the 

reduced surface plays an important role in the transient responses. A simple mode1 for the 
rate of difhsion of bulk oxygen is used, based on the film theory of mass transport. The rate 
of change of the bulk oxygen concentration (Cob) is expressed as: 

The driving force for the diffusion process is the difference between the oxygen 
concentration in the bulk and at the surface (Ca). The instantaneous surface oxygen 
concentration is estimated as a function of the initial buk  concentration of oxygen (Co,,) and 
the degree of reduction of the catalyst surface by: 

The initial bulk concentration of oxygen was estimated as 3519 mol m". It is difficult to 
estimate independently the diffusivity of oxygen (kD), the area for transport (A), and the 
penetration depth (6). Therefore, these parameters were lumped together and estimated by 
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one adjustable parameter: 

When bulk oxygen transport is included in the transient kinetic modelling, it is assumed to 
occur in parallel with the normal kinetic process defined by equations 7.4 to 7.1 1. Equation 
7.13 is added to the problem and equation 7.11 altered to account for the contribution of 
oxygen transport to the surface from the cataiyst bulk. It is noteworthy that, as modelled 
above, the oxygen m s p o n  process will not affect the steady-state of the system. At steady- 
state the driving force for oxygen transport becornes zero. 

7.1.3 Reactor mdel  
The reactor is rnodeiled as a series of volume elernents each representing a weil-shed 

tank reactor. Each volume elernent containeci an equal quantity of catalyst. A sufï3cient 
number of volume elements is included such that the complete reactor approaches that of a 
fixed bed with plug flow. This approach simplifies the computational demands of the 
problem by allowing it to be rnodelled with only ordinary differential equations. 

During start-up of the reaction, the temperature rise due to reaction was about 3°C. 
Since the catalyst temperature was measured near the end of the bed, it indicares the 
temperature gradient over the catalyst bed. A 3°C increase in the reaction temperature above 
510°C, causes only srnall increases of 4% in the reaction rates rr and rz. This estirnate is 
based on the predicted activation energies for the MV2 model, rl and r~ rates. The rate of re- 
oxidation of the catalyst (0) is more temperature-sensitive because of irs higher activation 
energy. The corresponding increase in its rate is higher at 18%. Still, these temperature 
effects are relatively small and do not significantly affect the transient responses. This 
justifies the use of an isothermd model. 

The pressure drop across the reactor was less than about 10 kPa, thus it is assumed 
isobaric. The increase in the superficial gas velocity, due to expansion of the gas by reaction, 
is neglected, because of the low conversions (below 10% for both oxygen and propane) and 
the low partial pressures of the reactants. The catalyst was a fme powder. It is estimated the 
catalyst particles were less than 50 pm in diameter. Activation energies for the steady-state 
kinetic models developed in chapter 4, were usualiy greater than 70 kJ mol-', in the range 
expected for kinetically controlled reaction rates. Thus, intra particle mass transfer can be 
saFely assumed insignificant. 

The simulations were performed with MATLAB (version 4.2). The numerical 
integration was performed with a subroutine that uses a semi-implicit Runge-Kutta technique 
that is capable of solving even stiff systems of ordinary differential equations. 
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7.2 Modelling results 

7.2.1 Reactim start-up 
Figure 7.1 compares experimental and simulated results for the transient responses of 

reactants and products from a step-change in the propane concentration from O to 3%. The 
sep-change is made at time zero. In the experiment, the oxygen feed concentration is held 

constant at 6%, the mass of catalyst is 21 mg and the reaction temperature is 5 10°C. The 
catalyst was pre-treated at the reaction conditions for 3 h, and then exposed to oxygen for 0.5 
h before the s tepchange. 

Table 7.1 shows the values of the adjustable parameters chosen for the dynarnic model. 
The values of the parameters were chosen by a simple visual fit of the predicted transients to 
the experimental transients. Transport of bulk oxygen was not included in the mode1 used 
for Figure 7.1. Ten discrete volume elements were used to simulate the reactor. In fitting the 
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Figure 7.1 Experirnental and simulated results for reaction start-up with 6% oxygen and 3% 
propane. 
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Table 7.1 : Dynamic model parameter values used in Figure 7.1 
Parameter Value 

0.38 
0.0 1 

1 mol min-' (g cat.)-' 
0.4 

transient data, the value for the propene adsorption equilibrium constant (KCJH6) from the 
MV2 rnodel was not directiy used. From the MV2 model, the value of KCJH6 at 5 10°C was 
1156 bai'. The value used in the transient model was 23 1 bar-' because this lower value 
better predicts the observed steady-state propene selectivity. The propene adsorption 
equilibrium constant determines the selectivity among propene and the carbon oxides. The 
propene selectivity predicted by the model is considerably lower than that of the transient 
data, even once steady-state is achieved. As discussed in chapter 5, the propene selectivity of 
the catalyst deteriorates with age at reaction conditions with an excess of oxygen. The MV2 
model is denved from data collected after considerable aging of the catalyst (at least 6 h) 

under such conditions. On the other hand, the transient data were collected after a much 
shorter catalyst tirne-on-stream. Thus, there is justification for adjusting the value of the 
propene adsorption equilibrium constant. 

Agreement of the simulated and experimental results is reasonably good, considering 
almost ai l  of the kinetic parameters used, except the adsorption equilibrium constant for 
propene, Xcm and Xo, are estimated from data collected at steady-state conditions. 

The overshoot type response observed experimentally is reproduced by the model. 
During the transient the catalyst was reduced, so it is the rate of re-oxidation of the catalyst 
that becomes rate controiling. Figure 7.2 shows the change with t h e  of the reduction of the 
catalyst and the surface coverage of propene axiaily along the reactor. Both increase rapidly 
after the step-change and approach steady-state at about the same Ume as the gâs phase 
concentrations in Figure 7.1. The surface propene concentration reaches a peak, as does the 
gas phase concentration before decreasing and approaching steady-state. It is somewhat 
surprishg to find that the degree of reduction increases along the length of the reactor. One 
might expect that the reduction might be greatest at the front of the reactor where the 
propane concentration is highest. Aithough not shown here, the propene concentration 
increases almost monotonicaily along the reactor, whereas the carbon oxide concentrations 
increase more rapidly ahos t  exponentially. This is due to the consecutive nature of the 
kinetic sequence assumed. At higher conversion dong the reactor, the selectivity to propene 
decreases and formation of carbon oxides extracts considerably more oxygen from the 
catalyst, accelerating reduction of the catalyst bed at the end of the reactor. 
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7.2.2 Mode1 testing and parame ter sensitiviiy 
A large number of weU-mixed volume elements increases the accuracy of the reactor 

model. However. the cornputer simulation time aIso increases with the number of volume 
elements. Thus a compromise is necessary. The effects of the number of volume elements 
on conversion and selectivity are s h o w  in Table 7.2. 

Table 7.2: Effect of volume elements on steady-state mode1 predictions 
Number of Propane Oxygen Ropene 

Volume Elements Conversion (96) Conversion (%) Selec tivi ty (96) 
1 4.9 5.6 45.7 
3 5.0 5.4 52.6 
5 5.1 5.3 54.4 
7 5.1 5.3 55.2 
10 5.1 5.3 55.9 
13 5.1 5.3 56.3 
16 5.1 5.2 56 -4 

It can be seen that propane and oxygen conversion are constant after only about 5 
volume elements are used. Propene selectivity is more sensitive to the number of volume 
elements. Higher conversions of the reactants should be obsenred as plug flow is approached 
and the number of volume elements increases. Yet, this was true for propane but not for 
oxygen. Oxygen conversion decreases because propene selectivity increases. Because 
conversion of propane and oxygen are low, the reactor is nearly gradientless with respect to 
their concentrations and only five volume elements were needed to adequately model plug 
flow. However, the selectivity to propene is about 55%, meaning that because of the 
consecutive steps in the reaction rnechanisrn, the conversion of propene. produced from 
propane, is also on the order of 50%. The propene concentration changes greatly dong the 
reactor and the secondary reaction, the conversion of propene to carbon oxides. is sensitive 
to its variation. A relatively large number of volume elements is needed to accurately model 
the propene concentration gradient In aU of the simulations presented in this chapter, the 

number of volume elements used is 10. 
The void fraction of the catalyst bed has only a very weak influence on the simulation 

results. It was varied between 0.3 to 0.7 and the mode1 predictions showed litde sensitivity. 
At low values of the desorption rate constant for propene (b). about O. 1 mol min-' (g cat.)-'. 

the selectivity to propene is sensitive to this parameter. Increasing bes, increases the 
selectivity to propene. However, beyond a certain value. it has little effect on the simulation 
results and the propene selectivity is unchanged. because & according to equation 7.12 
becornes sufficiently large. At this point, gas phase and surface concentrations are in 
equilibnum throughout the transient The value of bs used in the simulations, unity, is in 
the range where propene selectivity is independent of kd, and equilibrium is maintained. 
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The predicted propene selectivities, controiled by the value of the propene equilibrium 
constant, are close to those observed experimentally. 

The dynarnic mode1 parameters with the largest effect on the simulation results are Xo 
and Xc3~6. Xo affects the height of the overshoot peak and the t h e  to reach steady-state. By 
increasing the amount of oxygen available on the catalyst, the maximum reaction rate 
increases and it takes a longer time to reach steady-state. XeJHa influences the tirne at which 
the peak rate is reached. With a large number of sites for propene adsorption, the fraction of 
occupied surface adsorption sites increases slowly, causing the secondary reaction (which 
depended on Oc*) to increase slowly as well. In the experimental results the peak rate is 
reached very quickly, about 10 s after the step-change (not including gas holdup time). To 
obtain this very fast response, a low value for X~~J?&O.O~, was used. Since Xc3~6 represents 
the fraction of the vanadium content of the catalyst that is propene adsorption sites, the low 
vaiue of XCIHs perhaps suggests that the vanadium metal may not serve as adsorption sites for 
propene. It can be seen in Figure 7.2, that increases rapidly after the step-change. At 
low values of X~3~6,  the height of the overshoot peak, normally controiled by Xo, becomes 
insensitive to the quantity of oxygen on the cataiyst surface and the maximum rate depended 
on the number of sites for propene adsorption. 

As pointed out earlier, the cataiyst used for the results in Figure 7.1 was pre-treated at 
reaction conditions. Step-change rneasurements were also made with fresh catalyst and the 
transient responses appear in Figure 6.2. An overshoot response was observed. The main 
difference between responses was that for the fresh catalyst, a considerably higher peak 
reaction rate was observed. The peak carbon dioxide concentration was alrnost 0.4%. No 
combination of reasonable values for the adjustable parameters can reproduce such a large 
response. The inability of the mode1 to fit step-changes for fresh catalyst samples is not 
surptising. The fresh catalyst rnay undergo structural changes when first exposed to 
reactants and the rate controlling step may change or there is some irreversible reduction of 
the cataiyst. 

Experimental mass balances, discussed in chapter 6, did not indicate carbon deposition 
on the catalyst surface during reaction start-up with both propane and oxygen. However, for 
step-changes that interrupted the reaction, the response of the carbon monoxide signal lagged 
propene and carbon dioxide, indicating the possible oxidation of carbon species adsorbed on 
the catalyst surface. For an experiment in which 30 mg of catalyst was used the estimated 
quantity of carbon oxidized from the catalyst surface was 0.23 pmol. For 21 mg of cataiyst, 
this would correspond to about 0.16 m o l .  The 21 mg of cataiyst contained 92 p o l  of 
vanadium. The small quantity of adsorbed carbon predicted by the simulation agrees with 
the experimental measurements. In addition, DRDT spectroscopy and isotope exchange 
experiments reporteci in the literature [63] found no evidence of adsorbed hydrocarbon 
species on a Mg-V-O catalyst. This finding supports our results indicating that carbon on the 
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catalyst, if present at dl, must be at low concentration. Figure 7.2 indicates the average 
coverage of propene is about 0.15, this cornesponds to 0.42 v o l  of carbon. The predicted 
quantity is greater than that measured experimentally, but the agreement is reasonable 
considering the error of the measurement. 

Experirnental mass balances clearly indicated that oxygen was removed from the catalyst 
during reaction start-up with both oxygen and propane. For the experimental results in 
Figure 7.1, it was estimated that 1.7% of the oxygen from the orthovanadate phase was 
removed during the step-change. Figure 7.2 indicates the average degree of reduction of the 
catalyst surface is about 0.25 as steady-state is approached. To satisfactoriiy model the 
transients, the catalyst surface is set to contain 38% (Xo) of the oxygen content of the 
orthovanadate phase. The simulation predicts that 9.5% of the oxygen is removed. In this 

case, the experimental and simulated results differed more. 

7.2.3 Transport of bulk oxygen 
Figure 7.3 shows the simulated transient responses with allowance for the transport of 

bulk oxygen. They can be compared to the correspondhg experimental results in Figure 7.1. 
9 3 The value of the lumped parameter for oxygen transport (o) is 17.5~10' m min-'. The 

inclusion of oxygen transport from the catalyst bu& smoothes the transient responses and 
delays the onset of steady-state, but does not affect the overshoot peak, probably because the 

transport does not occur until the catalyst surface has been partidly reduced. Including 
oxygen transport in the dynamic model moderately improves the agreement between 
simulated and experimental resulis in Figure 7.1. 

I 
O 500 1000 1500 

Time (s) Time (s) 

Figure 7.3 Sirnulated results with oxygen transport for reaction start-up with 6% oxygen and 
3% propane (experimental results in Fig. 7.1). 

Xo and o seern to be inversely correlated; thus, it is difficult to assign values to them. A 

high value of Xo and a low value of o slow the approach to steady-state. More information 
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regarding the physical properties of the catalyst may be needed to estimate values for these 
parameters. 

7.2.4 Reaction without gas phase oxysen 
The top two graphs in Figure 7.4, are repeated from Figure 6.5. They compare transient 

response results with and without gas phase oxygen. In both cases the catalyst had been 
exposed to reaction conditions for 3 h. Thereafter, the cataiyst was treated by a Stream 
containing 6% oxygen in helium for 0.5 h, followed by pure helium for 0.5 h. In both cases 
the cataiys t mass was 17 mg and the reaction temperature 5 10°C. S tep-changes were made 
at tirne zero. In both transients the response of propene is similar for about the fust 3300 S. 

The most striking difference between the two transients is the considerably reduced 
production of carbon oxides in the absence of gas phase oxygen. Selectivity for carbon 
oxides was reduced irnmediately after the step-change. 
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Figure 7.4 Expenmental and simulated results for reaction start-up demonstrating effect of 
gas phase oxygen. 
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The bottom two graphs in Figure 7.4 show the corresponding simulated transients. For 
both simulations the values of the dynamic model parameters are those in Table 7.1. For the 

transient with gas phase oxygen, the simulateci and experimental resuits match reasonably 
weil. However, in the absence of gas phase oxygen, the dynamic model fails to predict the 
improved propene selectivity observed experimentdy. The propene transient is correct, but 
the levels of carbon oxides are too high. The overshoot peak concentrations of carbon oxides 
for the transient without gas phase oxygen are the same as with gas phase oxygen. This 
result is not surprising, since it is not until after the catalyst is partialiy reduced that the re- 
oxidation of the caialyst with gas phase oxygen begins. Ody after this point, should the 
absence of gas phase oxygen become noticeable. After partial reduction of the catalyst, the 
carbon oxide concentrations decline rapidly and improved propene selectivity is predicted. 
Thus, the mechanistic model used predicts improved propene selectivity when gas phase 
oxygen is absent. The model essentiaiiy consists of two consecutive reactions, both 
consuming oxygen. By the initial reactiûn, production of propene occurs, but without re- 
supplying the catalyst's oxygen reserve, the secondary reaction, oxidation of propene, is 
stified. According to the kinetic model, propene selectivity should improve ody after partial 
reduction of the catalyst. 

7.3 Conclusions and discussion 
A dynamic model based on a redox type kinetic model, with a simple consecutive 

reaction scheme successfully models the observed transients, during start-up of the reaction 
with catalyst previously exposed to reaction conditions. This c o n f i s  that the observed 
overshoot response is due to the partial reduction of the catalyst during the transient. The 
dynamic model cannot simulate the large overshoot response observed during start-up of the 

reaction with fresh catalyst. To obtain a good fit of the dynamic model a very s m d  num ber 
of sites for surface propene adsorption, compared to the vanadium content of the catalyst, 
had to be assumed. This result agrees with experirnental mass balances which indicated that 
Little to no carbon is present on the catalyst surface. 

Mass transport of oxygen from the catalyst bulk to the surface may be an important 
process during the transient responses. However, the rate of oxygen transport is correiated 
with the quantity of oxygen species on the surface available for reaction. Thus, it is not 
possible to unambiguously quantify the rate of oxygen transport and the oxygen initially on 
the catalyst suface. 

When start-up of the reaction occurs in the absence of gas phase oxygen, a simila. 
overshoot response is observed. However, the high propene selectivity observed 
immediately after the step-change is not correctly predicted by the dynamic model. This 
indicates that there are inadequacies with the kinetic model. Apparently, the presence of gas 

phase oxygen promotes the production of carbon oxides, even immediately after start-up of 
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the reaction when the catalyst is not partiaily reduced. A nurnber of possible explanations 
can be proposed to explain the observed phenornenon. One possibility is that the gas phase 
oxygen reacts with propene or other carbon species adsorbed on the catalyst surface to 
produce carbon oxides. Also, it has often been suggested for partial oxidation reactions, 
including the oxidative dehydrogenation reaction [62], that the selectivity is dependent on the 
binding strength of the oxygen species. Loosely bound surface oxygen is considered more 
reactive, and thus, likely to cause carbon-carbon bond breakage and promote total oxidation. 
Whereas, strongly bound lattice oxygen is less reactive and favours partial oxidation. There 
may be different types of oxygen species on the catalyst surface, including some that are 
reactive enough to cause the direct and total oxidation of propane. This would add an 
additional route for the production of carbon oxides to the reaction mechanism. It seems 
reasonable that such non-selective surface oxygen species may be more prevalent when gas 
phase oxygen is present. 

We speculate that the state of reduction of the catalyst rnay have to be included in the 
dynamic mode1 and perhaps ailowance must be made for the exposure history in order to 
achieve a model capabIe of describing all our transient observations. Building such an 
extensive dynamic model is weli beyond the objectives of this thesis. 
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8. Periodic operation 

T he selectivity of partial oxidation reactions may be highly dependent on how the 
reactants - hydrocarbons and oxygen - are contacted with the catalyst. If so, non- 

conventional reactor designs or operation could be used to tailor reactant and catalyst contact 
to minimize deep oxidation. To this end, there have been some recent studies into the use of 
cataiytic membrane reactors for the oxidative dehydrogenation of ethane [87,88] and propane 
[89,90]. It is thought that by controlled feeding through a membrane, the oxygen could be 
better distributed to regulate the extent of the side reactions, thus leading to higher yields and 
selec tivities. 

Both Pantandis et al. [89] and Téllez et al. [90] have examined the use of different inert 
membrane materials to distribute oxygen to a fmed bed of Mg-V-O catalyst for propane 
oxidative dehydrogenation. Pantazidis et al. claimed that use of the membrane feeding of 
oxygen resulted in a marked increase in propene yields, compared with conventional gas 

phase CO-feeding. T6ilez et al., on the other hand, did not find any notable improvement in 
yields by such a reactor configuration. Instead they pointed out that one can extend the range 
of safe reactor operation by avoiding flammable mixtures of the reactants by distributing the 

oxygen feed. Also, the formation of hot spots could be decreased. 
In another study, the electrocatalytic oxidation of propane on Mg-V-O cataiysts was 

tested [91]. The Mg-V-O catalyst was deposited on a silver electrode to which oxygen ions 
could be electrochernicaiiy pumped. It was claimed that the electrochemically supplied 
oxygen was more selective for propene production than that supplied by the gas phase. 

In this chapter, a non-conventional mode of reactor operation is examined for oxidative 
dehydrogenation: periodic operation. The reaction is camed out by cyclically feeding 
reactant mixtures of different compositions. Transient responses to this type of forcing can 
reveal additionai information regarding the reaction mechanism and kinetics [84,85]. 

8.1 Potential benefits of periodic operation 
Silveston [92] has reviewed the application of penodic operation to complex reactions 

for selectivity irnprovements. Many of these reactions consist of consecutive-cornpetitive 
reaction schemes, like the following: 

A + B + C ,  C + B + D  
A + B + D  

where A and B are reactants, C is the desired product and D is undesired. Partial oxidation 
reactions often foliow this scheme where A is a hydrocarbon and B is oxygen. By applying 
penodic operation to these consecutive-cornpetitive reaction schemes, selectivity 
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improvements c m  be achieved. The concept is simple: when A and B are fed, the firs t 
reaction in the consecutive path builds up the concentration of C; at the same Ume, the 
second reaction, forming D, begins to accelerate. By ternporarily cutthg off the feed of B 
and perhaps also A, the second reaction can be choked before the concentration of C is 
reduced to its steady-state level. 

For the oxidative dehydrogenation of propane, the transient experimental results, 
discussed in chapter 6, demonstrate that even at the same conversion of propane, carrying out 
the reaction without gas phase oxygen results in improved propene selectivity. The 
modemg results, in chapter 7, suggest that this improved selectivity is not merely the result 
of exploiting the consecutive reaction scheme. The dynamic mode1 consishg of a 
consecutive reaction scheme, could not account for the improved propene selectivity 
observed immediately after start-up of the reaction without gas phase oxygen. These 
findings indicate that the oxidative dehydrogenation reaction is a promising candidate for 
operation by some sort of composition modulation scheme. Apparently, improved selectivity 
can be achieved not only by exploiting the consecutive reaction scheme but also by 
preventing some total oxidation pathways involving the presence of gas phase oxygen. 

Periodic operation of the oxidative dehydrogenation reaction has already been studied. 
Phillips Petroleum 1931, Atlantic Richfîeld [94], and Dow Chernical [95] have obtained 
patents for oxidative dehydrogenation processes involving altemating feeds of air or oxygen 
and an alkane over different metal oxide catalysts. A Ukrainian research group seem to have 
been the first to publish results for the oxidative dehydrogenation of butane over Mg-Mo-O 
and Mg-V-Mo-O catalysts by altematkg feeds of air and butane [96-981. They reported 
butene selectivities of 65% at 70% butane conversion. More recently, researchers at Dow 
Chemical extended the Ukrainian research [56,57]. Thek aim was to develop a practical 
transported bed catalyst. Commercialization of a cyclic process would require the use of a 
fluidized bed reactor where the catalyst would be transported to a separate reactor for re- 
oxidation. The Dow group c d  their process 'Anaerobic Oxidation of 'B utane' . 
Experimentdy, they sirnulate the two vesse1 fluidized bed reactor system by performing the 
reaction in a fmed bed reactor operated with altemating pulses of butane and oxygen. They 
have reported butene selectivities of up to 802 at about 50% butane conversion. 

The Dow Chemicd researchers have pointed out that an additional advantage of their 
process is that the detonation hazards of mixtures of butane and oxygen are avoided. But, 
other than reporting attractive results, groups that have studied oxidative dehydrogenation 
under periodic operation have not explained why such a mode of operation results in superior 
selectivity. 
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8.2 Experirnental Methods 
In aU periodic operation type experiments, 20-40 mg of catalyst was used and the 

reaction temperature was 5 10°C. Feed to the reactor alternated between two feed streams 
that were mixtures of propane and oxygen, both diluted in helium. 'Ihus a 2-part feed cycle 
was used; cycle periods were between 10 to 400 S. 

Typically periodic operation experiments were performed with the same sample of 
catalyst. After pre-treatment of the catalyst (as described in Section 3. l), steady-state 
reaction with 6% propane and 6% oxygen was carrieci out for 3 h. A senes of periodic 
operation experiments were then consecutively performed in a random order. After each 
penodic operation experirnent, steady-state conditions were re-introduced for at least 1 h and 
product analysis was perfonned to ensure that the catalyst retained the same activity and 
selectivity. Each penodic operation condition was run for at least 10 cycles. Typically after 
about five cycles, the response was reasonably constant. The product concentrations were 
integrated over the final five cycles to calculate time-average concentrations, conversion, and 
seIectivity . 

For each periodic operation condition, the correspondhg tirne-average steady-state 
conditions were also run. Periodic operation results are compared to these steady-state 
results. 

8.3 Modes of Cyciic Operation 

8.3.1 Variation of cycle penods ut I:I  split 
Since the selectivity of the reaction is improved by reacting propane without gas phase 

oxygen, an obvious strategy was to operate the reaction by altemately feeding propane and 
oxygen. In these initial experiments, 30 mg of catalyst was used. Feed to the reactor 
aitemated between 6% propane and 6% oxygen, both diluted in helium. A feed cycle 
consisted of exposures to propane and oxygen of equal duration (1: 1 cycle spiit), varying 
between 10 and 400 S. 

Figure 8.1 shows the product responses during the final three cycles at four cycle 
periods. At the longest cycle period, 400 s, product responses are similar to those observed 
during the step-change expenments without gas phase oxygen. After the switch to propane 
feed there is an overshoot, then the product concentrations decline rapidly during about the 

f i s t  50 S. They continue to deciine, but much more slowly during the remainder of the 
propane feed haif of the cycle. During the initial rapid decline in product concentrations, the 

deciine in the carbon oxide concentrations is slightly steeper than that of propene, so that the 

selectivity increases for 20 to 30 s after the peak in product concentrations. For the 
remainder of the propane-feed half of the cycle, the selectivity is about constant At shoner 
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cycle periods the responses are sirnilar, except the interval of decline is shortend und at the 
40 s cycle period, when only the peak in product concentrations remains. 

During the oxygen-feed half of the cycle the product concentrations always deche  to 
zero within about 10 s (Figure 8.1). Mass balances for step-change experiments indicated 
that a small amount of carbon was deposited on the catalyst during start-up of the reaction 
without gas phase oxygen (see Section 6.5). nius, it would not be surprising if carbon 
oxides were produced during the oxygen-half of the cycle. Figure 8.1 shows that 
immediately after the switch to oxygen, the decline of the carbon dioxide concentration lags 
slightly behind the d e c h e  of propene and carbon monoxide. This is clearest at the shorter 
cycle periods. This lag in the carbon dioxide signal may be due to oxidation of carbon or 
carbon-conmg species on the caraiyst surface. 

Aithough not shown here, the product responses at the very shortest cycle periods, 10 
and 20 s, were somewhat different. At the 20 s period, the responses were similar to those at 
40 s, except the product concentrations peaked at a lower level than for the 40 s period, 
before they declined after the switch to oxygen feed. During the oxygen-feed half of the 
cycle, not all of the product concentrations declined to zero; in particular, the carbon dioxide 
concentration remained relatively high. At the shortest period, 10 s, product responses 
neither peaked during the propane feed haif-cycle nor declined to zero during the oxygen 
feed halfcycle. The selectivity was different; the carbon dioxide concentration was always 
greater than the propene concentration. The responses were enatic because the cycle 
frequency was close to the maximum scanning frequency of the mus spectrometer (about 
1.8 s). Also, under this condition of rapid cycling, the catalyst is not exposed to pure feeds 
of oxygen and propane because of mixing in the reactor systern. 

Figure 8.2 shows the time-average propane conversion, propene selectivity and propene 
yield at each cycle period tested. Yield is simply the product of conversion and selectivity 
(conversion x selectivity). For a l l  periodic operation conditions, the corresponding t h e -  
average steady-state conditions are a feed of 3% oxygen and 3% propane. Results at these 
steady-state conditions are indicated on the axis of the plots for cornparison. Operating the 
reaction without gas phase oxygen increases propene selectivity. Not surprisingly, the 
propene selectivity during periodic operation with cycle periods greater than 10 s is always 
high, at least 70%, and well above the 5 1% selectivity at steady-state. At ail cycle periods, 
the time-average propane conversion is lower than the comparable steady-state conversion. 
The propane conversion tends to increase as the cycle period is shortened, due to the 
overshoot responses. At long cycle periods, greater than 200 s, the increase in propane 
conversion is small, because the decline in the product concentrations is slower after long 
exposures to propane. The increased propane conversion 3t shorter cycle penods cornes with 
a penalty in the propene selectivity. The propene selectivity is highest at the longest cycle 
penod and slowly declines as the penod is shortened. This occurs because immediately after 
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Figure 8.2 Time-average conversion, selectivity and yield; 0 selectivity, * conversion, . 
yield. 

the catalyst is re-exposed to propane, foiiowing the peak in product concentrations, there is a 
short interval (20-30 s) of increasing selectivity. Also, &ter the switch to oxygen, as the 
product concentrations decline rapidly, the carbon dioxide concentration lags slightly and the 
propene selectivity is again low (see Figure 8.1). As the cycle period is shortened, these 
intervals of start-up and suppression of the reaction dominate the responses and contribute to 
a net reduction in the the-average propene selectivity. 

From the 40 to 20 s cycle period, the time-average propane conversion abruptly dropped 
and was only 4.7% for the 20 s penod. At the 20 s period the duration of the propane 
exposure was apparentiy not long enough for the peak in product concentrations to be 
reached before the switch to oxygen feed. The tirne-average propene selectivity was only 
slightly lower at the 20 s period than at the 40 s period. At the 10 s cycle penod, the time- 
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average propene selectivity drops sharply to about 60%, close to the time-average steady- 
state result. The time-average propane conversion is high at about 5.5% and again close to 
the result at tirne-average steady-state. At the 10 s period, the process appears to be close to 
'relaxed7 steady-state operation which refers to conditions when c y c h g  is performed rapidly 
enough such that the reaction behaves as though it is at steady-state conditions. This 
phenornena occurs because the rate of cycling exceeds the response time of the caialfic 
reaction. However, in this case this apparent relaxed steady-state behaviour may owe its 
cause not sirnply to the slower dynamics of the catalytic reaction compared to the feed 
switching, but also to gas mixing in the reactor that prevents the catalyst from being exposed 
to pure feeds of propane and oxygen under the most rapid cycling. Figure 6.2 indicates that 
the response time for a step-change in the propane feed concentration, measured without 
catalyst, is about IO s (not including dead-the due to the gas hold-up on the reactor system). 

From a process design viewpoint, what is most important is the propene yield as shown 
in Figure 8.2 b. At long cycle periods, although the propene selectivity is highest, the 
propane conversion is low and thus the yield is lower than at steady-state. It is only at cycle 
periods of less than about 160 s, that the propane conversion is sufficiently high for the 
penodic operation propene yield to compete with and even exceed that at steady-state. At 
cycle penods of less than about 80 s, there are smder  gains in propene yield, and even 
eventuaily a decline, as the the-average propene selectivity faüs. 

8.3.2 Curnparison tu other steady -state conditions 
The superior performance of periodic operation cornpareci to tirne-average steady-state 

conditions, shown in the previous section, is due to the better selectivity of the reaction 
without gas phase oxygen, as observeci from step-change expenments in chapter 6. A more 
demanding test of periodic operation is to compare it to a broader range of steady-state 
conditions. Can we conclude that periodic operation of the reaction is gglobally superior to alI 

steady-state conditions? Or is there, for any given periodic operation, some set of steady- 
state conditions that provide an equally good performance? 

To answer these questions, it was necessary to determine whether superior steady-state 
performance can be achieved by lowering the feed partial pressure of oxygen. In ail steady- 
state data coilected thus far, the oxygen-to-propane feed ratio has been at least one. Table 
8.1 shows some steady-state results with low feed concentrations of oxygen. Details about 
the methods used to coliect this data and additional similar data are discussed in chapter 9. 

Table 8.1 shows that at both feed concentrations of propane, as the oxygen-to-propane 
ratio is Lowered from 1 to 0.2, the propene selectivity increases by 7 to 10%. At a feed 
concentration of 3 % propane, the propane conversion is essentiaiiy cons tant, varying from 
5.3 to 5.8%. But with a feed of 4% propane, the propane conversion decreases from 5 to 
4.3%. The result is that the propene yield tends to increase at lower feed concentrations of 
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propane but remains about constant at 4% feed propane, as the oxygen feed concentration is 
10 wered. 

The selectivity of the reaction appears to be at least partially a function of the gas phase 
oxygen concentration, with higher selectivity favoured at low oxygen partial pressure. The 
literature suggests that higher propene selectivity occurs when the catalyst is more reduced. 
At the lower feed concentration of propane and the lowest concentration of oxygen, the re- 
oxidation reaction is sufficiently fast to maintain the same oxidation state of the catalyst and 
the same level of conversion of propane. This result agrees with the steady-state modelling 
results (see Section 4.2) that indicated that the reaction rate of propane had only a weak 
dependence on the partial pressure of oxygen. However, at higher feed concentrations of 
propane (4% propane and additional results at 6% propane to be shown in chapter 9), die 
same level of conversion of propane cannot be rnaintained as the oxygen feed concentration 
is lowered. 

Table 8.1 
Steady-state reaction with varying feed oxygen concentration* 
Feed Concentration (%) Ratio Coiiversion (%) Propene Propene 
Propane Oxygen WC3H8 Propane Oxy gen Selec. (%) Yield (%) 
3 3.6 1.2 5.3 11.0 53 2.8 
3 3 1 5.4 12.3 57 3.1 
3 2.4 O. 8 5.6 16.3 57 3.2 
3 1.8 0.6 5.3 18.3 62 3.3 
3 1.2 0.4 5.8 29.8 63 3 -7 
3 O- 6 0.2 5.4 52.5 64 3.5 

Under reaction at low concentrations of oxygen, the propene selectivity is irnproved and, 
at least at a low concentration of propane, conversion can be rnaintained such that the yield is 
improved. Thus, at the nght conditions, operating the reaction at steady-state with a low 
concentration of oxygen may increase propene yields to levels comparable to tirne-average 
yields obtained by periodic operation. 

8.3.3 Variarion of cycle splits 
One factor that places periodic operation with a 1: 1 spiit at a disadvantage relative to 

steady operation is that half of the time no products are produced while the catalyst is being 
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re-oxidized. This greatly iimits the tirne-average conversion. In the next series of 
experiments, the propane-oxygen feed split is varied to determine if the oxygen-feed half of 
the cycle c m  be reduced and a desired propane conversion maintained. These experiments 
compare the relative rates of the oxidation and reduction processes that occur during the 
catalytic reaction. 

Figure 8.3 shows the product responses during periodic operation at four different cycle 
splits. For ail experiments in which the cycle split was varied, the propane exposure part of 
the cycle was maintained at 50 S. The oxygen exposure part of the cycle was varied between 
5 and 60 S. The cycle split notation used corresponds to the propane:oxygen ratio. Thus a 
k0.4 split means the cycle period consisted of a 50 s feed of propane and a 20 s feed of 
oxygen. 

The product responses during the propane exposure part of the cycle was essentially 
identical when the oxygen part of the cycle was varieci between 20 and 60 s, even though 
Figure 8.3 shows only the results for oxygen exposures of 30 and 50 S. The product 
concentrations reached a peak afkr exposure to propane and then deched  until the switch to 
oxygen feed. As with the 1 : 1 split results, the decline of the carbon dioxide concentration 
lagged slightly behind the other products during the oxygen feed part of the cycle. When the 
oxygen feed duration feu to 10 s or less, the peak in the product concentrations after 
exposure to propane was lower; however, the product concentrations at the end of the 
propane exposure were at about the same level as for splits with longer exposures to oxygen. 

Figure 8.4 shows the propane conversion, oxygen conversion, propene selectivity and 
propene yield for periodic operation with varying cycle splits. The periodic operation results 
are compared to their corresponding results at the same tirne-average steady-state conditions. 
The oxygedpropane ratio refers to the ratio of the duration of oxygen to propane exposures 
for periodic operation or the ratio of oxygen to propane concentration in the feed for t h e -  

average steady-state conditions. Thus an oxygen/propane ratio of 0.4 refers to a periodic 
operation cycle split of 1 :0.4 and the corresponding tirne-average steady-state conditions are 
a feed of 4.3% propane and L -7% oxygen. 

The propane conversion was constant for periodic operation when the oxygen exposure 
was greater than 20 s or the oxygedpropane ratio was greater than 0.4. At shorter oxygen 
exposures, the propane conversion decreased because of the lower peak product 
concentrations as indicated in Figure 8.3. For the tirne-average steady-state results, the 
propane conversion always decreased as the oxygen/propane ratio was decreased. The 
oxygen conversion for both penodic operation and steady-state conditions increased as the 
proportion of oxygen feed was decreased. Oxygen conversion was always higher for steady- 
state conditions reaching as much as 70% at low oxygen concentration. As with the propane 
conversion, the propene selectivity was constant for penodic operation when the oxygen 
exposure was greater than 20 s, because product responses were identical during the propane 
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Figure 8.3 Product responses for penodic operation with varying cycle split 
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Figure 8.4 Tirne-average conversion, selectivity and yield for periodic operation and tirne- 

average steady-state conditions; * periodic operation, 0 steady-state 

exposures over this range of splits. The propene selectivity increased slightly at the lowest 
oxygen exposures. The propene selectivity was dways higher for periodic operation 
cornpared to steady-state. For steady-state, the propene selectivity was constant when the 
oxygenlpropane ratio was greater than 0.6, but increased at lower oxygen concentrations. 
This follows the behaviour reported for improved propene selectivity at lower gas phase 
oxygen partial pressures from Table 8.1. T'he propene yield is higher at ail of the penodic 
operation conditions cornpared to steady-sîate. 

For periodic operation, the duration of the oxygen exposure could be shortened to as 
little as 20 seconds at the same propane conversion and propene selectivity. The results 
indicate that the rate of re-oxidation of the catalyst is rapid. For a cycle period consisting of 
a 50 s exposure to propane, the catalyst re-oxidizes almost completely during the first 10 s of 
exposure to oxygen. After about 20 s, further exposure to oxygen is unnecessary. By 
varying the split, so as to reduce the oxygen exposure t h e ,  the performance of periodic 
operation for propene yield remains constant as long as the oxygen exposure is not too short, 
but the productivity of the catalyst is improved. At shorter oxygen exposures of 10 and 20 s, 
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the catalyst is not re-oxidized to the same extent as at longer oxygen exposures. It was 
observed for the 1: 1 spüt results that during the propane-feed half of the cycle the propene 
selectivity increased for a short interval after the peak in product concentrations. At the 
shorter oxygen exposures in Figure 8.3, this change in selectivity is not as apparent, which 
explains the slightly higher selectivity indicated in Figure 8.4 for these cycle splits. It is also 
possible that at the shortest oxygen exposures, preventhg 'over-oxidation7 or 'hiLi-oxidation' 
of the catalyst rnay improve the initial selectivity after exposure to propane. Alternatively, 
the initidy stable selectivity, imrnediately after exposure to propane, may simply be a 
consequence of the consecutive sequence of the reaction mechanism because the propane 
conversion changes relatively slowly during this interval. 

8.3.4 Variation of the propane feed scheme with I:! splits 
Thus far, in all of the penodic operation experiments feed to the reactor has been 

altemated only between propane and oxygen. This is often referred to as 'bang-bang' 
cyclùig. In the previous section, evidence indicated that preventing the cornplete oxidation 
of the cataiyst may improve selectivity. Thus, it could be of some benefit to feed some 
propane during the oxidation part of the feed cycle to prevent complete oxidation. To 
investigate this possibility, experiments were undertaken in which the feed scheme of 
propane was varied. 

Figure 8.5 illustrates how the feed scheme was varied. From bang-bang operation, in 
which feed is altemated between propane and oxygen, successively more propane is fed 
during the oxidation half of the feed cycle. Finally, the feed of propane is re-distributed to 
the point where propane is fed constantly at 3% and only oxygen is fed intermittently. Of 
course, in a l l  of the experiments the the-average steady-state feed is the same: 3 1  propane 
and 3% oxygen. The experiments in Figure 8.5 were perforrned at cycle periods of 60 and 
100 S. 

Figure 8.6 shows the product responses for the fmal three cycles of penodic operation 
with the feed scheme as illustrated in Figure 8.5. The cycle penod for the results in Figure 
8.6 is 100 s, the comsponding results at a cycle penod of 60 s are shown in Figure 8.7. 
There are few differences between the product responses at the two different cycle periods 
for identical feed schemes. 

Considerable quantities of products were produced during the oxidation haif of the feed 
cycles even when only 1% propane was fed. During these periods of simultaneous feed of 
propane and oxygen, the propane conversion was high but the propene selectivity was low 
with the dominant product being carbon dioxide. The selectivity differences of the two 
halves of the feed cycle were most clearly shown when propane was fed constantly at 3% and 
only oxygen was fed intermittently. In this case the concentration of propene and carbon 
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Figure 8.5 Variation of propane feed scherne 

monoxide were almost constant while the concentration of carbon dioxide cycled between 
very high and low values, reflecting the feed of oxygen. During 'bang-bang' c y c h g  a strong 
overshoot in the product responses was observed. As more of the propane was fed during the 
oxidation half of the cycle, it was expected that the catalyst would be less oxidized at the 
beginning of the propane feed half of the cycle. This appears to result in a progressive 
weakening in the overshoot response. However, even when propane was fed constantly at 
3%, a smail overshoot in the propene concentration occurred when oxygen was removed 
from the feed. Upon start-up of the reaction with propane and oxygen, during step-change 
response experirnents, an overshoot response was observed (see section 6.3), presumably 
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Figure 8.6 Product responses during periodic operation and variation of propane feed 
scheme; 100 s cycle split. 
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Figure 8.7 Product responses during periodic and variation of propane feed scheme; 60 s 
cycle period. 
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conversion appears to exceed the steady conversion when 2 and 3% propane are fed d u h g  
the oxidation haif of the cycle. This may result because of the very different stoichiomew 
and oxygen demands of the reactions for producing carbon oxides versus propene. One c m  
think of bang-bang cycling and steady-state operation as two extremes. With bang-bang 
c y c h g  the selectivity is highest but conversion is low, while the opposite is tme for steady- 
state operation. In accordance with Mars-Van Krevelen kinetics, the oxygen supply on the 
catalyst drives the reaction and govems conversion. When some of the propane is fed during 
the oxidation half of the cycle, conditions are between the two extremes of bang-bang 
operation and steady-state. Selectivity is still sornewhat better than for steady-state 
operation. The key is that the production of propene consumes 7 to 10 thes  less oxygen 
than the production of carbon oxides. Thus, it seems possible, under conditions that favour a 
Little higher selectivity to obtain a higher propane conversion because of a Lower demand for 
oxygen. In effect, oxygen is used more efficientiy. 

As expected, the oxygen and propane conversion increased as more propane was fed 
during the oxidation half of the cycle. However, since the propene selectivity was always 
higher than for steady-state operation, the oxygen conversion never exceeded the steady-state 
conversion. For bang-bang cycling at cycle penods of 60 and LOO s, the propene yield was 
higher than at steady-state. Propene yield is a balance between conversion and selectivity. It 
appears that at a cycle period of la0 s, the gain in conversion was high enough and the loss 
in selectivity was low enough that yield increased as more propane is fed during the 
oxidation half of the cycle. On the other hand at a cycle period of 60 s, the propene yield 
was nearly steady. The unsteadiness in the propene yield is likely contributed by errors in 
both conversion and selectivity, leading to some uncertauity of interpretation. However, the 
differences in the trends for propene yield at the 60 and 100 s cycle periods may stem from 
die fact that for bang-bang cycling the propene yield at a 60 s cycle period is near optimum. 
Thus perhaps M e r  improvements in the propene yield cannot be obtained at the 60 s cycle 
period by changing the feed scheme of propane. 

8.4 Catalyst reduction by propane pulsing 
Experirnents were performed in which the catalyst was continuously reduced by pulsing 

or periodic feeding of propane altemated with helium, without any feed of oxygen. Changes 
in the product responses during the short propane-feed pulses after sigrSicant reduction of 
the catalyst are shown in Figure 8.9. A propane pulse consisteci of 6% propane fed to the 
catalyst for 30 s; between pulses of propane, helium was fed for 20 S. Samples of catalyst 
with masses 20,30 and 40 mg were exposed to 30 pulses of propane feed. 

Previously experiments were performed in which catalyst was exposed continuously to 
propane for up to 10 min (see section 6.5). In the bang-bang cycling experirnents, at the 
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Figure 8.9 Product responses during pulsing of propane altemated with helium. 
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longest cycle period, the catalyst was exposed to propane for 200 S. In these previous 
experiments, an overshoot always occurred a k r  the cataiyst was exposed to propane. AU 
products appeared immediately and for a short interval after the peak in product 
concentrations, the selectivity increased as product concentrations quickly decayed. Beyond 
ihis point, the selectivity remained stable as product concentrations declined more slowly as 
the catalyst was depleted of oxygen. Responses for periodic feeding of propane, shown in 
Figure 8.9 are different. For the fwst pulse of propane there is a fast decline in activity, as 
observed earlier. In subsequent pulses, no overshoot response is observed and the activity 
retums to about the level in the previous pulse because the catalyst is not re-oxidized 
between pulses, even though, over the entire 30 pulses a declining trend in activity is evident. 
The trend in ac tivity during about the fust 10 pulses is no table. The ac tivity fust declines 
then increases for about five more pulses and then declines thereafter. This temporary 
restoration in activity is never observed when the catalyst is continuously exposed to 
propane. Some sort of m a s  transport effect may lie behind the restoration in activity: 
perhaps after some critical degree of reduction of the catalyst surface is reached, transport of 
oxygen from the catalys t buk begins, temporarily increasing the ac tivity. Even so if 
transport of oxygen from the catalyst bulk were important, at least some overshoot might be 

expected during the propane pulses, since the surface should be re-oxidized during the 
helium-feed half of a cycle. Another suggestion for the restoration in activity is transport of 
oxygen along the length of the catalyst bed. A strong gradient in the degree of oxidation of 
the catalyst may develop along the length of catalyst bed. When reaction is intempted, the 
oxygen in the catalyst bed may redistribute. A f i a l  possibiiity is that some restructuring of 
the catalyst surface occurs during the helium feed that increases the reactivity of the oxygen 
remaining on the catalyst surface. 

Figure 8.10 provides a closer look at the product responses for a selection of pulses from 
the experiment with 40 mg of catalyst. As the catalyst is reduced, there appears to be a slight 
lag in carbon oxide production compared to propene, when the reaction re-starts. The 
propene selectivity increases as the catalyst is reduced; on the other hand, this may be simply 
a result of the decreasing conversion of propane. In the bang-bang cycling experiments, a lag 
in the response of the carbon dioxide concentration is observed upon switching to oxygen 
feed. This may result from the oxidation of carbon species on the catalyst In propane 
pulsing results, no such lag in carbon dioxide is evident upon switching to helium. In this 
case, there rnay not be sufficient oxygen on the catalyst to oxidize any surface carbon 
species. 

Figure 8.1 1 shows the average conversion, selectivity and cumulative oxygen removal 
from the catalyst for each pulse of propane. The trends in activity observed in Figure 8.9 are 
reflected in the average propane conversion in Figure 8.11. After the first pulse, there is a 
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Figure 8.10 Product responses for a selection of pulses over 40 mg of catalyst. 
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Figure 8.1 1 Average conversion, selectivity and cumulative oxygen removal for propane 
pulsing . 

large decrease in propane conversion, but in the next 3 to 6 pulses the conversion increases 
again slightly, before continuing to decrease. Propene selectivity increases as more oxygen 
is removed from the cataiyst and the propane conversion decreases. It is weii-known that 
with such a partial oxidation reaction an inverse relation exists between conversion and 
selectivity to the intermediate product. However, in a comparison of the selectivity and 
conversion for individual pulses, this relation is not entirely followed. Although the 
conversion is higher with 30 mg of catalyst than with 20 mg, the selectivity differs little 
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between these two masses of catdyst. Only with 40 mg of catalyst does conversion seem 
high enough to cause a drop in selectivity. The conversion with 20 and 30 mg of catalyst 
rnay be too low for any signifcant consecutive reaction (oxidation of propene to carbon 
oxides) to occur, causing the selectivity to be independent of the propane conversion. For 
the fuial pulses of propane over 40 mg of catalyst, the conversion drops to between 2.5 to 
3 2 .  This is about the same conversion for the initial pulses over 20 mg of catalyst. For the 
final pulses over 40 mg of catalyst, the catalyst is considerably more reduced and the propene 
selectivity is about 86% compared to between 75 to 80% for the initial puises over 20 mg of 
cataiyst. It is apparent that part of the increase in propene selectivity is due to an 
improvement in the selectivity of the catalyst at higher degrees of reduction. The higher 
selectivity of a more reduced catalyst is also tme at the same level of conversion of propane. 
Even so, it seems to require rather significant reduction of the cataiyst before selectivity 
irnprovernents are realized. It is only after about 10 pulses and 15 to 20% oxygen removal 
that the selectivity begins to increase. The hierature suggests that this relation between 
selectivity and catalyst reduction is the result of the increasing bond strength and thus more 
favourable activity of the oxygen remaining on a more reduced catalyst [60,61]. These 
findings c o n f i  experimental results of Kung and Andersen, for the oxidative 
dehydrogenation of butane over V205/AI2O3 [62]. 

The cumulative oxygen removal, s h o w  in Figure 8.11, is based only on the oxygen in 
the magnesium orthovanadate (Mg3V20a) phase. It is further assumed that ail vanadium is 
present in the orthovanadate phase. The oxygen in the Mg0 phase is not included in the 
oxygen removal calculation because magnesium is not as easily reduced as vanadium. 
Reducing the vanadium from v5 to its lowest oxidation state v+~,  corresponds to the 

removal of 37.5% of the oxygen. Afier the 30 pulses of propane, vanadium would appear to 
be completely reduced in each catalyst sample. It is possible though that some oxygen in the 
Mg0 phase is active and there rnay be additionai adsorbed oxygen at or near the catdyst 
surface, disregardeci by these bulk calculations. However, it is clear that a relatively large 
quantity of oxygen is removed from the catalyst. During the propane pulsing experiment 
with 40 mg of catalyst, the mass spectrometer signal at mass 2 was monitored to check for 
the evolution of hydrogen via the direct thermal dehydrogenation reaction. There was no 
increase in the mass 2 signal beyond its background value throughout the experiment. 
However, the mass spectrometer was somewhat less sensitive to the detection of hydrogen 
than other products. The ratio of the h e a r  sensitivity coefficients for carbon monoxide, 
propene and carbon dioxide to hydrogen were 1.45, 1.34 and 1.22 respectively. Thus, small 
undetectable quantities of hydrogen may have been produced. But water was a product 
throughout the reduction so oxidative dehydrogenation must have still been the dominant 
reaction for production of propene at these conditions. 
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8.4.1 Temperatu re-p rogrammed oxidation/desorption 
Temperature-programmed oxidation (TPO) experiments were undertaken to check 

whether any carbonaceous species were deposited on the catalyst during the propane pulsing 
experiments. Before the propane pulsing experiments, the catalyst was run at steady-state 
with 6% propane and 6% oxygen at 5 10°C for about 4 h. The catalyst was then exposed only 
to 6% oxygen for 5 min before the propane pulsing was carried out. Figure 8.12(a) shows 
the results of the TPO analysis performed on 40 mg of catalyst directly after propane pulsing. 
The redis  in Figure 8.12(b) are for the same quantity of catalyst, except in this case TPO 
was performed after a 4 h run at steady-state conditions. The catdyst was exposed to helium 
for 5 min before the TPO was performed. 

During TPO experiments, the feed to the catalyst was switched from helium to 6% 
oxygen at Ume zero. Also temperature rarnping was begun. The temperature was rarnped 
from the reaction temperature 5 10°C at a rate of about 10°C min*' to about 645°C. The final 

temperature was maintained constant for about 12 min. The catalyst bed temperature, 
throughout TPO, is shown in Figure 8.12. 

In Figure 8.12(a), immediately after the switch to oxygen, a peak of carbon dioxide is 
produced and then disappears after about 100 S. As the temperature is ramped, more carbon 
dioxide is produced, peaking after about 800 S. In previous results (see section 6.5), after the 

catalyst had been exposed continuously to propane for 10 min, this same peak in carbon 
oxides was produced, immediately after exposure to oxygen; however, in that case the 

temperature was not rarnped beyond the reaction temperature. Consequently, additional 
carbon species are on the catalyst which c m  ody be oxidized at elevated temperatures. 
However, Figure 8.12(b) indicates that these carbon species are also present on a catalyst 
exposed only to steady-state conditions. The only additionai carbon species on the catalyst 
exposed to propane pulsing seem to be mostly oxidized at or near the reaction temperature 
5 10°C. No deactivation of the catalyst at steady-state conditions was observed. Thus, the 
carbon species oxidized at elevated temperattues present on both catalysts are probably 
rather inert and do not seem to block active sites. 

There may also be some increase in the carbon monoxide signals in Figure 8.12, but 
there is considerable noise in these signals at the very low range of concentrations shown in 
the figure. The negative mole fractions of carbon monoxide result because of the method of 
treatment of the MS data, which accounts for cross-contributions of ion species in the mass 
spectrum, particularly at mass 28. However, as inferred from the carbon dioxide signal, the 
integrated quantity of carbon oxidized from the catalyst exposed to propane pulsing was 19.4 
jmol. For the cataiyst only exposed to steady-state conditions, 17.4 p o l  of carbon was 
oxidized. The difference between these values, 2 pmol, is the additional carbon on the 
catalyst exposed to reaction conditions without gas phase oxygen. The catalyst surface bears 



8. Periodic ope ration 

Time (s) 

Figure 8-12 Temperature-prograrnmed oxidation results; (a) after propane pulsing, (b) after 
only steady-state reaction. 

more than 17.4 m o l  of the apparently inert carbon, since if the oxidation had been carried 
out for a longer period of time, andlor the tempera- had been ramped further, it is Likely 
that more carbon dioxide would have been produced. For purposes of cornparison, 40 mg of 
catalyst contains 176 p o l  of vanadium. 

Temperature-programmeci desorption (PD) was also performed with catalyst samples 
that had previously undergone propane pulsing and steady-state reaction. The TPD 
experimental method was the same as for the TPO except the catalyst was exposed only to 
pure heiium at the same total flowrate during the temperature ramp rather than an oxygen 
and helium mixture. Figure 8.13 shows the results of these experiments which correspond to 
the TPO results shown in Figure 8.12. 
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Figure 8.13 Temperature-programmed desorption results; (a) after propane pulsing, (b) after 
oniy steady-state reaction. 

Without the gas phase oxygen, a considerably smaller quantity of carbon oxides is 
produced from the cataiyst sarnples. Because of the oxygen-sparse conditions, some carbon 
monoxide in addition to carbon dioxide is produced, particularly from the cataiyst exposed 
only to s teady-s tate reaction. The results indicate that the carbon oxides formed result from 
carbonaceous species on the catalyst surface and not simply adsorbed carbon oxides. These 
carbonaceous species must be oxidized either by the gas phase oxygen or the lattice oxygen 

of the catalyst, since regardless of the previous reaction conditions, a smaller quantity of 
carbon oxides were formed without gas phase oxygen. Also without gas phase oxygen, 
carbon oxides are less plentiful from propane pulsing than from steady-state reaction. The 
catalyst subjected to propane pulsing is more reduced and thus lacks the oxygen to oxidize 
the carbonaceous species. Even so, this catalyst is likely covered by a greater quantity of 
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these carbonaceous species, as indicated by the larger quantity of total carbon fonned from 
the propane pulsing catalyst during TPO. 

Without gas phase oxygen, no low-temperature carbon oxides were produced from the 
propane pulsing catalyst. Some of the carbonaceous species that are oxidized only at high 

temperatures can be oxidized by lattice oxygen, though they do not seem to cause 
deactivation of the catalyst and block active sites. It is possible that at the higher reaction 
temperatures, the surface andor lattice oxygen become mobile and can migrate to and 
oxidize these normdy isolated carbonaceous species. Otherwise, these carbonaceous 
species block sites or are in the vicinity of sites (the 'sites' in this case rnay aiso be thought 
of as surface oxygen) that are not active at low reaction temperatures (5 10°C). These sites 
are activated as the temperature is elevated. 

8.5 Further discussion and concIutions 

85.1 General results 
The results presented in this chapter contribute to a clearer picture of the effect of 

reaction conditions and condition of the catalyst on the selectivity of the reaction. When the 
reaction is operated at steady-state, higher selectivity for propene production is favoured at 
lower gas phase concentrations of oxygen (this is Further supported by experimental results 
in chapter 9). The highest selectivity attainable wouid seem to be by the non-steady-state 
operation of the reaction with the complete absence of gas phase oxygen. When the reaction 
is operated periodically with altemating feeds of propane and oxygen, an overshoot is 
obtained in product concentrations during the propane-feed half of the cycle. During the 
initial sharp d e c h e  in activity, the selectivity further increases. This may be due to the 
initially high degree of oxidation of the catalyst or may sirnply result due to the consecutive 
nature of the reaction mechanism. During the later slower decline in activity , the selec tivity 
is stable. The propane pulsing experiments indicate that an additional improvement in the 
selectivity of the catalyst occurs when the catalyst is hinher deeply reduced, beyond the 
removal of about 20% of the magnesiurn onhovanadate phase oxygen. Thus, there are two 

factors c o n u i b u ~ g  to improved selectivity for production of propene. First, a low 
concentration of gas phase oxygen and secondly a low concentration of lanice oxygen. With 
the presence of gas phase oxygen some highly active and strongly oxidizing species may 
fom on the catalyst surface. The concentration of these non-selective oxygen species rnay 
be proportional to the gas phase oxygen concentration. More strongly bound and less active 
oxygen species are less likely to cause deep oxidation. Thus, when the catalyst is almost 
completely reduced, it is most selective for production of propene. 



8. Prriodr'c operation 

The TPO and TPD experiments indicate that even under non-steady-state operation, the 
catalyst surface contains a significant quantity of carbonaceous material. This carbonaceous 
material can be oxidized at elevated reaction temperatures. When the reaction is operated 
without gas phase oxygen, an additional quantity of carbonaceous material exists on the 
catalyst surface. This is oxidized almost ïrnmediately upon exposure of the catalyst to 
oxygen at the reaction temperature. 

8.5.2 Periodic operation and other form of non-conventional operation 
By operating the oxidative dehydrogenation reaction in a periodic manner with 

alternating feeds of propane and oxygen, high selectivity for the production of propene can 
be obtained. However, operation at steady-state with a low oxygen partial pressure, and 
particularly with a Iow propane partial pressure, may also result in as high yields for propene 
as with periodic operation. It is unclear whether periodic operation is a superior mode of 
operation cornpared to ail steady-state conditions. 

One must keep in muid though that the cornparison between steady-state and periodic 
operation made in this chapter has been rather restrictive. The main factor that has Limited 
the performance with periodic operation has been the tirne-average conversion. Only at the 

Figure 8.14 Redox fluidized bed reactor 
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shortest cycle periods is the time-average 
conversion under periodic operation sScient to 
exceed the yield at a comparable time-average 
steady-state condition. It is unlikely though that 
the reaction would be operated industrially with 
aitemating feeds of propane and oxygen through a 
fixed bed of catalyst. It is more likely that the 
cataiyst would be transported continuously as a 
fluidized bed between oxidation and reduction 
reactors as illustrated in Figure 8.14. Such 
reactor technologies are weil-established, such as 
for catalytic cracking. Researchers at Dow 
Chemicai who recently investigated the penodic 
operation of the oxidative dehydrogenation of 
butane did not consider the 'tirne-average' 

Oxidation 
Reactor 

conversion of butane [56,57], i.e. the down-the of the reactor for re-oxidation of the 
catalyst Their intention was that, beyond the lab-scale, the reaction would be operated with 

a fluidized bed a s  in Figure 8.14. From this perspective, the disadvantages of penodic 
operation over a fmed bed at steady-state are a more expensive and complex reactor system 
and loss of catalyst because of erosion. If one does not consider the 'the-average' propane 
conversion, the propene yields in Figure 8.2 would al1 be twice as high, since during half the 
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cycle oxygen is fed and no products are produced. With such a less demanding cornparison. 
one could conclude that the yield at periodic operation is superior than at all steady-state 
conditions, since it is clear that the highest possible propene selectivity is obtained without 
gas phase oxygen. 

Periodic operation via a fluidized catalyst bed has additional advantages compared to 
steady-state operation. The best yields of propene at steady-state seem to be attainable at 
high propane to oxygen ratios, which can be close to spontaneously flammable mixtures of 
the reactants. By reducing and oxidizing the catalyst in separate reactors, contact between 
oxygen and hydrocarbons is rninimized, resulting in a safer operation. Also, with a fluidized 
bed of catalyst, mixing results in a uniform temperature profile in the bed so that hot spots 
that can occur in fmed cataiyst beds are avoided. 

There are some potential problems with periodic operation using a fluidized bed redox 
reactor. Reaction rates tend to be low when the reaction occurs without gas phase oxygen. 

- Alkene, COx 

Oxidation 
Zone 

Figure 8. f 5 In situ redox fluidized bed 
reac tor 

Also, as Figure 8.2 indicated, the b a t  yields 
are obtained at short cycle periods because 
propane conversion is highest due to the 
overshoot response of the reactanu. Thus the 

best performance of the redox reactor may 
require an exceedingly high rate of circulation 
of the catalyst Recently, Ramos et al. [99] 
published results for testing of what they cal1 
an 'in situ' redox fluidized bed reactor which 

would seem to circumvent such problems. 
The basic design of such a reactor is 
illustrated in Figure 8.15. The oxygen is fed 
into the bottom of the reactor while the alkane 
would be fed through a distributor at some 
location near the top of the fluidized bed. 
Conditions should be such that the complete 
conversion of oxygen occurs. Oxidation of 
the catalyst would occur in an area near the 
bottom of the fluidized bed and the reduction 

of the catalyst and reaction would occur near the top. Ramos et al. concentrated on studying 
the operating conditions for a lab-scale reactor that would effectively separate the oxidation 
and reduction zones for the oxidative coupling of methane. This 'in situ' redox reactor offers 
the added advantage of fiexibility of operation. It rnay not be optimal to completely separate 
the oxidation and reduction zones. It was demonstrated by the results in section 8.3.4, that 
by feeding mixtures of propane and oxygen, the time-average periodic operation propane 
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conversion could be boosted without large loses in selectivity. This provides an increased 
propene yield. 

Also, with some soa of fluidized bed redox reactor system it may be possible to operate 
a kind of 'hybrid' reaction. The researchers at Dow Chemical found that at ~ ~ c i e n t  levels 
of reduction of their catalyst, direct thermal dehydrogenation would occur to some degree 
producing alkenes and hydrogen [56,57]. With severely limited oxidation of the catalyst, it 
may be possible to thermally couple oxidative dehydrogenation and the direct thermal 
dehydrogenation reactions. The aim of such an opention would be to perform oxidative 
dehydrogenation just enough to maintain the catalyst clean of deactivahg carbonaceous 
deposits, minimize production of carbon oxides and produce sufficient heat to be consurned 
by the direct thermal dehydrogenation. Indeed, a careful balancing act! 

The results in this chapter indicate that operation of oxidative dehydrogenation with a 
membrane reactor should be attractive. In the research performed with membranes thus far, 
mostly inert membrane reactors have been used [87-901. The basic configuration of these 
reactors is shown ui Figure 8.16. The alkane is fed only through the central part of the 
reactor where the fiied bed of catalyst is located while oxygen is fed only in the outer 

Catal st s d  t+ Aikene, CO, 

Membrane 

Figure 8.16 Inert-membrane reactor 

annular space. It is 
important to note that the 
membrane is catalytically 
inert. Oxygen must diffuse 
through the membrane and 
its gas phase partial pressure 
is considerably lower in the 

inner region of the reactor. 
Pantazidis et al. [89] 
reported that the use of such 

a reactor for the oxidative dehydrogenation of propane with a Mg-V-O catalyst resulted in an 
increase in propene yields compared with CO-feeding propane and oxygen through the inner 
region of the reactor. The results in this chapter suggest that the irnprovements in yield 
occurred because the membrane rnaintained a low oxygen concentration in the gas phase 
region of the cataiyst bed. One might dillik that similar results could be obtained by CO- 

feeding the propane and oxygen in the inner region, with just a lower concentration of 
oxygen. However, the principal advantage of the inert membrane is that the oxygen feed is 
distributed along the catalyst bed, so that ail of the catalyst can be maintained at an optimal 
level of oxidation. If lower concentrations of oxygen were simply fed in the inner region, 
high conversion of oxygen would result in a steep gradient in the oxygen partial pressure 
along the catalyst bed. 
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A superior membrane reactor might be a truly cataiytic-membrane reactor. In such a 
reactor, the catalyst bed would be absent and the catalyst would be deposited on the inner 
walls of the reactor. Oxygen would diffuse through the membrane to oxidize the catalyst and 
ideally there would be no gas phase oxygen in the inner region of the reactor. The principal 
disadvantage of a caialytic-membrane reactor is that the reaction rate would be limited by the 
rate of diffusion of oxygen through the membrane. Pantandis et al. attempted to obtain such 
a reactor configuration by supporting Mg-V-O and nickel based catalysts on a commercial 
porous dumina membrane. However, the membrane material proved to be an ineffective 
barrier for the oxygen and the oxygen partial pressure in the inner region of the reactor was 
not much lower than in the annular region. The developrnent of effective membrane 
materials for the high reaction temperatures of partial oxidation reactions seems to be a 
major challenge in membrane reactor technology. 
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9. Oxygen partial pressure effects 

1 t was shown in chapter 6 that the selectivity of oxidative dehydrogenation was higher 
when performed without gas phase oxygen at the same levels of conversion of propane. 

Some steady-state results, in Section 8.3.2, suggested that higher selectivity may be obtained 
at steady-state conditions provided the oxygen concentration is kept low. In this chapter, the 
effect of oxygen partial pressure on the selectivity of the reaction is examined m e r .  The 
purpose of this is to determine whether the higher yield of the reaction at non-steady- 
statelperiodic operation conditions without gas phase oxygen is simply a continuation of 
improved performance of the reaction at steady-state conditions with low oxygen partial 
pressures. Firs t, s teady -s tate resul ts with varying oxygen partial pressures WU be presented 
which confum that the selectivity of the reaction is improved at steady-state with Iow oxygen 
partial pressures at a constant conversion. Secondly, kinetic models, based on the redox 
models presented in chapter 4, are developed to explain the steady-state data. Finaliy, these 
kinetic models are appiied to some periodic operation conditions to determine if they too can 
describe the selectivity and dynamics of the reaction. 

9.1 Oxy gen partial pressure effects at steady-state 

9.1.1 Method of data collection 
Steady-state data were collected by performing the reaction with a varying feed ratio of 

oxygen-to-propane from O. 1 : 1 to 1 : 1. The experiments were repeated with feed propane 
concentrations of 6 and 4% and catalyst masses of 20,30 and 40 mg. The reaction 
temperature was aiways 5 WC. 

The steady-staie data were coiiected in a manner sirnilar to that described in chapter 5. 
For a given mass of catalyst, the reaction was started with a standard set of reaction 
conditions. The standard set of reaction conditions consisted of feed concentrations of 6% 
propane and 6% oxygen. With the f m h  catalyst, the standard reaction conditions were run 
initially for at least 3 h. The catalyst was then exposed in turn to different sets of reaction 
conditions in a random order. The catalyst was exposed to each set of reaction conditions for 
1.5 h. During this period, the product gases were analyzed by gas chromatography (GC) 
every 0.5 h. The first anaiysis was done 0.5 h after the catalyst was exposed to a chosen set 
of reaction conditions. The results presented are an average of three analyses coilected over 
1.5 h. 

Between every set of reaction conditions, the catalyst was exposed to the standard 
conditions. Unlike the results in chapter 5, there was never any signîfïcant change in the 
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selectivity of the catalyst at these standard conditions, during collection of the data. 
Presumably this is because the oxygen concentration for a l l  of the reaction conditions was 
low, with the oxygen concentration never exceeding that of the propane. The variations in 
selectivity observed for the data in chapter 5, seemed to result from reaction conditions with 
excess oxygen concentrations. 

For all reaction conditions, no trends in the conversion or selectivity were discemible 
among the three analyses performed. For example, at conditions with very low oxygen 
partial pressures which tended to have high conversions of oxygen, it might be expected that 
some deactivation of the catalyst might occur. However, for the short penods of time that 
these conditions were run (1.5 h), no appreciable deactivation was observed. 

9.1.2 The steady-stafe data 

Figures 9.1 and 9.2 show conversions and selectivities for the steady-state data collected 
with varying oxygen-to-propane feed ratios. Generaily, propane conversion decreases as the 
feed concentration of oxygen is lowered, but at the same t h e ,  the propene selectivity 
increases. If one compares the propene selectivity at different oxygen feed concentrations 
and about the same propane conversion, Iower gas phase concentrations of oxygen favours 
higher propene selectivity. Table 9.1 lists results from Figure 9.1 at about 4% propane 
conversion. As the oxygen feed concentration is lowered from 6 to 0.6% and the catalyst 
rnass is increased to maintain the propane conversion, the propene selectivity increases from 
42 to 74%. 

Table 9.1 
Effect of oxygen feed concentration on selectivity at constant propane conversion* 
Catalyst Mass Oxygen feed Conc. Propane Conversion Propene Selectivity 
(g) (%) (W (W 
20 6 4.1 42 
30 2.4 3 -9 65 
40 0.6 4.4 74 
* 6% propane feed, 5 10°C 

For a consecutive reaction scheme, which at least panly describes partial oxidation, 
conversion and selectivity to the intermediate product, wili be inversely related. Comparing 
propene selectivities, in Figures 9.1 and 9.2, at the same feed concentrations of both propane 
and oxygen, conversion and selectivity are not always inversely related, probably because 
the expected selectivity-conversion relation is convoluted with the effects of oxygen 
conversion on selectivity. For example, for a consecutive reaction, the selectivity for 
experiments with 40 mg of catalyst, which always exhibit the highest conversion, should be 
lower than selectivity with 30 and 20 mg of catalyst at the same reaction conditions. 



9. Oxygen partial pressure effects 

OxygenPropane Feed Ratio 

Figure 9.1 Conversion and selectivity for steady-state reaction with 6% propane 



9. Oxyg en partial pressure eflecrs 

+ 

0 ' 1 

O 02 0.4 0.6 0.8 1 
Oxygen/Propane Feed Ratio 

Figure 9.2 Conversion and selectivity for steady-state reaction with 4% propane 
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However, oxygen conversion is also always highest with 40 mg of catalyst. The lower gas 

phase concentration of oxygen, however improves the selectivity. 
A simpler explanation for the weak selectivity-conversion relation observed is that at 

these reaction conditions Little consecutive reaction occurs. The carbon oxides at these low 
conversions of propane are produceci directly from propane. In the steady-state kinetic 
modelling exercise in chapter 4, a stnctly consecutive reaction mode1 best described the data 
However, for about half of the results in chapter 4,2% propene was fed to the reactor. At 
these relatively high gas phase concentrations of propene, the intermediate product, it is 
likely that the consecutive reaction - the production of carbon oxides from propene - 
predominated. 

For reaction conditions with a low feed concentration of propane and/or low conversion 
due to a low catalyst mas, the propane conversion seemed to be less dependent on the 
oxygen feed concentration. This is indicated by the srnaller change in propane conversion in 
Figure 9.2 with 4% propane than in Figure 9.1 with 6% propane. This was particularly the 
case with lowest mass of catalyst, 20 mg. Of course, at a lower propane concentration, the 
absolute change in oxygen concentration was lower since the feed ratio of oxygen and 
propane was varied. This also explains the rather smail changes in propane conversion for 
the steady-state experiments with 3% propane shown in section 8.3.2. The propane 
conversion may ais0 be less dependent on changes in the oxygen concentration at lower 
conversions (due to a lower mass of catalyst) because the catalyst may be more fuliy 
oxidized at these conditions and the rate of reduction of the catdyst more rate-determining. 
Thus, changes in the oxygen concentration and rate of reoxidation have just a smaii effect on 
the conversion of propane. 

The selectivity among the carbon oxides also varied as the feed concentration of oxygen 
is lowered. In Figure 9.3, the ratio of carbon monoxide to carbon dioxide is compared for 
each of the steady-state experiments. As the conversion of propane decreases, the total 
production of carbon oxides decreases; however, carbon dioxide tends to decrease more 
sharply than carbon monoxide. This indicates that some of the carbon dioxide arises from 
further oxidation of carbon monoxide. 

9.2 Steady-state kinetic modeliing 
The data in Figures 9.1 and 9.2 indicate a relation between the oxygen gas phase 

concentration and selectivity which cannot be explained simply by the conversion-selectivity 
relation for a consecutive reaction. The steady-state kinetic models developed in chapter 4 

do not account for this effect. In the following sections, extensions are made to these redox 
models to aliow for the apparent relation between selectivity and gas phase oxygen 
concentration. 
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Figure 9.3 Variation of ratio of carbon oxides 

9.2.1 Kinetic modelling methodi 
As with the data in chapter 4, nonlinear regression methods were used to fit kinetic 

models to the data in Figures 9.1 and 9.2. Reaction rates for each of severai rnodels were 
integrated over the mass of catalyst, at each of the experimental conditions, to calculate the 

predicted outiet reactant and product concentrations. A derivative-free algorithm searched 
for values of the mode1 parameters that minimized the sum of the squares of the residuals. 
Only propane, propene and carbon oxide concentrations were included in the analysis 
because only their concentrations were independently rneasured by the GC analysis. 

The selectivity between propene and total carbon oxide production was the focus of the 
modelling work. None of the icinetic models examined describeci the selectivity of the 

reaction between carbon monoxide and carbon dioxide. As a result, only the total production 
of carbon oxides is included in the regression analysis. However, it is evident from Figure 
9.3 that the ratio of carbon monoxide to carbon dioxide production varied with reaction 
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conditions. This ratio affects the consumption of oxygen and, in tum, for most models, the 
degree of catalyst reduction. To account for this variance, an estimate for the ratio of 
production of carbon dioxide to carbon monoxide was included in each model. A power law 
rate model, with the same form as PL1 (see chapter 4, section 4.2) was fitted to the data and 
its estimates for the rates of production of carbon dioxide and carbon monoxide were used to 
calculate the needed ratio. The decreasing ratio of carbon dioxide to carbon monoxide with 
uicreasing oxygen feed was estimated by 

This ratio was only used for calcuiations of the rate of oxygen consumption based on the rate 
of production of total carbon oxides. 

9.2.2 Redox model with single carbon oxide production path 
To demonstrate the inadequacies of the redox models developed in chapter 4, in 

descnbing the effect of oxygen partial pressure on selectivity, a redox model sirnilar to the 
MV2 mode1 (see section 4.3) was fitted to the data. The rate equations for this kinetic model 
were 

r, = k,PC,,& ( 1  -P l  (9.2) 

5 = kz Pc3H,, (l - p )  (9.3) 

ri3 = k J , P  (9.4) 

The rate of production of propene and carbon oxides are represented by r, and rz 
respectively. These reactions consume oxygen from the catalyst. The rate of reoxidation of 
the catalyst is r3. The degree of reduction of the catalyst ( P )  c m  be calculated because at 
steady-state, the total rates of reduction and oxidation of the catalyst are equal. In this case 
the appropnate equation is 

The oniy difference between this model and MV2 is that, equation 9.3, the rate of production 
of carbon oxides is based on the gas phase partial pressure of propene and not on a surface 
concentration of propene. When the MV2 model was fitted to the data 4 and the adsorption 
equilibrium constant for propene were highly correlated. This model based simply on the 
propene partial pressure yielded a lower residud sum of squares (SS) than MV2. Adsorption 
of propene on to the catalyst surface was more important for the data in chapter 4, from 
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which the MV2 model was developed, probably because of the high propene partial 

pressures in that set of data. 
Table 9.2 shows the values of the fitted rate constants. The residual sum of squares was 

5.3 1xlû2 and there was litde correlation among the parameters. Figure 9.4 compares the 
model predictions and experimental data for 4% propane feed. The data for 6% propane feed 
showed similar results. As the oxygen-to-propane feed ratio decreases, the degree of 
reduction of the catalyst increases, resulting in a decrease in the propane conversion as would 
be expected for a redox model. The propene selectivity simdtaneously increases, although 
there is a large spread in the selectivities predicted with different quantities of catalyst. This 
is not reflected in the data. The model predicts that the lowest selectivity should be obtained 
with the largest quantity of catalyst. According to the data, lower selectivity is not obtained 
with the largest quantity of catalyst. The increasing propene selectivity predicted by the 
model is merely the result of the decreasing propane conversion which stems from the 
consecutive reaction mechanism. According to the data, the propene concentration remains 
almost constant as the oxygen-to-propane feed ratio decreases, but the model predicts a 
decrease in the propene concentration. The propene concentration must decrease because the 
degree of reduction of the catalyst is increasing and both the production rates of propene and 
carbon oxides depend on the degree of oxidation of the catalyst. 

Table 9.2 
Parameters of redox model based on MV2 by least-squares regression 
Parame ter Value Units 
kt 2.74~1 O-' ml STP min-' (g cat)-' bar-' 
kr 1.37~10 '~  ml STP min-' (g cat)-' bai' 
k3 2.04 ml STP min-' (g cat)-' bar-' 

9.2.3 Redox modekr with dual carbon oxide production paths 
In order to describe the effects of the oxygen partial pressure on selectivity, it would 

seem that a kinetic model must include an additional pathway for the production of carbon 
oxides that depends on the gas phase partial pressure of oxygen. Penodic operation results, 
shown in chapter 8, indicated that at the switch between feeds of oxygen and propane, the 
selectivity of the reaction was immediately high; however, it increased for a brief period (20- 
30 s) and then was rather constant Even without gas phase oxygen, carbon oxides were 
produced; thus, the production of carbon oxides must not depend only on the presence of gas 

phase oxygen. 
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Figure 9.4 Cornparison of experimental data at 4% propane and redox mode1 predictions 

Figure 9.5 iüustrates the kinetic models containing alternative pathways for production 
of carbon oxides that were examined. AU of these models are at  least partialIy of a redox 
nature where the catalyst's surface oxygen reacts with hydrocarbons to produce the products. 
These models will be caiied DMV for duai Mars-Van Krevelen models. For the models 
DMVI, DMV2 and DMV3, two kinds of surface oxygen exists which wiU be referred to as a 
and /3 surface oxygen. In the kinetic models, the symbols a and P wilt be used to represent 
the degree of reduction of the a and B surface oxygens, respectively. It is weIi-known that 

partial oxidation catalysts may contain different types of surface oxygen species that prornote 
different reactions. The a-oxygen only contributes to the production of carbon oxides, while 
the P-oxygen produces both propene and carbon oxides. The data in Figures 9.1 and 9.2 
indicate that there is little relation between propane conversion and propene selectivity, 
suggesting that the reaction mechanism may not be entirely consecutive. For this reason, 
variations of the four main models were examined in which the carbon oxides were produced 
either from propane or propene. Propene was of course aiways produced from propane and 
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Figure 9.5 Kinetic models with dual carbon oxide production paths 

from only the p-oxygen. For the models DMV1, DMV2 and DMV3 there are three 
variations. The carbon oxides from both a and P surface oxygen may be produced from 
propane: 
a: C3Hs + CO, 
p: c3Hs * cor 
which is a completely parailel mechanism and wiii be referred to as sub-mode1 P, and for the 
DMV 1 mode1 it is denoted as DMVl-P. Since it always produces only carbon oxides the a- 
oxygen is perhaps a more reactive and non-selective oxygen that can completely oxidize 
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propane directly. Thus, by a mixed parallel and series reaction mechanism, the a-oxygen 
produces carbon oxides from propane and the p-oxygen produces carbon oxides from 
propene: 
a: C3H8 CO, 
p: c3H6 cox 
This sub-mode1 will be referred to as S 1, and for the DMV 1 model it is denoted as DMVl- 
S 1. By an alternative mixed reaction mechanisrn a-oxygen produces carbon oxides from 
propene and the P-oxygen produces carbon oxides from propane: 
a: C3H6 + COx 
p: C3Hs -f COx 
This sub-mode1 will be referred to as S2, and for the DMVl model it is denoted as DMV1- 
S2. 

In the Literature on catalytic oxidative dehydrogenation, it has often been proposed that 
the loosely bound oxygen promotes the production of carbon oxides [9,60-621. The a- 
oxygen can be considered a loosely bound excess surface oxygen that is present only with 
gas phase oxygen. On the other hand, P-oxygen can be considered strongly bound lattice 
oxygen. There ought to be relatively much less a than P-oxygen, since according to the 

transient reaction data, wifhout the presence of gas phase oxygen, the selectivity of the 
reaction is almost immediately higher, suggesting the a-oxygen is either quickly consumed 
or converts quickly into fi-oxygen. 

For the DMVl model, the a-oxygen is a kind of intemediate oxygen species between 
the gas phase oxygen and the more strongly bound lattice P-oxygen. In the case of the 
DMV2 model, the a-oxygen can be considered an 'overflow' surface oxygen that tends to be 
produced when all the sites for P-oxygen are occupied. By the DMV3 model, a-oxygen is 
produced by the interaction of gas-phase oxygen and 8-oxygen. This model is congruent 
with the suggestion [7 11 that total oxidation involves an oxygen adspecies, O-, arising from 
gaseous oxygen activation with the lattice oxygen 02-: 

0.5 O2 + 02- + 20- 
where the P-oxygen would be 0" and a-oxygen would be the adspecies, O*. 

According to the DMV4 model, the additional pathway for production of carbon oxides 
simply involves the reaction of gas-phase oxygen with surface adsorbed propene. There are 
only two variations of this model. In the fiist, the P-oxygen produces carbon oxides from 
propane which will be denoted as DMV4-P. Altematively, the P-oxygen produces carbon 
oxides from propene which will be denoted as DMVCS. 
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9.2.4 Application of dual redox models tu data 

DMVl and DMV2 rnudels 
The rate equations for the DMV 1-S 1 model are 

5 = k,PC3H, ( 1  -P l  (9.6) 

r2 = k, PC3& (1 - P)  (9.7) 

r3 = k3PcJHt ( l - a )  (9.8) 

r4 = k 4 P p  (9.9) 

rs = k5P(1- a) (9.10) 

The rate equations for the other DMVl sub-models are the same except rz andor r~ would 
depend on the appropriate reactant partial pressure, propane or propene, depending on the 
senes or parallel nature of the model. For steady-state conditions, equations expressing the 
exchange of oxygen between the two pools of oxygen on the cataiyst surface and the gas 

phase can be formulated. From these equations, it is possible to solve for the degrees of 
reduction of each type of oxygen. The resulting expressions for the DMVl-S 1 mode1 are 

where 

e = k5(a+b) 

f =ac+ad +bc+bd + k 5 ( 2 a + b + c + d )  

and 

The above expressions for the other DMVl sub-models are the same except that a andor d 
depend on the appropnate reactant partial pressure, propane or propene, and stoichiometric 
coefficient. 



9. Oxygen panial pressure efects 

When the DMVl models were fitted to the data, it was found that k2 was very small and 
nearly zero. This is the rate constant for the production of carbon oxides from the P-oxygen. 
If kz were zero, then a l l  of the carbon oxides would be produced from the a-oxygen. The 
quantity of a-oxygen varies the greatest as the feed ratio of oxygen-to-propane is decreased, 
because it is produced directly from the gas-phase oxygen. Due to this variation, at transient 
reaction conditions without gas phase oxygen, there would be little to no a-oxygen 
remaining on the catalyst. Calculations indicated that the propene selectivity of the reaction, 
occunhg only from the P-oxygen, would be near LW%, considerably more than was 
observed for the periodic operation experirnents. In order that the DMVl model not predict 
such a high propene selectivity under transient conditions, the value of k2 was set as a 
fraction of the kI value, such that the selectivity of the reactions from the P-oxygen would be 
about 80%. 

Table 9.3 shows the values of the least-squares parameters for each of the DMV1-type 
models. Correlations among parameters was low for al l  of the models. The residual sum of 
squares (SS) were 3 .7~10-~,  3 . 3 ~ 1 0 ' ~  and 4.2x10-~ for the SI,  P and S2 sub-models 
respectively. Based on the lower SS values, the DMV1-type models did seem to descnbe the 

data better than the redox model with just one type of surface oxygen. 

Table 9.3 
Parameters of DMV 1 models by least-squares regression* 
Parme ter DMVl-SI DMVl-P DMV 1-S2 Units 
kr 1.72~10-' 1.39x1û1 2.18~10-' ml STP min'' (g cat)" bar-' 
k3 9.08x10-~ 9.2 1x10'~ 9 . 3 9 ~ 1 0 ~  ml STP min-' (g cat)-' baf ' 
b 9.02x10*' 8.71x1û1 1.04 ml STP min-' (g cat)-' bar-' 
ks 6.16~10' 7 . 7 3 ~ 1 0 ~  6.47~10' ml STP min-' (g cat)-' 
* kz = 0.25 kI 

Figures 9.6 and 9.7 compare model predictions and experimental data for the DMV 1 -S 1 
and DMVl-P models, respectively, for data with 4% propane feed. Both models describe the 
increase in selectivity as the oxygen-to-propane feed ratio decreases more successfully than 
the redox model with one type of oxygen (Figure 9.4). The spread in the selectivity between 
the different masses of catalyst is smaller. The models also predict an ahos t  constant 
propene concentration as the oxygen-to-propane feed ratio is decreased. There is somewhat 
more spread in the selectivity between masses of catalyst for the S 1 model compared to the P 
model because it retains a consecutive reaction characteristic. For both of these models, the 
degree of reduction of the a-oxygen showed a large variation over the range of oxygen-to- 
propane feed ratios while the P-oxygen remained ahos t  completely oxidized. The 
improvement in selectivity results mallily from the decrease in the a-oxygen because it 
produces only carbon oxides. 
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Figure 9.6 Cornparison of experimentai data at 4% propane to predictions of DMVl-S 1 
model 
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The constant cornplete oxidation of the P-oxygen created problems in determining ks. 
The rate constant, ks, expresses the rate of conversion of oxygen from a-oxygen to P-oxygen. 
To maintain the cornplete oxidation of the B-oxygen required a large value for ks, as can be 
seen in Table 9.3. However, ks could be Uifinity, so no unique optimal value for k5 existed. 
Consequently the confidence intervais for ks were very large; about an order of magnitude 
larger than the value for ks in Table 9.3. The precision of other parameters were much 
greater, since their confidence intervals were in the range of about an order of magnitude less 
than the predicted values. Clearly though, ks must be large for the DMV1-SI and P models, 
but from steady-state data, no unique value could be determined. 

For the DMVI-S2 model, predictions were similar to that for the DMV1-SI model since 
both are mixed serieslpardel models. However, there were less problems with determining 
ks for the DMV 1 -S2 model. Also, the reduction of the a-oxygen varied greatest to ob tain the 
needed variation in selectivity. However, the p-oxygen was not completely oxidized for al1 
oxygen-to-propane feed ratios. 
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Figure 9.7 Cornparison of experimental data at 4% propane to predictions of DMVl-P 
model 

The DMV2 models were fitted to the data, but were not able to descnbe the 
experimental data better than the redox model with one type of oxygen. The SS For the 
DMV2-S 1 model was 5 .1~10-~ .  For this model it was found that the coverage of poxygen 
decreased more than that of a-oxygen as the oxygen-to-propane ratio decreased. As with the 
DMVl models, the a-oxygen produced only carbon oxides. Thus no improvement in 
selectivity was predicted beyond what a consecutive reaction mechanism ailows. For the 
DMV2 rnodels, in contrast to the DMVl models, gas-phase oxygen forms p-oxygen first. 
Obviously, the a-oxygen, since it produces only carbon oxides, must have a direct 
connection to the changing gas-phase oxygen partial pressure in order that the propene 
selectivity will increase with lower oxygen partial pressure. 
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DMV3 model 
The rate equations for the DMVJ-S 1 model are same as for the DMV 1-S 1 model shown 

above except equations 9.9 and 9.10 are replaced by 

Rate equations for the other DMV3 sub-models are the same except r2 andlor r-3 depend on 
the appropriate reactant partial pressure, propane or propene, depending on the seriesfparallel 
structure of the model. From an oxygen mass balance, the degrees of reduction of each type 
of oxygen could be solved. The expressions obtained are 

a = ak4 
ak4 + bk, (1 - p) 

where a, b, c and d are the same as defmed in equations 9.16 to 9.19. The above expressions 
for the other DMV3 sub-models are the same except a a d o r  d would depend on the 
appropriate reactant partial pressure, propane or propene, and stoichiometrïc coefficient. 

When the DMV3 models were fitted to the data, a very low value of kt, at or near zero 
emerged. As with the DMVI models, k2 was set as a fraction of the kl value to ensure that 
the model predicts an accurate propene selectivity under transient operation. The fraction 
was chosen so that the selectivity of the reactions from ody the B-oxygen would be about 
80%. 

Table 9.4 shows the values of the least-squares parameten for each of the DMV3-type 
models. Correlation among parameters are low for ail of the models. The residual sums of 
squares (SS) are 3. 1x1û2, 2 . 8 ~  10-* and 3 . 6 ~ 1 0 - ~  for the S 1, P and S2 sub-models 
respectively. Based on the SS values, the DMV3-type models were at least as successful as 
the DMVI-type models at describing the experiments. 

Table 9.4 
Parameters of DMV3 models b y least-squares regression* 
Parame ter DMV3-S 1 DMV3-P DMV3-S2 Units 
kr 1 .69x1û1 1.39~10-' 1.99~10-' ml STP min" (g cat)-' bar-' 
k3 1.61~10-' 1.57~10-' 1.73~10" ml STP min-' (g cat)-' bar*' 
b 1 .07x1o3 1 .20x102 3.37 ml STP min*' (g cat)" bai1 

Predictions of the DMV3-type models were sirnilar to those of the DMV1-type models. 
Both models successfuiIy described the increase in selectivity as the oxygen-to-propane feed 
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ratio decreased (not shown). Selectivity predictions between the different masses of cadyst  
showed less spread than the redox model with only one type of oxygen. The models a h  
successfuily predicted an almost constant propene concentration as the oxygen-to-propane 
feed ratio decreased. For the P and S 1 models, the degree of reduction of the a-oxygen 
varied widely over the range of oxygen-to-propane feed ratios while the f3-oxygen remained 
a h o s t  completely oxidized. The improvement in selectivity results from the decrease in the 
a-oxygen which only produces carbon oxides. The constant complete oxidation of the P- 
oxygen created problems in determining b. The rate constant, b, expresses the rate of 
reoxidation of the P-oxygen. Large values of maintaineci the complete oxidation of the p- 
oxygen and, as with the DMV1-type models, no optimal values for kr could be found. The 
confidence intervals for t were very large. Other parameters were again determined with 
greater precision. 

For the DMV3-S2 model, there were fewer problems with determining kr values. Also, 
with this model, the reduction of the a-oxygen varied widely with the feed ratio. However, 
the p-oxygen was somewhat reduced for some oxygen-to-propane feed ratios. 

The DMV3-type models are better versions of the DMV2-type models. For both model 
types, the a-oxygen c m  be considered as 'overfiow' oxygen produced when there is a large 
quantity of b-oxygen on the catalyst surface. The key to the success of the DMVZtype 
models is that the formation of a-oxygen depends on the gas phase partial pressure of 
oxygen. Since the a-oxygen produces only carbon oxides, the changing gas phase oxygen 

partial pressure has a greater influence on the propene selectivity. 

D M 4  model 
The rate equations for the DMV4-S model are 

= k ,  P,, (1 - P )  

The rate equations for the DMV4-P model are the same except equation 9.25 would depend 
on the propane partial pressure instead of the surface coverage of propene. The resulting 
expression for the degree of reduction of the catalyst for the DMV4-P rnodel is 
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and, for the DMV4-S model, it is 

The expression for the surface coverage of propene is 

Table 9.5 shows the values of the least-squares parameters for both of the DMV4-type 
rnodels. Correlations among parameters was low for both of the models. The residual sum 
of squares (SS) were 4.1xl0-~ and 3.2x10-~ for the S and P sub-models respectively. 

Table 9.5 
Parameters of DMV4 models b y leas t-squares regression 

DMV4-S DMV4-P 
Value Units Value Units 

kr 2.54~10'~ ml STP min-' (g cat)" baii 1.85~10-' ml STP min-' (g cat)-' bar-' 
k2 2.12 ml STP min-' (g cat)" 6.96~10-~ ml STP min-' (g cat)-' bai1 
k3 2.84~10 '~  ml STP min*' (g cat)*' bai' 1 .56x10'~ ml STP min-' (g cat)-' bar-' 
kr 2.73 ml STP min-' (g cat)" bar'' 3.23 ml STP min-' (g cat)-' bafl 
K O H ~  1 . 3 6 ~ 1 0 ~  bar1 7.47~10' bar*' 

Figure 9.8 compares the DMV4-P model predictions to the experimental data at 4% 

propane feed. The predictions of the DMV4-S model were similar. Propene selectivity 
increased as the oxygen-to-propane feed ratio decreased. Just as the data indicate, there was 
Little difference in the selectivity for different masses of catalyst Thus, the improved 
selectivity predicted by the model at lower oxygen partial pressure is not only caused by 
lower propane conversion. There were, however, somewhat larger differences in the 
selectivities at different masses of catalyst for the DMVCS model due to reaction 
mechanism's partiaüy consecutive structure. 

Parameters for both models had small confidence intervais except the adsorption 
equilibrium constant for propene. Values of the adsorption equilibnum constants s h o w  in 
Table 9.5 are large and this is reflected by the high propene surface coverage (8) at all 
oxygen-to-propane feed ratios. An upper b i t  for the propene adsorption equilibrium 
constants could not be found resulting in their large confidence intervals. To descnbe the 
data best, it is apparent that the rate of production of carbon oxides, expressed by o 
(equation 9.26), ought to depend only on the oxygen partial pressure which requires 
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Figure 9.8 Comparison of experimental data at 4% propane and predictions of DMV4-P 
model 

complete coverage of propene adsorption sites. When this rate depends only on the oxygen 
partial pressure, the propene selectivity increases as the oxygen partial pressure is lowered. 

The propene concentration seems at f i t  to increase and then to decrease as the oxygen 
partial pressure is lowered; however, there is no indication that the data refiect this trend. 
Initially, as the oxygen partiai pressure is lowered, the propene concentration increases 
because the rate of further oxidation of propene (r3) is lowered, while the degree of reduction 
of the catalyst (P) increases only slowly. With further decreases in the oxygen partial 
pressure, the degree of reduction of the catalyst changes more quickly, causing larger 
decreases in the rate of production of propene (rl). 

9.2.5 Comparison of models with dual carbon oxide production pathî 
The DMV 1, DMV3 and DMV4-type models describe the experimental data with 

varying oxygen partial pressure better than the simpler redox model (MV). Table 9.6 
compares the residuai sum of squares for each of the models exarnined. The fact that the 
DMV2 models were no better than the basic MV model emphasizes the importance of a 
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dependence on the oxygen partial pressure. The DMV2 model did include an additional 
pathway for production of carbon oxides but its rates were not directly dependent on the 
oxygen partial pressure. The success of the DMV models reinforces our c l a h  that im proved 
propene selectivity is indeed obtainable at lower gas-phase partial pressures of oxygen and 
that this improvement need not be at the expense of lower propane conversion. 

Table 9.6 
Sum of squared residuals (SS) for redox models 
Mode1 Reaction scheme type Number of parameters SS 
MV 3 5.3x10-' 

DMVI P 
SI 
S2 

It is less clear that any one of the DMV-type models stands out above the others. The 
DMV3-type models have oniy slightly lower SS values than the DMVl and DMV4-type 
models. For the DMV4 models, it is questionable whether the reaction of the gas-phase 
oxygen is really with adsorbed propene since the adsorption equilibrium constant was so 
large that it forced complete coverage of propene at aiI conditions. It c m  also be argued that 

a gas-phase oxygen molecule is not sufficiently reactive. Perhaps provided the reaction 
temperature is sufficiently high, the reaction occurs between a desorbed hydrocarbon radical 
species and gas-phase oxygen to produce carbon oxides. 

There are few differences in the characteristics of the DMVl and DMV3 models at these 
steady-state conditions. First of all, if the reaction involves the production of carbon oxides 
from different surface oxygen species, it is unclear whether the non-selective surface oxygen 
is an intermediate species, as with the DMVl model, or is formed separately, as with the 
DMV3 model. The DMV3-type models seemed to fit the data slightly better with lower SS 
values than the DMVl models. This may be due to the flexibility of the rnodel, since the a- 
type surface oxygen is fomed independently of the P-type surface oxygen, whereas the 
DMVl models are more awkward, since the a-oxygen is an intemediate species between the 
gas phase and P-oxygen. 
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For a l l  of the DMV models, the P sub-models fit the data with lower SS values than the 
S sub-models. This indicates that at the reaction conditions used the reaction scheme is 
predorninantly competitive with most of the reaction products produced directly from 
propane. Among the two partially consecutive reaction schemes examined, the S 1 type 
seemed to fit the data better than the S2. Consequently, if carbon oxides are produced at ail 
from propene, it is more likely to occur with the p-oxygen rather than the a-oxygen. It does 
seem reasonable that the more reactive and deeply oxidizing a-oxygen would produce 
carbon oxides directly from propane. 

Certainly more complex models can be f o d a t e d  and tested. Models which ailowed 
for reversible exchange of oxygen between the types of surface oxygen were examined. The 
additional parameters in these models tended to be highiy correlated and yielded little further 
improvements in the residual sums of squares. Also, partial pressures and surface 
concentrations could be raised to adjustable powen which may improve the fit of the models. 
The DMV models presented are the sirnplest with the fewest additional parameters over 
ihose of the MV redox model with only one path for the production of carbon oxides. 

9.3 Transient kinetic modelling 
The DMV models were applied to some penodic operation conditions to examine to 

what extent these models are applicable to transient systems. 

9.3.1 Transient Reacror model 
The transient reactor mode1 used was similar to that in chapter 7. In order that ordinary 

differential equations could be used, the reactor was modelled as a senes of ideal well-stirred 
tank reactors. As in chapter 7, ten identical tank reactors were adequate to model the 
concentration gradients of a single nibular reactor with reasonable accuracy. The 
experirnental reactor was assumed isothennal and isobaric. The void fraction of the catalyst 
bed (E)  was assumed to be 0.4, the same value used in chapter 7. A PC-based program, 
MATLAB, was used to perform numericd integrations. 

The system of equations 7.4 to 7.9 expressed the transients in the gas phase concentration 
of each component, with the inclusion of the reaction kinetics for the appropriate DMV 
model. Equations were also needed to express the rate of change of the surface 
concentrations of oxygen. The exact form of these equations varied with the type of DMV 
model, but for the case of the DMV3-P model they were 
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Unless otherwise stated, the DMV models as developed from the steady-state data were 
appiied directly in the transient simulations. The only two adjustable parameters were the 
number of adsorption sites for B-type surface oxygen (QS) and, if applicable a -type surface 
oxygen (Qd. In fitting the transient response data, Q, and Qp were estimated as fractions of 
the oxygen containeci in the magnesiurn orthovanadate (Mg3V208) phase, denoted by X, and 
Xg respectively. Since X-ray diffraction analysis (section 3.1) indicated the catalyst consisted 
mainly of a mixture of magnesium oxide (MgO) and magnesium orthovanadate, it was 
assumed that the entire vanadium content of the catalyst was incorporated into the 
magnesium orthovanadate phase. 

In the models, rate equations that allowed for the transport of buik oxygen to the surface 
of the catalyst were included. The simple bulk oxygen diffusion model, as described in 

section 7.1.2 was used. This would add one additional adjustable parameter to the transient 
model, the lurnped oxygen transport parameter (a). The oxygen transported from the buik of 
the catalyst was assurned only to form p-type surface oxygen. 

9.3.2 Periodic Operation Simulation Results 
Figure 9.9 compares the experimental data and the DMV model predictions for the 

product responses during periodic operation with a 400 s cycle period. The values of the 
adjustable parameters, used for ail the models, are s h o w  in Table 9.7. Only the P-types of 
the DMV models are shown in Figure 9.9. A sirnplifed form of the DMV4 model was used. 
The predicted value of the propene adsorption constant (&,H~) from the steady-state data was 
very large; thus, the propene adsorption sites were füled at aU conditions. It was assumed 
that for the transient form of the model, the propene adsorption sites would fül irnmediately 
after exposure to propane. This was also a necessary condition for the transient modelling in 

chapter 7, which included propene adsorption. There, a small number of propene adsorption 
sites was used in order that they would saturate quickly after the start-up of the reaction. The 
instantaneous saturation of the propene adsorption sites was necessary in order to obtain the 
observed fast increase in the propene concentration. 
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Figure 9.9 Comparison of experimental data and DMV models for penodic operation 
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Table 9.7 
Transient model parameter values 
Parameter Value Units 

XP 0.04 - 
xa* 0.00 1 - 
w 5x IO-'' m3 min-' 
* X, not applicable to DMV4 model 

The kinetic models were derived from only steady-state data and their predictions are 
extrapolated to transient conditions in this section. Thus, it is not surprising that large 
differences in concentrations between the models and experimental data result; what is of 
most interest are the dynamics of the models. The most suiking difference between the 
experimental data and simulation results lies in the large peaks in carbon oxide 
concentrations for the DMVl and DMV3 models imrnediately &ter the feed is switched to 
propane. These result because the sites for oc-type oxygen are füled (completely oxidized) 
after the oxidation half of the cycle. Upon exposure of the catalyst to propane this oxygen 
produces carbon oxides and is completely consumed within a few seconds. Figure 9.10 
shows the degree of reduction of the a and P-type surface oxygen for the DMV3 models. 
Responses of DMVl models are almost identicai. The value of Xa, the quantity of a-oxygen, 
controls only the width of these carbon oxide peaks but not their height. The value of X, 
used is very smali, so that the a-oxygen is quickly consumed and the carbon oxide peaks are 
narrow. The value of the rate constant for production of carbon oxides from the a oxygen 
controls the height of the peaks. The experirnental propene selectivity does increase during 
the first 20 to 30 s after exposure to propane. Thus, consumption of the non-selective a 
oxygen may explain this increase in propene selectivity; however, the rate constants for the 
production of carbon oxides from the a oxygen are too large in the DMVl and DMV3. It 
was found that by reducing these rate constants by about 6095, the DMVl and DMV3 models 
could predict the srnail increase in propene selectivity observed in the experimental data after 
exposure to propane. The DMVl and DMV3 models do not allow for any surface adsorption 
of reaction products or reaction intermediates. TPO experùnents, discussed in section 8.4.1, 
indicated that carbon-con taining s pecies are ads orbed to the catatys t surface after exposure to 
propane in the absence of oxygen. Also, stepchange mass baiances (Figure 6.7) indicated 
that upon start-up of the reaction, without oxygen, most of this carbon deposits on the 

catalyst, within 20 s after exposure to propane. Also, during periodic operation of the 

reaction (Figure 8. l), it was found that carbon dioxide lagged behind the responses of other 
products when feed to the reaction was switched from propane to oxygen. This slow 
response of carbon dioxide suggested either the desorption of carbon dioxide itself or that 
carbon-containing species may have been oxidized from the catalyst surface. The agreement 
of the DMV 1 and DMV3 models transient responses with the data could be improved if 
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Figure 9.10 Reduction of surface oxygen and b u k  oxygen concentration for DMV3 model 

allowance is made for the adsorption of carbon oxides on the catalyst upon exposure to 
propane. Aitematively, carbon oxide precursors may adsorb to the catalyst surface such as 
propane or propene. EssentiaIly the catalyst should trap carbon oxides or carbon oxide 
precursors upon exposure to propane and then release them as carbon dioxide upon exposure 
to oxygen. 

The DMV4 model appears to be best for simulating the periodic operation. In this 
model, gas-phase oxygen directly produces carbon oxides frorn adsorbed propene. Thus, 
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when the feed of oxygen is intempted the extra production of carbon oxides from the gas- 

phase oxygen is immediately stopped. 
It can be seen in Figure 9.10 that after the feed was switched from propane to oxygen, 

both the a and P oxygen were completely reoxidized within seconds. This fast rate of 
reoxidation agrees with the periodic operation results (Figure 8.3). In those experiments, the 
cycle split was varied such that the oxygen feed half of the cycle was successively shortened. 
It was found that the catalyst was essentidy fully reoxidized after only 10 s of oxygen 
exposure. 

Periodic operation with the longest cycle period of 400 s is most dificult to miidel. This 
occurs because the activity of the catalyst, after exposure to propane, declined rapidly for 
about 50 s, but then became almost constant. With the use of the redox models without 
allowance for diffusion of buk oxygen to the catalyst surface, the predicted activity of the 
catalyst declines at a more constant rate. The value of Xp used was rather small in order that 
the rates of production decrease quickly after propane exposure. However, after about 50 s, 
these rates stabilized because the fi-oxygen was re-supplied by oxygen from the catalyst bulk. 
Figure 9-10 shows the concentrations of buik  CO^) and surface oxygen (Cos) for the DMV3 
model. The difference behveen the bulk and surface oxygen concentrations determines the 
driving force for transport of oxygen from bulk to surface or from surface to buk. It is 
apparent, for the two cycles of periodic operation simulated, that the buk oxygen 
concentration is not stable. Experimentally, the periodic operation was nin for ten cycles. 
The product responses appeared to be stable &ter only about three; however, with long-term 
periodic operation, it is possible that there may have been a slow depletion of the buk 
oxygen resulting in a very slow deterioration in activity. Of course, the model for the bullc 
diffusion of oxygen may be inadequate. The fully oxidized bulk and surface concentrations 
of oxygen were assumed to be equal. If a larger surface oxygen concentration were used the 
predicted buik concentration of oxygen could be made stable under penodic operation. 

Propane pulsing experiments, the results of which are shown in Figure 8.9, indicated that 
diffusion of buk oxygen may not have been an important process because an overshoot 
response was not observed for each propane pulse. An alternative explanation for the 
initially fast and then slower decline in activity observed is that the rate constants for 
production of propene and carbon oxides from the P-oxygen are a function of the degree of 
reduction of the cataiyst 

k = f (BI (9.33) 
It seem reasonable that the rate constants might depend on the quantity and binding strengths 
of the oxygen on the catalyst surface. Initiaily, after the switch to propane feed, weakly 
bound highly reactive surface oxygen is consumed and gradually the rernaining oxygen is 

more strongly bound and less reactive. 
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Figure 9.1 1 compares the experirnental data and the DMV model predictions for the 

product responses during periodic operation in which the feed of propane is split between the 
two halves cf the cycle. The values of the adjustable parameters, shown in Table 9.7 are 
again used in the models. The results for the DMVl model, dthough not shown in Figure 
9.1 1, were very similar to those of the DMV3 model. 

Experimental 
Data 

I 1.51 I @ DMV3-P --------- ! .-------- Model 

DMV4-P 
Model 

Figure 9.1 1 Cornparison of experimental data to predictions of DMV models for periodic 
operation with constant feed cf propane 

Large peaks in the carbon oxide concentrations, upon increase in the feed concentration of 
propane from 2 to 4%, are evident for the DMV3 model. In this case the a-oxygen is 
partially reduced during the oxidation half of the feed cycle, because a low concentration of 
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propane is fed dong with the oxygen. The peak in carbon oxide concentration results 
because of the sudden ùicrease in propane feed concentration. Again the carbon oxide 
concentrations decline rapidly as a resuit of the smaü quantity of a-oxygen that is quickly 
consumed. As with the simulations shown in Figure 9.9, the DMV4 model more accurately 
predicts the carbon oxide responses after the switch to feed of oniy propane. 

From the experirnental data in Figure 9.1 1, large variations are observed in the ratio of 
carbon oxides as the ratio of oxygen-to-propane in the feed is alternateci. This same relation 
between the carbon oxide ratio and oxygen-to-propane feed ratio was observed for the 
steady-state data, as illustrated in Figure 9.3. The variation in ratio of carbon oxides is not 
duplicated by the models because they use only a fixeci ratio for the production of the carbon 
oxides. The propene selectivity predictions of the DMV4 model are also poor. During the 

feed of both propane and oxygen, no propene is produced. This is due to the large ratio in 
the feed of oxygen-to-propane at these conditions, i.e. 3: 1. Figure 9.8 shows that the DMV4 
mode1 predicts a linear relation between selectivity and the oxygen-to-propane feed ratio; 
however, for the DMV3 and DMVl models (Figure 9.6) the selectivity decreases very linle 
beyond the oxygen-to-propane feed ratio of 1: 1. The DMV4 models predict a constant 
variation in propene selectivity because a portion of the carbon oxide production in the 
model depends directly on the oxygen gas phase partial pressure. For the steady-state data 
shown in chapter 4, the oxygen-to-propane feed ratio was varied from 1: 1 to 3: 1. In that 

data, a strong dependence of the selectivity on the oxygen-to-propane feed ratio was not 
indicated. It does seem that in fact the propene selectivity is more stable with a large excess 
of feed oxygen, as the DMVl and DMV3 models predict. 

9.3.3 Conclusions from Periodic Operarion SNnulations 
In general, the DMV4 model appears to sirnulate more accurately the product responses 

during periodic operation of the reaction than the DMV1 and DMV3 models. This suggests 
that the lower selectivity of the reaction with gas phase oxygen results from production of 
carbon oxides directly from gas-phase oxygen as opposed to from non-selective a-oxygen 
that is present only with gas-phase oxygen. However, at steady-state conditions with varying 
gas phase oxygen concentrations, the DMVl and DMV3 models more accurately simulate 
the variation in propene selectivity than does the DMV4 model. According to the DMV4 
model, the propene selectivity varies directly with the oxygen partial pressure; however, with 
the DMVl and DMV3 models, the propene selectivity changes little at high partial pressures 
of oxygen because the a-oxygen sites become filled. However, if ailowance is made in the 
DMVl and DMV3 for the adsorption of carbon oxides or carbon oxide precursors, it is 
expected that the DMV 1 and DMV3 models could sirnulate periodic operation equally well 
as the DMV4 model. TPO and step-change experiments support the adsorpiion of carbon- 
containing species on the catalyst during reaction in the absence of gas phase oxygen. 
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Overall, the inclusion of carbon oxide adsorption in the DMVl and DMV3 models would 
make them the most suitable models for simulating both the steady-state and transient 
behaviour of the reaction. 

An alternative that has not been tested in the models is that the a-oxygen is only surface- 
adsorbed oxygen in equilibnum with the gas-phase oxygen partial pressure. However, such a 

mode1 for the a-oxygen would produce the same dynamics as the redox-supplied oxygen in 

the DMVl and DMV3 models. After exposure of the catalyst to feed without gas phase 
oxygen, the a-oxygen would still have to be consumed, which would result in a peak of the 
carbon oxide concentrations. The surface adsorption of oxygen would allow for the 
desorption of some of the a-oxygen once oxygen is removed from the gas phase; however, 
the height of the carbon oxide peaks would be unaffected by the rate of desorption. 



10. Conclusions 

T he examination of the oxidative dehydrogenation of propane, presented in this thesis, 
can be essentially dividecl into four parts. Fust, steady-state data coilected at a range of 

reaction conditions were used to test various kinetic models by nonlinear regression analysis. 
In the second part, transient andysis techniques were used to fürther examine the reaction 
mechanism and investigate the catalytic behaviour under nonsteady-state conditions. 
Findings about the selectivity of the reaction under nonsteady-state conditions inspired part 
three; a brief investigation of the penodic operation of the reaction which provided even 
further infornation about the reaction mechanism. Fuiaiiy, in the fourth part, additional 
steady-state data were coliected at a wider range of oxygen partial pressures. The kinetic 
models developed in the f i t  part were extended to descnbe an apparent relationship 
between the selectivity of the reaction and the oxygen gas-phase partial pressure. 

Steady-sta te kine tic mdelling 
The initial steady-state kuietic data were collected based on a factorial design of 

experiments about a set of standard reaction conditions. Simple power law models indicated 
the reaction rates had a stronger dependence on the hydrocarbon partial pressures than on 
oxygen. This suggested the catalyst was almost saturated with surface oxygen. With 
mechanistic models, difficulties were encountered in modelling surface oxygen in 
equilibnum with gaseous oxygen. Oxygen equilibrium models predicted a higher surface 
concentration of oxygen at higher temperatures. Models in which oxygen reacted separately 
with its own kinetics to re-oxidize the catalyst by Mars-Van Krevelen type kinetics fit the 
data better. Finally, a general mode1 was proposed based on a simple consecutive reaction 
scheme in which propane reacts with surface oxygen species to f o m  adsorbed propene. The 
adsorbed propene can desorb or be further oxidized to carbon oxides. 

It was found that the selectivity of the catalyst at any given set of reaction conditions 
may be sensitive to previous conditions to which the catalyst had been exposed. When the 
catalyst was initiaily exposed to reaction conditions with an excess of oxygen, the selectivity 
for propene was observed to deteriorate with tirne on Stream. On the other hand, the propene 
selectivity was stable when the catalyst was initially exposed to equal concentrations of 
propane and oxygen. There was evidence that if the catalyst was exposed initially to excess 
oxygen, its propene selectivity continued to be low when exposed to other feed 
concentrations. 



Transient kinetic analysis 
Many of the transient response characteristics qualitatively supported the Mars-Van 

Krevelen or redox type reaction kinetics. During start-up of the reaction, it was observed 
that propane began to react fmt, reducing the catalyst. The reaction of oxygen to re-oxidize 
the catalyst was delayed by a few seconds. Also, the transient response of the products 
consisted of an overshoot type response, suggesting the reaction rate was initiaiiy high 
because of an excess of oxygen on the catalyst surface but then the reaction rate slowed as 
the catalyst was reduced and steady-state was approached Mass balances appeared to 
confimi that the catalyst was partially reduced during start-up of the reaction. Redox kinetics 
were further supported by the observation that the catalyst was active without the presence of 
gas-phase oxygen, for at least 10 min at the reaction conditions examined. Oxygen on the 
surface and in the bulk of the catalyst was sufficient to drive the reaction. During operation 
of the reaction under these transient conditions without gas-phase oxygen, the propene 
selectivity was found to be higher than at steady-state. This was m e  even at comparable 
levels of conversion of the propane. 

Carbon mass balances during start-up and interruption of the reaction were less clear, 
but seemed to indicate that little to no carbon was present on the catalyst surface during 
steady-state reaction with both propane and oxygen feed. However, temperature- 
prograrnrned oxidation and desorption experiments indicated that a signifïcant quantity of 
carbon, in some form, was present on the catalyst surface at steady-state reaction conditions. 
Because elevated reaction temperatures were required to oxidize these carbon species, they 
were apparently strongly bound to the catalyst surface. However, they did not seem to 
contribute to deactivation of the catalyst. These carbon-containhg species, present at steady- 
state, were apparentty slowly deposited on the catalyst surface during reaction. On the other 
hand, when the reaction was started without gaseous oxygen, a carbon m a s  balance 
indicated that carbon species were deposited on the cataiyst surface for a short penod 
immediately after start-up. Lags in the response of carbon dioxide during periodic operation 
of the reaction supported the presence of these carbon species. Temperature-programmed 
oxidation experiments indicated that the majority of the carbon species deposited on the 
cataiyst during start-up of the reaction without gas-phase oxygen, were removed irnmediately 
upon exposure to oxygen, suggesting they were weakly bound to the catalyst surface. 

The kinetic model proposed from the examination of steady-state data was used to 
construct a dynamic kinetic model. The dynamic model could successfully reproduce the 
observed transient responses during start-up of the reaction with catalyst previously exposed 
to reaction conditions and then re-oxidized. The observed rapid propene overshoot response 
required that the mode1 include a small number of sites on the catalyst for propene 
adsorption. This result tended to agree with the experimental carbon mass balances for start- 
up of the reaction at steady-state conditions. Mass transport of oxygen may be an important 
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process during the transient responses; however, it seemed to be  correlated with the surface 
oxygen content of the catalyst. 

The dynamic model failed to predict the high propene selectivity observeci irnmediately 
after start-up of the reaction without gas phase oxygen. The model predicted a higher 
propene selectivity only after partial reduction of the catalyst, an expected result because of 
the consecutive sequence of the rnodel's reaction scheme. There were apparently additional 
reaction pathways that produce carbon oxides involving gas phase oxygen, not accounted for 
in the model. 

Periodic operation 
The high selectivity of the reaction without oxygen suggested than an obvious strategy 

for irnprovement of the performance of the reaction would be by periodic operation 
consisting of the alternate feeding of propane and oxygen. Under periodic operation at a 1: 1 
cycle split, a higher Ume-average propene yield could be obtained compared to steady-state 
operation over a range of cycle periods. Pmpene selectivities too were weii above steady- 
state values. At periods longer than about 150 s, the the-average propane conversion for 
penodic operation was too low for the propene yield to exceed steady-state. However, due to 

the overshoot response at shorter periods the conversion could be increased so as to increase 
the yield over that at steady-state. At very short cycle periods of less than about 50 s, the 

time-average selectivity and even eventualiy yield for periodic operation decreased because 
the instantaneous selectivity of the reaction tended to be lower irnmediately after re-exposure 
to propane. 

Variation of the penodic operation cycle spiit indicated that the rate of re-oxidation of 
the reaction was considerable faster than the rate of reduction. When the propane feed half- 
cycle was 50 s, the catalyst was fully re-oxidized within 10 s during the oxygen feed half- 
cycle. These results suggest that at steady-state the catalyst is nearly fuily oxidized. This 
agrees with power-law kinetic findings that the steady reaction rates have only a weak 
dependence on oxygen partial pressure. 

Periodic operation was camed out without catalyst re-oxidation, in which propane was 

altemated with pure helium feed. Under these conditions, the catalyst could be significandy 
reduced. The oxygen removal corresponded to the complete reduction of the magnesium 
orhovanadate phase. As the catalyst was reduced, the propene selectivity increased and, 
sirnultaneously, propane conversion decreased. However, cornparison of the propene 
selectivity at about the same conversion of propane but different degrees of catalyst reduction 
indicated that the yield of the catalyst was greater in the more reduced state. 



Oxygen efiects on selectivity 
Additional steady-state data were obtained in which the oxygen partial pressure was 

varied over a large range at constant propane partial pressures. In order to Vary the propane 
conversion as weii, experiments were repeated with different masses of catalyst. The 
propene selectivity incceased as the partial pressure of oxygen was decreased; 
simultaneously, propane conversion decreased. At low propane partial pressures, the 
decrease in propane conversion was s m d  enough that the propene yield increased. This 
suggested that an alternative to periodic operation for improving the propene selectivity 
could be simply to operate at steady-state with a low partial pressure of oxygen. 

A simple redox mode1 with a consecutive reaction scheme was inadequate for modelling 
the improved selectivity at reduced oxygen partial pressures. Models which included 
additional pathways for the production of carbon oxides dependent on the partial pressure of 
the oxygen were more successhil. These models included either separate surface oxygen 
sites that produced only carbon oxides or allowed for gas-phase oxygen to react directly with 
surface adsorbed propene to produce carbon oxides. Dynamic forms of these extended 
redox models were also used for simulating penodic operation results. The mode1 that 
included the direct reac tion of gas-phase oxygen to produce carbon oxides sirnulated the high 
propene selectivity observed immediately after the catalyst is re-exposed to propane. Models 
with separate surface oxygen sites required the inclusion of adsorption of carbon oxides or 
carbon oxide precursors in order to accurately simulate dynamic responses. Overall, models 
with separate oxygen sites were considered best for describing both the steady-state and 
transient data. 

What does ir al1 really mean? 
On the whole, results indicate that the concentration of oxygen both in the gas phase and 

on the surface of the cataiyst is crucial for detennining reaction conditions for selectively 
producing propene. Oxygen-starvation of the reaction appears to be the best strategy for 
minirnizing the complete oxidation of propane to carbon oxides. The low propane 
conversion at these conditions c m  be compensated for by increasing quantities of catalyst. It 
is unclear whether the same mechanisms are at work, when the propene selectivity is 
improved at steady-state conditions with a lower gas-phase partiai pressure of oxygen as 
opposed to at non-steady-state conditions with increasing reduction of the cataiyst. The 
improved selectivity at non-steady-state conditions can probably be attributed to the 
increased binding strength of lattice oxygen at increased reduction of the catalyst The 
oxygen sites that produce only carbon oxides in the extended-redox models could be 
considered weakly bound, perhaps surface adsorbed oxygen whose concentration is 
dependent on the oxygen partial pressure. These models did successfully describe the 
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steady-state data, and with the inclusion of carbon oxide adsorption, c m  be expected to 
success M y  simulate transients under periodic operation. 



I I .  Recommendations for funrre rvork 

Il. Recommendations for future work 

T he low alkene selectivity of the oxidative dehydrogenation reaction rernains a problem. 
If the themal advantages of this reaction, discussed in the introduction, are ever to be 

exploited comrnercially, the selectivity of the reaction for combustion products must be as 
iow as  or lower than the selectivity of the direct thermal dehydrogenation reaction for 
producing carbonaceous deposits on the catalyst. 

The aim of this research work has been to study the reaction kinetics and rnechanism 
both under steady-state and transient conditions. The results have indicated that the 
performance of the reaction for selective production of propene is dependent on the partial 
pressure of oxygen in steady-state conditions and the catdyst surface concentration of oxygen 
in non-steady-state conditions without gas-phase oxygen. The complete oxidation of propane 
to carbon oxides is minimized by operating at non-steady-state without gas-phase oxygen and 
with the catalyst in a reduced state. This suggests that ideaUy the reaction ought to be carried 
out in a cyclic process with altemathg feeds of propane and oxygen. Indusuially this would 
be most conveniently realized in a fluidized bed type reactor in which the catalyst is 
uansported between reduction and oxidation reactors. There is a concern though that in 
order for the selectivity of the reaction to be sufficiently high, the catalyst would have to be 
maintained in a severely reduced state. Thus, in order for such a process to have acceptable 
productivity, excessive quantities of catalyst would have to be transportai, possibly making 
the process economically unattractive. An alternative to a fluidized bed reactor process 
would be a membrane type reactor, in which the reoxidation of the cataiyst would be 

controlled by the rate of diffusion of oxygen through a membrane. But here again, achieving 
acceptable productivity per mass of catalyst could be problematic. In the work presented in 

this thesis, the reaction has been operated at low levels of conversion in order to ease the 
interpretation of the transient response experiments. More work needs to be done to 
investigate the achievable yields under various modes of periodic operation at higher levels 
of conversion that would be of industrial interest. 

Another possible aim for future research is catalyst irnprovement which certainly is 
aided by an understanding of the reaction mechanism. There does seem to be room 
remaining for catalyst development and already recent investigations with alkaline additives, 
which presumably aid in the desorption of the alkene, have shown some success in this area 
[54-591. Who knows, if the b a t  possible catalyst is used in the best possible way: there 
could be hope yet! 

An interesting alternative approach for future research would be the thermal coupling of 
oxidative dehydrogenation with the direct dehydrogenation reaction. This is an attractive 
direction for future research if development of a competitive process based solely on 
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oxidative dehydrogenation seems Futile. The a h  here would be to carry out just enough 
oxidative dehydrogenation to clean the cataiyst of deactivating carbonaceous deposits and 
provide enough heat to be consumed by the direct themal dehydrogenation. Prevention of 
cataiyst deactivation and irnproved energy efficiency would be the advantages of such a 
process. An 'in situ' redox Buidized bed reactor, as discussed in chapter 8, could be used to 
carry out such a process. This research would probably have to be combined with catalyst 
development since a catalyst suitable for both oxidative and thermal dehydrogenation 
reaction routes would be required. In addition if the catalyst were to be used in an 'in situ7 
redox fluidized bed type reactor it would have to be resistant against erosion. 

More work could be done to study the mechanisms of the catalytic reaction, carrying on 
the efforts of this thesis. There are many other modes of penodic operation at which the 
reaction could be operated. Of particular interest would be variation of the oxygen partial 
pressure during periodic operation. In the penodic operation work presented in this thesis the 
reactant partial pressures were held constant Although, it was found that the oxygen partial 
pressure had a significant effect on the selectivity of the reaction during steady-state 
operation. During periodic operation of the reaction can the partial pressure of oxygen 
during the oxygen half of the feed cycle control presumably the types of oxygen generated on 
the catalyst and then affect the product responses during the subsequent propane haif of the 
feed cycle? In addition, the use of oxygen isotopes could provide further clarification 
regarding the roles of gas-phase versus surface oxygen in the reaction and the extent of the 
diffusion of oxygen from the catalyst buik during periodic operation. Oxygen isotopes could 
aiso perhaps provide information about the various types of active surface oxygen. 



Nomenclature 

Nomenclature 

= area (m2) 
= oxygen concentration (mol m") 
= activation energy of reaction i (J mol-') 
= heat of adsorption for component i (J mol*') 
= rate constant for reaction i 
= Arrhenius pre-exponential factor for reaction i 
= oxygen diffusivity in catalyst bulk (m2 min-') 
= adsorption equilibrium constant for component i 
= length of catalyst bed in reactor volume element (m) 

= partial pressure of component i (bar) 
= quantity of adsorption sites for component i (mol) 
= reaction rate of reaction i (mol min-' (g cat.)-') 
= ideal gas constant (8.3 14 Pa m3 mol" R') 
= change in entropy on adsorption (J mol-' R I )  

= temperature (K) 
= time (min) 
= superficial gas velocity (m min-') 
= volume of catalyst bed in reactor volume element (m3) 
= mass of catalyst (g) 

= ratio of production of CO2 to CO 
= fraction of total sites for adsorption of component i available at surface 

Greek letrers 
a = degree of reduction of catalyst a-oxygen surface sites 

P = degree of reduction of catalyst P-oxygen surface sites 
6 = equivalent thickness (m) 
E = catalys t bed void fraction 

Oi = degree of occupation of surface adsorption sites for component i 
P = catalyst bulk density (g m3) 
O = lumped bulk oxygen transport parameter (m3 min-') 

Subscripts 
ads = adsorption 
b = bulk 



Nomenclature 

des 
in 
rn 

O 
S 

SS 

= desorption 
= inlet 
= mean 
= surface atomic oxygen 
= surface 
= steady state 
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Appendix A 

Appendix A 
Gas Chromatography Analysis and Sample Calculations 

Tables Al and A2 show the integrated areas for the component peaks for a sample 
mixture and for the calibration gas mixtures respectively. For this sample data the reactor 
contained 30 mg of cataiyst and the reaction temperature was 5 10°C. The inlet or feed gas 
composition was 6% C3Hz and 6% 02 in helium with a total flow rate of 50 ml min-' at STP. 
Two calibration gas mixtures were used. One was a specialty gas mixture supplied by AGA 
Gas, containing 0.99% CO, 1.02% CO2 and 2.01 % C3H6 in helium. The second was the 
acmd feed gas mixture to the reactor containhg 6% C3Hg and 6% 9 in helium. 

Table Al 
Sample mixture component integrated areas - 
Component Integrated Area (A:) Retention tirne (min) 
CO 702 3 -49 
Co2 1378 4.38 
c3H6 2535 12.98 
C3Hs 106230 13.34 

Table A2 
Calibration mixtures component integrated areas 
Trial CO CO;! c3H6 C3H8 

1 5344 522 1 34943 1 1  1330 
2 5362 5018 34074 1 10210 
3 5216 5097 3450 1 110120 
4 - - 111710 
5 - - 107640 

Average (A') 5307 5112 34506 1 10202 

The sensitivity coefficient (S) for component i is calculated from the average caiibration 
area (AC) and the components concentration in the calibration mixture (6): 

The resulthg sensitivity coefficients for each component are shown in Table A3. 



Table A3 
Sensitivity coefficients 
Component Si (area 8-') 
CO 1 .865~10~  

The concentrations of the carbon containing components (C) in the sample mixture are 
calculated frorn the sensitivity coefficients (S) and the integrated area for these components 
(A) in the sample mixture: 

Ci = Si * Ai 

The resulting concentrations are shown in Table A4. 

Table A4 
Concentrations of carbon-containing components in sample mixture 
Component ci (%) 
CO 0.1309 

The propene selectivity can be calculated dkctiy from the concentrations of the carbon- 
containhg products: 

An iterative procedure is used to ngorously solve for the normalized outlet concentrations of 
each component. The inlet total flowrate to the reactor (F) is in aU cases 50 ml min-' at 
STP. For the f i t  iteration it is assumed that the oudet total flowrate (Pt) is also 50 ml min- 
1 at STP. The overall reactions that produce each of the products are 
C3Hs + 0.5 O2 + C3H6 + H z 0  
C 3 H 8 + 3 . 5 0 2 + 3 C O + 4 H 2 0  
C 3 H s + 5 0 2 + 3 C O ~ + 4 H 2 0  
Basecl on the stoichiometry of these overail reactions, the outiet concentrations of water and 



oxygen can be calculated from the concentrations of carbon-containing products: 

ci" F" - CH20 
OZ 

+ Cco2 + -IFoa 2 

Co, = FOU 
= 53151% (A51 

In this case the feed oxygen concentration (cO2I1) is 6%. The new outlet flow rate and the 
carbon balance are caicdated: 

where the feed propane concentration in this case is 6%. The resulting outlet flow rate is 
50.195 ml min-' at STP. The carbon balance is calculated: 

Carbon- Balance = 
(cc0 + Cc, + 3 G , ,  + 3CC3H: )Fou 1 100% = 1015% 

3C&, F" 047) 

The concentration of each component based on a normalized carbon distribution is calculated 
P 

Table A5 shows the resulting normaiized concentrations for the fust iteration. 

Table A5 
Normalized Concentrations of carbon-containina components for f i t  iteration 
Component ciN (W 
CO O. 1290 



The normalized concentrations of each component are calculated repeatedly based on the 

new outlet fiow rate values by equations A4 to A8 until they converge. Table A6 shows the 

nonnalized concentrations and total flow rate for each subsequent iteration. 

Table A6 
Normalized Concentrations for each iteration 

Znd iteration 3d iteration 4h iteration 
CO (%) O. 1292 O. 1292 O. 1292 
CO;! (%) 0.27 13 0.27 13 0.27 13 
C3& (%) O. 1457 0.1457 0.1457 
c3Hs (%) 5.7055 5 JO45 5.7045 
H20 (%) 0.6787 0.6797 0.6797 
O2 (w 5.3019 5.3089 5.3079 
P"'(mlminm'atSTP) 50.128 50.137 50.136 

The propane and oxygen conversions are caiculated: 

C, H, - conversion = 
(c&' F m )  - (c&, Fou)  1 100% = 4.67% 

(c&, F* ) 



Appendix B 
Mathematical treatment of mass spectrometry data 

Method of data anaiysis 
The following continues in detail a description of the method of treatrnent of MS data 

started in Section 5.3.2. In the simplest method of qualitative anaiysis of mass spectrometry 
data the sensitivity coefficients, Sv, must be known for each component, j, at each mass 
value, i. The number of mass peaks, n. m u t  equal the nurnber of components in the 

mixture. If the concentrations of the components of the mixture are partial pressures, pj, the 
sensitivity coefficients express the mass peak intensity per unit pressure. Then a set of n 
simultaneous Iinear equations must be solved to determine the partial pressure of each 
component 

Snlpl + Sn2p2 + . . . + S+ = In 
The above system of equations cm be expressed in rnatrix notation as 
s p  = 1 ( B a  
As discussed in section 3.3, the direct application of equation B2 is inadequate and the 
following describes the refinements used to overcome problems with slight total pressure 
differences between andysis of the calibration and sample gases. The partial pressures, pj 

are replaced by mjpc, where mj is the mole fraction of component j in the standard mixture 
and p, is the unknown total pressure of the calibration mixture. Thus the general ternis in 
equations B 1 become 
Sifi  = SiimjpC (B3) 
The number of sensitivity coefficients can be reduced to the number of components by 

expressing the sensitivity coefficients at secondary mass peaks as equal to a fraction of the 
coefficients at the primary mass peak by use of the primary to secondary mass peak ratio 
defmed by equation 3.3, 
Sij = ri$pj (B4) 
Then the general term, S4pj, cm be further modified to 
Sigj = rijSpjmgc (B5) 
By defining 

Qj = S f l c  ( B a  
and 
a, = m p -  

1 ' 1  (B7) 



The general ternis of equations B 1 becorne 

si@, = a--e- II I (BQ 
Then for each calibration mixture, the set of equations, in matrix f o m  
aQ = rc (B9) 
is obtained. By measuring the mass peak intensities, I,, for each mass in each calibration 
mixture, the equations can be solved 

-1 
Q = U  rc (B 10) 
There are three unknown values of p,, one for each calibration mixture. At this point it is 
necessary to adjust the Q values such that they are all based on the same pressure, by using 
helium as a tie component. Q values are calculated for helium in each calibration mixture. 
The ratio of the Q values for helium for the fmt and second calibration mixture are 

QH=, I / Q H ~ , ~  = psl/pc,z =  RI^ 1) 
Since for a l l  components in the second calibration mixture 

Qj.2 = Spips2 (B 12) 
then each can be expressed in terms of the pressure of the f ~ s t  calibration mixture by 

Qj,zRiz = Spjpc, I (B 13) 
The same procedure cm be used to express the Q values for the third calibration mixture in 
ierms of the pressure of the first calibration mixture. From this point on, p , ~  wiU be 
represented by p, and each Q value c m  be expressed by equation B6. 

Let p, be the total pressure of the unknown mixture and xj be the unknown mole 
fraction of component j in it. R wiU represent the ratio of the pressures of the unknown 
mixture and the fust caübration mixture by 

P x  = Rpc (B 14) 
Equations B 1 c m  be applied to the unknown mixture and the general term Siipj may be 
rewritten as before 

S& = SfijpX = rIïSPfiIRpc = rgQfiR @ 15) 
By defuiing 
b, = .ijQj (B 16) 
and 
yj = xjR (B 17) 
Then 
Sipj = b4yj (B 18) 
giving the set of equations 
by = lx (B 19) 
By measurement of the intensity of each mass peak, G, in the unknown mixture, the 
equations can be solved by 
Y = 6-% ( B m  



Finaiiy to obtain the values x,, it is known that for any mixture 
L x j = I  (B21) 
Then from equation B 17, 
Eyj = ZxjR = R ( B W  
and by combining equations B 17 and B22 
Xj = yj /Zyj (B23) 
In applying the procedure described above, frst the calibration data must be used to 
calculate the ma& b, by equations B7, B 10 and B 16. The mole fractions of the 
components in the unknown mixture, xj, are then calculated by equations B20 and B23. 

Sample data and calculations 

Sam~Ie ion currents and cross-contributions 
The matrix of ratios of prirnary and secondary mass peaks, as Listed in Table 3.1, is 



The sampie data is for steady state reaction with feed of 3% propane and 6% oxygen with 

2 1 mg of cataiyst at a reaction temperature of 510°C. The rneasured ion currents with units 
mA at these conditions are 

Feed Gas Calibration mixture 
The Fust calibration gas mixture is the feed gas. The mole fractions of the components 

in this mixture are 

mlr = [% ~ c , H .  mo, ] = [091 0.03 0.061 

The ion currents measured for this gas mixture, in mA, are 

Since in this gas mixture none of the components produce secondary mass peaks which 
have the same mass as primary mas peaks of other components, The elements of the gg 
matrix are simply the ratios of the elernents of the m'B and fg matrices 

Product Gas Calibration mixture 
The second calibration gas mixture consists of the product components. The mole 

fractions of the components in this mixture are 



The ion currents rneasured for this gas mixture, in mA, are 

2522 x 10-~ 

1.175~ 10-~ 

The a matrix is constnicted accordhg to equation B7 

1 O O O 
The dg matrix is calculated 

Water Calibration gas mixture 
The f i a l  calibration gas mixture is produced by reacting propane and oxygen over a 

platinurn mesh catalyst. The feed concentrations of propane and oxygen are 3% and 6% 

respectively, the reaction temperature is 550°C and about 0.4 g of platinurn mesh catalyst is 
used. At these conditions, the lïmiting reactant is oxygen, and the products almost entirely 
consist of carbon dioxide, water and unreacted propane. GC analysis indicated that the 
concentrations of helium and water in the product gases are 



The ion currents measured for this gas mixture, in mA, are 

Since in this gas mixture none of the components produce secondary mass peaks which 
have the same mass as primary mass peaks of other components, The elements of the Qwg 
matrix are simply the ratios of the elernents of the mwg and i"B matrices 

Expression of O values on same total Dressure basis 
The ratio of the Q values for heLiurn for the product gas and feed gas calibration mixtures is 

The ratio of the Q values for helium for the product $as and water calibration mixtures is 

The Q values of the feed and water calibration mixtures c m  be expressed in terms of the 
total pressure of the product calibration mixture by multiplying by these ratios. Finaliy the 

Q values of a l l  of the calibration mixtures can be combined to into one Q ma& based on 
the total pressure of the product caiibration mixture 



Appendix B 

Final Calculations 
The b ma& is constructed from the elements of the r and Q matrices, according to 

The sum of the elements of y, according to equation 822, and represented by R, are equal to 

0.8092. Fially, the mole fraction of each component in the outlet gas from the reactor is 
obtained by normalizing y, each element of y is divided by R 

equation B 16 

Mass spectrometry was the analytical technique used for operation of the reaction under 
transient or penodic operation conditions. For calculations of the propane and oxygen 
conversions and carbon and oxygen balances under these conditions, the rigorous method 
shown in Appendix A was not used. It was assumed that the total inlet and outlet flow rates 
were equal. Due to the low concentrations of reactants used at all  of the reaction conditions 
and the low levels of conversion, the outlet total flow rate was typicaiiy less than 2% greater 

b =  

- 
0.0263 O O O O O O 

O 02787 O O O O O 
O O 0.4606 05486 O 0.0250 0.0681 

O O O 0.8115 O O O 

O O O O 03692 O O 

O O O 0.1875 O 05844 O 
O O O 0.1785 O O 0.4886 - 

According to equation B20 



than the iniet flow rate. Thus accounting for the change in total flow rate makes iittie 
difference in the results as can be seen for the sample cdculations in Appendix A. Thus the 
propane and oxygen conversion based on the mass spectrometry analysis are 

XC,H, -Xc,ff, 
C, H, - conversion = ( a )-IW%=2.67% 

~ 3 ~ 1  

x:* -x" 
O r i o  = ( x5 )- lW% = 6.33% 

The carbon and oxygen balances are 

X&* +xco +2xcoz +2x" 
ûxygen- Balance = - 100% = 100.4% 

2G2 

The propene selectivity is caicuIated 

3+,, 
C, H, - selectivity = 100% = 36.6% 

x~~ +XC& + %C3H6 
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Appendix C 
Estimation of adsorption entropy change 

Reason for estimating the adsorption entropy change 
The following thermodynarnic relation applies between the adsorption equiiibnum constant 
(Kd) and the Gibbs free energy of adsorption (AG'&) at standard conditions 298 K and I 
atm: 

The Gibbs free energy of adsorption is related to the enthalpy (AHa& ) and entropy (ASa&) 
of adsorption by 

AGA = ML - TM& (C2) 
By combinuig equations C 1 and C2, the foilowing is obtained 

K,, =exp --- (" Y?) 
The entropy of adsorption could be expressed as the adsorption equilibnum constant (K'~) 
at standard conditions 

K,, = Kkexp -- ( Y?) 
In fitting this equation to data two adjustable parameters are available, the adsorption 
equilibrium constant (K'& ) and the enthalpy of adsorption (AHadr) at standard conditions. 
This is the approach taken for the LH2 mode1 in chapter 4, except that K ' ~  is at the standard 
temperature of 530°C. In order to reduce the number of parameters to be fitted in the 

regression analysis, an esthate of ASa& in equation C3 may be made. The foIlowing 
descnbes how estirnates of the entropy of adsorption at standard conditions were made for 

oxygen, propene and carbon monoxide. 

Method of estimating the adsorption entropy change 
Accordhg to quantum mechanicd theory [76] the translational contribution to the gas phase 
entropy of a molecule can be estimated by 



where M is the molecular weight of the molecule, T is the temperature, P is the total pressure 
and R is the ideal gas constant The total gas phase entropy (S,) is the sum of its 
translational (Strm), rotational (Srt) and vibrationai (Svib) components 

SI = Sr- +Srnt f Svib K6) 
The vibrational contribution can be considered negiigible for low molecular weight 
molecules. It is possible by quantum mechanical theory to estimate the rotational gas phase 
entropy, although detailed knowledge of the molecule's geornetry and atomic coordinates 
relative to its center of gravity is required. To simplify the estimation, the rotational gas 

phase entropy was calculated from Literature values of the total gas phase entropy [77] and 
assuming the vibrational gas phase entropy was negligibly smail 

Sm, = s, - Sm,, (C7) 

Table C 1 shows the calculated translationai and rotational gas phase entropies and the total 
gas phase entropy for oxygen, propene and carbon monoxide at standard conditions. 

Table C 1 
Calculated translational and rotational gas phase entropies* 
Component Sg M Stn-w Smt 

(J mol-' R') ( m u )  (J mol-' K') (J mol-' R') 
oxygen 205 32.00 152.0 53.1 
propene 267 42.08 155 -4 1 1 1.6 
carbon monoxide 198 28.0 1 150.3 47.7 
* at standard conditions 298 K, 1 atm 

It was assumed that upon adsorption, a molecule loses al l  of its translational entropy and two 

thirds of its rotational entropy. Thus, the adsorption entropy change at standard conditions 
was calculated 

Mixture effects on the gas phase entropy were considered negligible. It should be noted that 

such an estimate of the gas phase entropy change upon adsorption must be considered a 
maximum, since it is possible for a molecule to have some limited mobility on the catalyst 
surface and retain a portion of its translational entropy. Table C2 shows the calculated 
adsorption entropy change at standard conditions. 



Table C2 
Calculated adsorption entropy change* 
Component 

oxygen 
propene 
carbon rnonoxide - 174.1 
* at standard conditions 298 K, 1 atm 
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Appendix D 
Transient and periodic operation experimental data 

The transient and periodic operation experimental data are contaïned on an 
accompanying 3.5" fioppy diskette. AU of the data are stored in an ASCII format. None of 
the fües on the diskette contain documenting text, thus the following tables in this appendix 
explain exactly the kind of data and its configuration in each file. 

Transient data 
Table D 1 lists the files that contain transient reaction data. This data was ail fmt 

presented in chapter 6 and the table dso  lists the figures in which the data appear. Some data 
rnay appear in different formats in multiple figures and some figures contain data from 
multiple lies. In order to avoid possible confusion, the reaction conditions for each set of 
data is dso listecl, 

The data files consist of columns of numbers. Table D2 hsts what each column 
contains. The data are transient responses after disturbances imposed on the reaction and ai l  

of the data is relative to the time at which the disturbance was imposed. Thus, the 
disturbance, resulting in the start-up or interruption of the reaction occur at time zero. Not 
d l  of the data fdes contain a 9* and 10" column. These columns contain estimates of the 

feed concentrations of propane and oxygen to the reactor, deterrnined by repeating the 
experiments with the reactor not containing catalyst, Le. blank experiments. 

Table Dl 
Directory of ftles containing transient data 
File narne Figure numbers Reaction Conditions 

Catalyst Mass Feed C3H8 (%) Feed Oz (95) 



Table D2 
Configuration of transient data files 
Column number Quantity Uni& 
1 time s 
2 helium mole fraction 
3 water mole fraction 
4 carbon monoxide mole fraction 
5 propane mole fraction 
6 oxygen mole fraction 
7 propene mole fraction 
8 carbon dioxide mole fraction 
9 propane (inlet estimation) mole fraction 
10 oxygen (inlet estimation) mole fraction 

Periodic operation data 
Tables D3 to D6 list the files that contain periodic operation data. This data was al1 fust 

presented in chapter 8 and the tables also list the figures in which the data appear. The tables 
also list the strategy of periodic operation used for each set of data. For complete details one 
should refer to the discussion in chapter 8 regarding each figure. 

Table D7 iists what each column contains. The data files contain the product transient 
responses during up to 10 cycles of periodic operation. In the case of the propane pulsing 
experiments the data is for 30 cycles of operation. For most of the data, at t h e  zero feed to 
the reactor is switched from that at steady state conditions to the oxygen-containing half of 
the penodic operation feed cycle. In the case of the propane pulsing experiments, at time 
zero feed to the reactor is switched from helium to the propane-containing half of the feed 
cycle. 

Directory of files containhg periodic operation data at varying cycle periods 
File name Figure numbers cycle period (s) 
per l0.dat 8.2 10 
per20.dat 8.2 20 
per40.dat 8.1,8.2 40 
per60.dat 8.2 60 
per80.dat 8.1,8.2 80 
per 1ûû.dat 8.2 100 
per l30.dat 8.1,8.2 130 
per l6O.dat 8.2 160 
per200.dat 8.2 200 
per300.dat 8.2 300 
per400.dat 8.1,8.2 400 



Table D4 
Directory of fies containing periodic operation data at varying cycle splits 
File name Figure num bers cycle splits 

Table D5 
Directory of fies containing periodic operation data with varying propane feed schemes 
File name Figure num bers Propane conc. in cycle period (s) 

oxidation half of feed 
cycle (%) 

fs650.dat 8.8,8.6 6 100 
fs550.dat 8.8,8.6 5 100 
fs450.dat 8.8,8.6 4 100 
fs350.dat 8.8,8.6 3 100 
fs630.dat 8.8,8.7 6 60 
fs530.dat 8.8,8.7 5 60 
fs430.dat 8.8,8.7 4 60 
fs330.dat 8.8,8.7 3 60 

Table D6 
Directory of fies containing propane pulsing data 
File name Figure numbers Catalyst mass 

Table D7 
Configuration of periodic operation data Fies 
Cohmn number Quantity Uni& 
1 tirne s 
2 carbon rnonoxide mole fraction 
3 propene mole fraction 
4 carbon dioxide mole fraction 



Temperature-progrmmed oxidatioddesorption data 

Table D8 lists the files that contain temperature-pmgrarnmed oxidation and desorp tion 
data. This data was presented in chapter 8 and the tables aiso list the figures in which the 
data appear. The tables also List sorne of the experirnental conditions for each set of data. 
For complete details one shouid refer to the discussion in chapter 8 regarding each figure. 
Separate files listed in Table D8 contain the measured reactor temperature during the 
temperature-programmed experiments. 

Tables D9 and D IO list what each column contains in the data fies. At tirne zero, for 
each data file, feed to the reactor is switched from the pretreatment conditions to the 
conditions for the temperature-programmed experimenr 

Table D8 
Directory of f ies  containing temperature-programrned oxidationfdesorption data 
File name Figure numbers Conditions pretreatment Temperature data 

file name 
tpopl.dat 8.12a oxidation propane pulsing tpopl-tdat 
tposs.dat 8.12b oxidation steady state tposs-t dat 
tpxpl-dat 8.13a desorp tion propane pulsing tpxp't-dat 
tpxss-dat 8.13b desorp tion s teady s tate tpxss-t-dat 

Table D9 
Configuration of temperature-programmed 
oxidation/desom tion data files 
Column number Ouantitv Units 

- - - -- - - - - 

1 tirne s 
2 carbon monoxide mole fraction 
3 carbon dioxide mole fraction 

Table D 10 
Configuration of ternDerature data files 
Column number Quantity Units 
1 t h e  s 
2 temperature OC 



Appendix E 

Appendix E 
Oxygen partial pressure effects steady-state data and modetling details 

Table El contains the steady-state data used for modelling in chapter 9. 

Table E l  
Oxygen partial pressure effects steady-state data 
Inlet Conc. (9%) Cat. ûutiet Concentration (%la CJrs C)2 C3H6 
cd8 O2 Mass CO Co2 C f i  CsH8 0; conv. conv!' yield 

(mg) (%) (W (W 

0.6 . - 0.082 0.147 0.203 5.721 0.158 4.43 73.61 3.22 
%ormalized carbon distribution. 
b Calculateci from normalized carbon distribution in products and assirming the only additional product is water. 



The following tables List confidence intervals for a i l  of the modeis discussed in chapter 9. 

Table E2 
Parameter 95% confidence intervals for redox mode1 based on MV2 
Parame ter Confidence interval Units 
kr f 1.37x10-~ ml SV min-' (g cal)" bar-' 
kz k9 .53~  IO-' ml STP min-' (g cal)-' bar-' 
k3 f i . 4  1x10-' ml STP min-' (g cat)-' bar-' 

Table E3 
Parameter 95% confidence intervals for DMV 1 models 
Parame ter DMVI-S1 DMV1-P DMVI-S2 Units 
kz ~ . 6 4 x 1 0 - ~  ~ . 7 3 x 1 0 - ~  *1.42~10-~ ml STP min-' (g cat)-' bar-' 
k3 3588x10" *7.94x10-~ i t l . 0 2 ~ 1 0 ~  mlSTPmin-'(gcat)-'bar-' 
kj I 1 . 4 3 ~  l û l  it 1 . 6 2 ~  10-1 11.93~10-' ml STP min-' (g cat)-' bar-' 
ks 15.39~10'~ &2.87x109 f 1.93~10' ml STP min" (g cat)-' 

Table E4 
Parameter 95 % confidence intervals for DMV3 models 
Pararne ter DMV3-S 1 DMV3-P DMV3-S2 Units 
kr k9.08~10'~ &5.99~10-~ f 1.07x1û2 ml STP min" (g cat)-' bar-' 
k3 14.69~10'~ ~ . 3 4 x 1 0 - ~  r t2 .92~10~ ml STP min-' (g cat)-' ba i '  
kr k7.67~ 1 d  s . 7 6 ~  103 f 8.90 ml STP min-' (g cat)-' barq1 
ks 35.94~10'~ ?5.15x1û2 ~ . 7 0 x 1 0 - ~  mlSTPmin-'(gcat)-'bar-' 

Table ES 
Parameter 95% confidence intervals for DMV4 models 

DMV4-S DMV4-P 
Value Uniis Value Units 

kr f 1 . 0 3 ~  10.' ml STP min-' (g cat)" bai' s . 0  1x10;' ml STP mm'  (g cat)-' bar-' 
kz f 7 . 5 7 ~  10" ml STP min-' (g cat)-' *.89xl0-' ml STP min-' (g cat)-' bar-' 
k3 ~ . 5 4 x 1 0 - ~  ml S ï F  min-' (g cat)-' bafl &8.76xlo-' ml STP min*' (g cat)" bar" 
k, t8.96x10-' ml STP min-' (g cat)" bar'' f 1.02 ml STP min-' (g cat)-' bai' 
KUH~ f9.77x102 bar" f1.83x104 bar-' 




