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Abstract

Hydrogenation of nitrile butadiene rubber (NBR) Heeen carried out industrially for a number of
years, producing a material with exceptional resitie to high temperatures and oxidative conditions.
Current processes involve a batch reactor whiclifficult to optimize further for larger scale
production. A continuous process for this particydeocess is required in order to provide a large
volume of production with consistent qualities. Tiheegration of heat balance could be realized in a
continuous process. A novel continuous proceshydrogenation of NBR has been developed in the

present work.

A multistage agitated contactor (MAC) was proposeda gas liquid reactor for this process.
Comprehensive hydrodynamic data have been acquinelbr various process conditions. The
hydrodynamic behaviour under different operatingaldes such as stirring speed, liquid flow rate
and gas flow rate has been understood through iexgeetal study. It is found that an increase in
stirring speed intensifies liquid backmixing whin increase liquid flow rate decreases liquid
backmixing. The presence of gas flow helps in redutiquid back mixing by two coupled effects:

liquid entrainment effect due to a cocurrent opematnanner and a strengthening effect of liquid
flow rate due to its reduction of liquid hold-upof@radictory conclusions regarding the effect of
liquid viscosity on liquid backmixing in a MAC haveeen resolved through experimental
investigation and computational fluid dynamics (GRImulations. It is shown that an increase in
liquid velocity dampens turbulence which contrilsute liquid phase backmixing within the reactor.
The established hydrodynamic understanding of MACshe present work widens its potential

application for gas liquid process.

Based on comprehensive understanding of the prdposactor, a bench-scale prototype was
designed and constructed in order to demonstrateoggnation performance. One more efficient
catalyst for NBR hydrogenation, an osmium-basedalgst, was used in the present work.
Hydrogenation degree of NBR in the continuous wmits investigated at operating conditions
relevant to industrial applications. It is indicdtérom the experimental results that a desired
hydrogenation degree of over 95% in 2.5% and 5% $BRtions can be achieved at the conditions
investigated. It is also shown that both systensgree and catalyst loading increase hydrogenation

conversion. Mathematical modeling of the designext@ss was established by coupling the intrinsic



catalytic hydrogenation from batch studies and flo®havior of the reactor. A cascade of stirred
tanks with back flow (CTB) model was used to chtaze the dynamic hydrogenation performance
in a MAC. The comparison of experimental resultsl amumerical prediction indicates that the

established model could satisfactorily predict thgrogenation in the designed process with
consideration of approximately 30%-50% catalyst ctleated due to impurities and oxygen

contamination in the polymer solution. A revise€8TRs-in-series model was proposed to predict
the hydrogenation degree at steady state and a ggmement was found when comparing the

predicted results with the experimental data.

A continuous process for hydrogenation at a pitatles was designed based on the primary results
from the bench scale process. A process with acdgpaf 50 tons/year was targeted and the
hydrogenation efficiency provided by the pilot €cahit has been estimated through the established

reactor model.
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Chapter 1 Introduction

1.1 Background

Hydrogenated nitrile butadiene rubber (HNBR) isetastomer which has been intensively applied in the
automotive industry. In particular, it is used asmponents in engine compartments due to its highntal

and oil resistance. Subsequent benefits can beathifrom its positive impact on the environmend an
energy saving. An efficient catalytic hydrogenatieshnique has been developed for the production of
HNBR (Rempel, 2000). At present, HNBR is curremgipduced in industry using a semi-batch process.
This is an effective method for its production,oaling small production of a specialized material.
However, batch processes are well known to be lalmensive and more difficult to carry out for dar
volume production due to the time loss during psscaurnaround. The inability to take advantage of
integrating the heat and material balances backthe process is another drawback of the batchepsoc
Like all hydrogenations, a large amount of enegggeleased during reaction. Since the reactioovdla

1* order kinetics behaviour, approximately 90% oftenergy is released during the first half of the
reaction. It's difficult to store energy for latase unless a separate part of the process canunake it
during the short period interval in which it is bgigenerated. As the demand for HNBR increases, the
batch production strategy may be untenable. Thetamoof a continuous process is required to prewd
large volume of the production. The advantageb@tontinuous process lie in that it can providpad
opportunity to integrate the heat and material dwa process. Excess heat generated during itiad in
stage of the reaction can be utilized to pre-heaffitesh feed to the reaction temperature. Theragous
process enables the large scale production andegoestly the product cost will be decreased. The
economy and productivity of the continuous prodessorthy of the development. A bench-scale packed
bed reactor was designed and constructed by Péreag) to study the feasibility of conducting the
continuous process for HNBR. Kehl (1998) contintedassess the hydrodynamic performance of this
packed bed reactor with respect to gas hold-upididispersion and mass transfer limitations. Heevev
the relatively large length-over-diameter rationist practical for an industrial application. Nunoai
studies have been carried out by Pan and Remp@0 (2002, 2003) and the investigation showed tiat t
optimal performance of the designed reactor wageaetd by employing a small continuous stirred tank
reactor (CSTR) followed by a large plug flow read®FR). The present work is aimed at developing a
novel continuous process to efficiently realize gieposed reactor configuration (small CSTR + large

PFR) for the catalytic hydrogenation of NBR.



The principal objective of this project is to dayelan efficient continuous process for hydrogematid
NBR. A suitable gas liquid reactor is desired tofgren the gas liquid process. Hydrodynamic studies
were conducted in order to understand the behafitihe designed reactor, such as the phase hold-up,
liquid mixing and mass transfer performance. Hyedragion performance under various operating
conditions is attained and mathematical modelintp wegard to the coupling behavior between kinetics
and flow behavior through the whole reactor wergied out. A pilot scale continuous process was

proposed based on the results from the designethlzmale set-up.

1.2 Scope of the Research Work

The project is aimed to develop a novel reactorafmontinuous catalytic process for hydrogenatibn o
NBR. The expected characteristics of this reactoiude instantaneous mixing of components in thet,in
efficient mixing in the radial direction, and minimm back mixing along the flow direction. Superi@sg
liquid mass transfer and heat transfer capabilityutd be ensured. Controllable phase hold-up shoeld
another feature of the desired reactor. Theretbee pbjectives of this project were to design ditieht
reactor which can provide the expected charadsigtith simple structures for design and procése
reactor should allow a wide operation range. Dejpgndn operating conditions, both conventionarstr
tanks and bubble columns may satisfy some of theimements but both are ideal mixers with respect t
residence time distribution of liquid phase. Frdra titerature study, it is found that a multistaggtated
contactor (MAC) is the ideal reactor candidate st meet all the above requirements, including dha
minimal axial mixing of both gas and liquid phasem® at low gas loads. However, the hydrodynamia dat
of this reactor is quite limited and the liquid mmig performance is not well understood when bothayad
liquid phases are operated in a co-current manrechwhas proved to be effective for reduction of
pressure drop and minimizing liquid back mixing. ®a@mportantly, no unified conclusion is availakbe
describe the liquid mixing behavior in viscous sys$, which hinders its potential application inceigs
systems. In order to employ a MAC to perform thenttmous hydrogenation process, studies on
hydrodynamics of MACs are required.

In order to understand liquid backmixing within ttkesigned MAC, a conventional approach was used
in an air-water system as discussed in detail iap®r 3. The liquid residence time distribution (RT
was investigated under different operating condgiby a pulse input technique. The cascade okdtirr
tanks with back flow (CTB) model was found to bereeuitable to describe the liquid flow behavioain
MAC with few stages while the cascade of non-idgafed tank with back flow (CNTB) model exhibited
the same performance under turbulent conditionso Twmportant parameters for a gas liquid process,
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namely, gas hold-up and mass transfer coefficim@re also measured in an air-water system. A
comparison with literature values was conductednei correlation was proposed to predict liquid

backmixing in a two-phase flow system from the poimput point of view.

After establishing an understanding of the hydr@agits understanding of MACs in an air-water
system, (see Chapter 4) liquid backmixing behawiatiscous systems was investigated by using theesa
approach in an air-water system. The gas hold-up alao measured in order to correlate liquid
backmixing in the presence of gas phase flow. Thia @btained from air-viscous systems helped in

resolving the existing contradiction about the effef liquid viscosity on liquid backmixing.

Quite recently, computational fluid dynamics (CHi2s emerged as a powerful tool to tackle chemical
engineering problems such as reactor design anckgsooptimization. CFD has the ability to provide
more detailed insights. In Chapter 5, liquid resmetime distribution in a MAC was predicted viallCF
simulations. A suitable simulation strategy was eleped and simulation results were validated by
experimental data. From this, a certain level aificdence for the application of CFD application was

established.

In Chapter 6, the content and the objectives famusa demonstration of hydrogenation within the
constructed continuous set-up. The features andatpg flexibility of the self-designed process is
elaborated in this chapter. The primary hydrogematesults suggest that the designed reactor can be
applied to undertake continuous catalytic hydrogena A desired conversion of over 95% can be
successfully achieved under certain operating ¢mmdi. A macroscopic reactor model is establishgd b
coupling reactor flow behavior and intrinsic hydeogtion kinetics. Numerical simulation is performed

and compared with the experimental data.

Based on the results obtained from the bench sedlap, a pilot scale unit was designed in Chapter

and the hydrogenation performance within the degigmit was predicted by the established model.

Future work is suggested in Chapter 8 based onaspects. One aspect focuses on hydrogenation
performance of the established set-up. Within #spect, different catalyst systems are proposed to
3



undertake catalytic studies. Meanwhile, hydrodyrmamof the designed reactor at higher pressure
conditions is expected to present different behafrmm that at ambient conditions. The other aspeect
concentrating on CFD simulations of reactive mhiéipe flow in a MAC. Proper physical models of gas
flow in the MAC should be established to predictdb information in the reactor. The localized
information including hold-up distribution and buélsize distribution should be acquired in order to
improve reactor modeling. A population balance #&igua(PBE) is required to account for bubble flow
behavior. Physical models for bubble breakage amboble coalescence should be implemented in

simulations for a better prediction.



Chapter 2 Literature Review

2.1 Hydrogenation of NBR

HNBR is an oil resistant rubber commonly used wipdrysical properties such as tensile strength,
modulus and abrasion resistance must be maintdaimesh environment where the material routinely
comes in contact with oils and fuels. Extensivegesaan be found in the automotive industry for Bpse

seals and timing belts where long term resistaméeat and fuel is crucial.

Nitrile butadiene rubber is produced through enausicopolymerization of butadiene (Bd) and
acrylonitrile (AN). After the polymerization, theiie still a residual carbon-carbon double bond ieft

each Bd segment in the final polymer as showngpuife 2.1.

Butadiene Acrylonitrile

D 0
L

Emulsion Polymerizatio

Catalyst +(X+z) Hy

Figure 2. 1 Preparation of hydrogenated nitrile biiadiene rubber



The residual unsaturated bond in the polymer baokbs susceptible to breakdown when exposed to
heat, light or ozone. By selectively hydrogenatihgse unsaturated bonds, the performance of the
material in resistance to heat and ozone can lfisantly improved, as well as its durability oveng
term exposure to aggressive environments. Any temuof the polar nitrile group to an imine or amin
compromises the oil resistant properties desirevefal catalysts have been developed to selectively

hydrogenate the carbon-carbon double bond and tbawveitrile group intact (Rempel, 2000).

2.1.1Hydrogenation Kinetics

The reaction kinetics and mechanism of the catdlyga@rogenation of NBR has been intensively studied
over a wide range of operating conditions for aditim catalyst (Mohammadi and Rempel, 1987; Parent
et al., 1996) and for an osmium catalyst (Paremt.et1998). These extensive investigations shaotlatd

the olefin conversion adheres to a first order matdel with respect to carbon-carbon double bond
concentration and catalyst concentration. Howewéh respect to hydrogenation concentration it doul
vary from zero order to second order, dependingpm@rating conditions such as pressure and theytatal
system employed. In general, the kinetics for trection carried out at a given catalyst concematian

be described according to Equation 2.1.

_d[c=C]

. k[C =C][H,]" Equation 2. 1

wherein the reaction ordercan be varied from O to 2 depending on differetalyst systems applied and
different operating conditions under investigatiferC] represents carbon carbon double bond

concentration, mM, and PHrepresents hydrogen concentration, mM, whileskhie rate constant,

mM™.st,

For homogenous catalyst precursors of the form EM&L); and RhH(PP); a first-order olefin
dependence has been experimentally confirmed. Wgpect to [H], both systems exhibit a first- to zero-
order dependence as the system pressure is indrédmaever, for the OsHCI(CO)(L)(Pgy (L=vacant
or L=0,) catalyst complexes for NBR hydrogenation a seawdér dependence at low hydrogen pressure
changes to zero order dependence as hydrogen y@essieeds 60 bars (Parent et al., 1998). Stradt fi

order behavior in hydrogen is maintained for ththenium analogue RUHCI(CO)(Pgy.



2.1.2 Previous Work on the Development of a Continuous®ss of NBR

Several attempts have already been made to deaatoptinuous process for hydrogenation of NBR. The
hydrogenation conversion requirement (95%) predude approach of using a single CSTR. A
continuous set-up was developed as a packed begrafichinarily investigated by Parent (1996) and
Kehl (1998). Hydrogenation in this established teaevas achieved to some extent. However, it was
anticipated that this reactor is not very suitallea homogeneous hydrogenation operation on & larg
scale since it possessed a relatively large héggbtameter ratio (100:1). In addition, the hydrogton
performance of the existing set-up could be sinaaldtty a relatively large portion of CSTR followeg d&
small portion of plug flow reactor (PFR) (0.83 CSAIRL7 PFR) according to the previous numerical
work conducted by Pan and Rempel (2000). The lagtion of CSTR reduced the reactor volume
efficiency. However, the hydrogenation degree cobkl significantly increased when the reactor
configuration starts with a small CSTR followed ®PFR. Efficient mixing at the inlet of the targéte

reactor is required.

The numerical study of Pan and Rempel (2000) disovs that the coupled behaviors of this process
could be described by the parameters: relativeaifypaf reaction over mass transfer, ability ofadgst in
activating molecular hydrogenation, C=C loadingeleand residence time parameter. Moreover, Pan and
Rempel (2003) numerically investigated the effecplmase hold-up on the hydrogenation behavior of a
CSTR and a PFR for a continuous hydrogenation pso¢Ehe optimal liquid hold-up for both CSTR and
PFR should not exceed 0.8 under industrial opayationditions. Therefore, an advanced continuous
process should be capable of providing a propesgohald-up either for sufficient liquid residenoed or

superior gas liquid mass transfer.

2.2 Gas Liquid Reactor Selection

Based on the desired features of the gas liquictkoefor continuous hydrogenation of NBR, efforts/h

been firstly focused on seeking a suitable gasdigeactor in the open literature. Since gas liquidcess
dominates almost 25 percent of current chemicalstrées, many types of reactors have been developed
for gas liquid processes. Amongst those, conveatistirred reactors and bubble column reactordhare
most commonly used reactors in chemical industBesh of them represent ideal mixers with respect t
residence time distribution (RTD) of the liquid glka Their advantages as well as disadvantages have
been well addressed in the literature. Conventistialed reactors have distinguished features ssch

excellent mixing, high interfacial mass transfed ayood heat removal ability. However, the broader
7



residence time distribution of both phases inhiitstgpplication for a continuous process whichumegg a
relatively long residence time and a narrower RBBveral CSTRs can be applied to achieve a long
residence time but the transportation of reactita one CSTR to another will be difficult when bot
gas and liquid phases are involved. In additiom, ¢hpital cost will increase. The main advantages o
bubble columns are their simple construction, thgeace of any moving parts, ease of maintenance and
good mass transfer. A relatively long residencestoan be obtained under proper operating conditions
However, unexpected axial dispersion occurs in @pte bubble column, which results in a lower
conversion rate of the chemical process. Generalbymethods have been extensively applied to reduce
dispersion (Deckwer, 1982). One approach is ingatpmn of perforated plates and the other is use of
packing material or a static mixer. Incorporatiohaalditional perforated plates into bubble column
transforms the single model of bubble column intowdtistage cascade version. This new distributibn
gas over the perforated plates intensifies magssfea and reduces the fraction of large bubbles and
prevents backmixing in both phases. However, wresling with viscous liquids, insufficient mixing @n
gas liquid mass transfer hinders the applicatiothefoubble column. According to the desirabléuiezs

of a continuous process for hydrogenation of NB&hlrzonventional stirred tanks and bubble columns
may satisfy some but not all requirements for gfagticular process. Therefore, an alternative gpsd

reactor is pursued to meet the requirements.

A unique reactor, multistage mechanically agitatedtactor (MAC), attracts our attention due to its

potential application in gas liquid processes. pidgl multistage mechanically agitated column isvah

as Figure 2.2. The development of this type of dukimn is based on the drawback of a single stage
stirred tank. The single stage tank suffers fromstantial gas and liquid backmixing. Moreover, watin
increase in the vessel diameter, the power inputaBective in the wall region and the gas dispers
becomes poor. These limitations can be reducediog unultiple impellers and a height-to-diameteiora
greater than one. In addition, these multistagéswan utilize thinner walls as compared with timgle
stage contactor (SAC) and thus can be advantageas&ld for high pressure operations. Another
advantage of this promising reactor is that diffiéistages can be operated under different conditiéor
example, the impeller used in the stirred vesseldcbe various due to different mixing purposes trel

temperature could be operated at different levelesthe reaction rate could be varied from stageeage.
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Figure 2. 2 Schematic description of multistage nohanically agitated contactor (MAC)

Most existing multistage agitated contactor appiices have been used for liquid-liquid extraction
(Oldshue and Rushton, 1952; Bibaud and Treybal61®Byauchi et al., 1966, Ingham, 1972; Touris and
Tavlarides, 1990) or for single liquid phase preaes (Lelli et al.1972). MACs have also been appfiar
gas-liquid absorption due to its potential attnztiess as noted by Joshi et al. (1982). Horizdmetiles
with a suitable size are needed to minimize backmgiketween impellers, which is different from
vessels with multiple impellers. Vadaurri and Sh@®85) applied an annular opening to reduce tlo& ba
flow rate and the back flow ratio can be reducelgss than 0.055 when the opening area to coluwsscr

section ratio is 0.868 % as shown in Figure 2.3.



Figure 2. 3 An annular opening applied to a MAC (\adaurri and Sherk, 1985)

Regarding a MAC industrial application in a contng manner, only a few cases have been reported.
To the best of our knowledge, the earliest appboatvas found to be hydrogenation of fat in a nstsdtye
agitated reactor (Perry and Green, 1997); subsé@ymlications were also disclosed by several psiten
(US 4,370,470 for continuous production of arylenéiide polymer with a diameter of 0.203 m and US
4,275,012 for process for continuous refining d$ @nd fats). However, hydrodynamic data in thenope
literature for its industrialization or scale upnist sufficiently presented when compared to tbasingle
stage stirred vessels and bubble columns. Onlyvestadies for air-water are available for a MACaas
gas-liquid contactor (Sullivan and Treybal, 197Giser et al., 1979; Breman et al., 1995, 19968649
Takriff et al., 1998). The limited studies on MA@@grobably due to the high investment costs ofACM
relative to those of a bubble column and stirredseés. However, this could be compensated by the
hydrodynamic advantages of the MAC in various indals gas-liquid or gas-slurry processes. The

following section will thoroughly review and disauBydrodynamic studies reported in the literature.

2.3 Literature Review of Multistage Agitated Contactors

It has been found in the literature that only a fesearchers have investigated hydrodynamic pediocm
of MACs for gas liquid applications. Table 2.1 suarines reactor geometries and operating conditions

reported in those studies.

2.3.1Liquid Axial Backmixing and RTD

In MACs, a proper design of reactor geometries @perating conditions is required to minimize liquid
axial backmixing to achieve high reactor volumeicgghcy. A suitable reactor flow model is always
sought for describing the liquid flow behaviour.
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Table 2. 1 Summary of reactor geometric dimensianand operation conditions of MACs

Meister et al| Sullivan and Breman et al| Takriff et al.
(1979) Treybal (1970) | (1995, 19964a] (1998)
1996b)
Geometry and Configuration
dy (M) 0.015 (4 baffles) 0.013 (4 baffles) 0.009 éfles) 0.02 (4 baffles)
Ohp (M) 0.065 0.082 0.04 0.0254 and 0.0521
Shp (M) Unknown 0.003/0.013 0.005 unknown
D (m) 0.15 0.152 0.09 0.242
H (m) 0.2 0.083 0.09 0.242
d (m) 0.06 (6 bladed)| 0.051 (6 bladed)  0.03(12 bixde 0.0889 and
0.127(6 blades)

N, 2(atH=0.2H | 1(atH=05H) | 1(atke0.5H) | 1 (athkE0.5H)

and H=0.67H)

or 1(at H=0.2H)
Nc 9 12 9 2
Operating
conditions
Gases Air Air Air, helium Air
Liquids Water Water Water, octane Water

monoethylene
glycol (MEG)
Operation Co-current Counter-current  Single phase flow Counteent
manner and cocurrent
P/(Pa), T(K) 1.0123, 293 1.0123, 278 1.0123, 293 0123, 278
N-range (rps) 7-18 3.3-33.3 10-36.7
Us (m/s) 0.005-0.03 0.007-0.123 0.01-0.1 0-1
(countercurrent)
and0-4 (cocurrent)

u_ (m/s) 0.004-0.012 0.0018-0.0266 0 0-0.05
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where ¢, is vertical baffle, m, while  is the diameter of horizontal baffles, &, is thethickness of the
horizontal baffle, m. D is the diameter of the teacolumn, m, while H is the height of each staged

is the diameter of the impeller, m,islthe number of impellers within one stage wheiéas the number

of stages in a MAC. N is the stirring speed, rpsisRhe system pressure, Pa, and T is the system

temperature, K. ¢iand y represent gas and liquid velocities, m/s.

Where a MAC is concerned, there are two commonlyhamaatical flow models used to describe the

liquid flow behavior. One is the axial dispersiondel, which describes an inert tracer as follows:

oC  aC _ _ 9%C
- tu.—="D, 2
ot 0z 0z

Equation 2. 2

where C is the concentration of the tracer, I?g/Bue is called the “dispersion coefficient” or “back ririg

diffusivity”, m?s, which servers to represent a quantitative degfemixing. The analytical solution of

the above equation can be obtained at a given laoyrdndition (Levenspiel, 1999).

The other model is a cascade model of stirred taitksback flow (CTB) as depicted in Figure 2.4.(a)
In this model, perfect mixing is assumed withinteatage while there is a constant back flow between
consecutive stages. The above assumption is apldieghen the stirring speed employed exceeds the

critical stirring speed and a complete mixing regjisobtained.
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Figure 2. 4 Model of a cascade of stirred tanks with back flowfCTB) (a) (Haug, 1971) and a cascade
of non-ideal stirred tanks with back flow (CNTB) (b) (Rehakova and Novosad, 1968)

For an inert tracer component, the mass balancatiequat the first stage is

V%=FCO—(F +f)C,+fC,, t>0 Equation 2. 3

Co is the inlet tracer concentration, kg/m
For stages ZN<N-1, the conservation equation reads

v

- =(F +f)C,+fC, —(F +2f)C Equation 2. 4

For the stage § it can be expressed as

dC

\% d':° =(F +f )CNC_l—(F + f )CNC Equation 2. 5
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where F is a forward liquid flow rate,’fm and f is a back flow rate,*m. G is the tracer concentration in

the {" stage, kg/h V is the volume of one stage®m

In the CTB model, the assumption of perfect mixaigeach stage is sometimes not applicable when
non-ideal mixing occurs in an individual stage.efnedy to account for non-ideal mixing is that ota®e
can be considered to be several vessels in seifbsaw intrastage back flow in turn under imperfect
mixed conditions and the optimal number of vesselsne stage was found to be three (Rehakova and
Novosad, 1968) as shown in Figure 2.4 (b). q isinh@stage back flow rate,*s. Both the AD model
and the CTB model have been used in various stuBigiivan and Treybal (1970) and Meister et al.
(1979) achieved axial dispersion coefficients floe tir-water system at gas superficial velocities u
0.005-0.03 m/s; N:7-18 rps and:0.007-0.123 m/s; N: 3.3-33.3 rps. However, therABdel assumes the
extent of liquid mixing to be constant anywheretle column. This is not consistent with current
knowledge about liquid flow patterns in single stagitated contactors (Tatterson, 1991). Theretbee,
CTB model was preferably adopted to describe tipgidi mixing in MACs by Haug (1971), Lelli et al.
(1972, 1976), Breman et al. (1996a, 1996b), Taltifal. (1998) and Xu et al. (2005). In the CTB ®ipd
fluid exchange between the lower and upper cirmraflows within one stage is assumed to be high
enough to provide ideal liquid mixing in that compaent. In contrast, fluid exchange between two

consecutive compartments will be significantly lowlee to the addition of the horizontal bafflesueidg
the free area between the compartments. In TaBle Bummary of empirical relations for f B, with

operating variables and/or reactor geometries m@gpby various research groups is provided.

The liquid backmixing parameterB), and f, can be related shown in following equafidiyauchi et
al., 1966):
D N¢

= £ — u A Equation 2. 6
(uLH 2N, —1) : q

where A is cross-sectional area of the colunf, m
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Table 2. 2 Literature equations for liquid backmixing in MAC

Equation Number

Relation

Authors

BE 1

~0.0384.d Re,.
f =200 po 14195(-2) )
2o, Re,

for Re>5000

Lelli et al. (1972)

BE 2 d N Bibaud et al. (1966)
D, = (0.449+0.0118——)u, H
uL
BE 3 2 Haug (1971)
f - Ooogaz NdI [dl Ahb]0.5)124uLA
u.  HDA
€ is the impeller correction factor and,,As the
horizontal baffle area, m
BE 4 Miyauchi et al. (1966
f =0027Nd, (3yos Y (1966)
D
BES Ingham (1972
D, =0.3751- &,)Nd, d—g’ H J ( )
gq IS the disperse phase holdup.
BE 6* f =f%O1-¢g,) Nocentini et al. (1988)
g is the gas holdup.
BE 7 d N Sullivan and Treybal
D, = (0.239+0.014——)u, H for &, =0
u, (1970)
_ 2
D, =2276N d, H(PLNL =)y 00
foreg#0
BE 8™ Breman et al. (1996b)

.I: =.I:en’[r+(1_gG)3fma

f ma _— 0.07(/'1Ld|2)0.75N 028

L

f entr = 314)( 104 /JL 1-20.3.4 N —l.4ug.61

*without horizontal baffle

++ gas liquid system
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In BE 1, Re is the Reynolds number with respect to the impellile Re is the Reynolds number
with respect to liquid bulk flow. pis the liquid viscosity, Pa.s. In BE &8s the surface tension, N.m, and
p is the liquid density, kg/fnf™ and f"" are back flow rates due to mechanical agitatiahemtrainment
effect, ni/s.

In Table 2.2, all equations predict tHag and f increase linearly or almost linearly witte tagitation
speed. Equations BE 5 and BE 6 predict hatand f decrease linearly with increasing dispersease

holdupeg,. In contrast, equation BE 7 predicts that the dbmk rate will increase strongly with increasing
gas holdupg, (f is proportional to (Eg)™®). This scenario is also observed by Meister e¢1879) for

an air-water system at relatively low stirring sppeehile at higher stirring speed the back flowrdases
with increasingg. Equation BE 8 incorporates the effects of fluidgerties such as viscosity and surface
tension on the back flow rates. However, equati&n8Bwnas generated based on the experiments of non-
flow operations and the effect of liquid velocity axial liquid mixing was not included, which coué
significant as indicated in BE 2, BE 3 and BE 7ttBequations BE 2 and BE 7 show that increasing the
liquid velocity increases back flow rates while thgposite influence is observed in equation BEn3. |
equation BE 4, the effect of liquid flow rate is@lassumed to be zero and the correlation is lasedn-
flow experiments or the experiments in which thewfleffects are small. Ingham (1972) investigate th
entrainment effect of drops in a liquid-liquid eagtion column. The larger drops have stronger agpac
for liquid entrainment. The entrainment could cdesably affect the backmixing at a low stirring sge
while at a high stirring speed the eddy turbulegererated by agitation is predominant on backmixing
The lack of an accurate dependency of liquid v&oon back flow rate is a hindrance with respect to

industrial applications.

2.3.2Gas Hold-up

The gas hold-up in mechanically agitated react®m@ni important parameter for gas liquid flow system
and suitable gas hold-up not only ensures suffigias liquid contacting but also provides a reastena
residence time for liquid reactants in the reachiorgeneral, gas hold-up is a function of the getime
parameters, fluid properties such as viscosity surface tension, the electrolyte nature of thetsmiu
and the foaming characteristics of the liquid. Manypirical correlations have been developed tori®sc
relations between gas hold-up and operational bi@seas shown in Table 2.3. Among those relatities,
one proposed by Van Dierendock et al. (1970) issiclmmed suitable to predict the gas holdup in singl
16



stage agitated tanks with diameters ranging froh6®.m to 2.60 m and can be applied for scale-up
purposes. Breman et al. (1995) modified this retaby including the viscosity of liquid and influss of
gas density omg. The resulting relation predicted quite well tlagadprovided for a MAC. In addition, the

relation modified by Breman et al. (1995) was astended to other systems beyond the air-wateesyst

Table 2. 3 Empirical correlations for gas hold-up

Reference Correlation
Meister etal. | |=1:g, =121x1072N **u2® for one impeller per stage
(1979) 1=2: £, = 316x107°N *=u2® for two impellers per stage
Loiseau et al. P
£. = OOl]LI 036 _~ G 027 0.—036 -0.056
(1977) G e ( Y ) Hy

Ps is the power input under aeration, W.

Sullivan et al. | N=0-8.33 rps
(1972) £, =8.876x10™N +1.874u + 231y, +0.052
N=8.33-33.3 rps

£s =2.315x107°N +0.691, +0.137u, +0.052
Van r - 067
Dierendock 42

u
(1970) £ =| 03] —=C | +033——(N-N,)*
( go*) D(gD)
L\ AL i

Critical stirring speedN, = 015g°°D*°d *; g is the gravity constant, nf/s
Breman et al - - 067
(1995)

42 au’ 0042
&, =| 0186 Us + 032#““ -N,) x( L3J (pG )012

( gaj e D(gD po Par
PL ]

pcandpai are the densities for gas and air, kg/m
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2.3.3Volumetric Mass Transfer Coefficient

Many efforts have been made on characterizing vetrim mass transfer coefficient, & s®, in
mechanically agitated gas liquid contactors. Misthem are attributed to single stage vesselsly @n
few studies are available for MACs. Sullivan andeylral (1972) and Meister et al. (1979) have
investigated gas liquid mass transfer with a statip method for air-water only in a MAC. Sullivandca
Treybal (1972) did not obtain a reliableakbecause their mass transfer rate was almost lgntire
determined by the gas side resistance against massfer due to the high solubility of the tracer
(ammonium) used in their study. A well-known coat&n proposed by Van't Reit (1979) is frequently
applied for single stages. However, this corretfati® only valid for turbulent conditions and dodsn’
include the effects of liquid properties. In costravarious authors have proposed kelations or
individual relations for mass transfer coefiiciekt, m/s and interfacial area, m?m?, for pure liquids,
which incorporates the influence of physical proipsron ka. Table 2.4 summarizes correlations for

mass transfer coefficient in gas liquid reactors.

Table 2. 4 Empirical correlations for mass trangér coefficient in stirred vessels

References Correlation
Meister etal. | I=2: k a =69.6(P, /V)®" (ug)**®
(1979)

I=1: k_a =1049(P, /V)***(u,)°**®

Van't Riet (1979) P

k a=0.026-%)u®

\Y
Breman et al. a=5 11(&) 0283 -019 (U_G) (0.127+0.21111, )
(19964a) Vv B
v, = 153399y 0z
PL

Calderbank (1958

k = 0.42(&)”3(M) % where D is molecular diffusivity, fis.

L L

P - u
a= 144(_6)040. O.Gpl?.Z(_G)O.S
\Y Vg

Yagi and Yoshida
(1975)

ka= Oloa%)(dlszL)l.S(dl Nz)o.lg( M )o.s(ﬂl_ue)o.a(':ljd| )032

| p.D, G

* correlation based on MACs while others for singlage stirred vessels
18



The correlation with Meisters’ parameter values &MAC predicts ka to be hardly affected by
superficial gas velocity. Breman et al. (1996a)pmsed a correlation for the interfacial area, whalkes
into account a combined effect of superficial gabeity and the liquid viscosity oa The derivation of
the correlation was based on mass transfer measaotemth three gas liquid systems (air-water, air-
Monoethylene Glycol, Helium-n-octane). The ovenafluence of ¢ on ka in this relation was such that
k.a was hardly affected byguboth for water and n-octane whilgakwas predicted to increase

significantly with increasing¢for more viscous systems.

2.3.4Impeller Selection

Impeller types used are very crucial for gas ligagitated vessels because of power performance, flo
patterns generated and gas handling capabilitynp€ilers which determine the whole performanceef t
stirred vessel. Impellers are typically classifatording to mixing regime, laminar or turbulerikimg.

For laminar mixing, the impeller diameters approtEhsize of the tank since the transport of moomant
by laminar flow is poor. The impeller is requiredtring fluid motion to the entire contents of taaks.

In most laminar flow applications, baffles are mwteded and can cause poor mixing behaviour. In
turbulent mixing, large-diameter impellers are need since turbulent flow transports momentum well
and the impellers are typically one fourth to oadf bf the tank diameter. In the turbulent flovgirae,
classifications are further refined into axial aadial flow impellers. It is found that radial floimpellers
disperse the feed more rapidly than axial flow iltgpe. This is attributed to less turbulence atlthaid
surface generated by axial flow impeller (Tatterst®91). Therefore, a typical radial impeller,nstard
Rushton turbine, is commonly used in industry. Roshton turbine is a six-bladed disk turbine aswsh

in Figure 2.5.

Figure 2. 5 Schematic description of Rushton turlme
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A preliminary impeller screen was conducted befem@mmencing a hydrodynamic study on a
continuous set-up (Zhang, 2004). The experimentadstigation included gas hold-up and mass transfer
coefficient characterization by using three distbiines, Rushton turbine (RT), concave blade dighime
(CBDT) and Scaba, respectively. The impellers wested in water and 0.5 % CMC solution. It was
found that a RT generally exhibited the highestqgrarance in gas hold-up and mass transfer coeffiticie
under the same operting conditions since a RTthadighest power number #b) while CBDT and
Scaba have power numbers of 4 and 1.5, respectifsla consequence, RTs of different scales relativ

to MACs were primarily used as impellers.

2.4 Computational Fluid Dynamics (CFD)

A computational fluid dynamics (CFD) technique wasoduced to chemical engineering community
about two decades ago (Harris et al., 1996; Debtadjl., 1997). The application of CFD to reactesign
has significantly progressed since then with theetbgpment of CFD techniques. Without the aid of CFD
the reactor design procedure is closer to an art #tience due to the complexity of fluid mechanics
prevailing in reactors, particularly in stirred seks. CFD offers the possibility of predicting tietailed
flow and turbulence characteristics of the reactuder different geometries and operating conditions
governing equations. A fully predictive CFD simtiga is able to present a spatial and temporahtian

of velocity, pressure, and temperature and conagoitr distribution in stirred vessels with singleape

flow or multiphase flow.

Several recent publications have established thenpal of CFD for describing hydrodynamics of the
stirred tank and improving the knowledge of locaformation about turbulent field, gas hold-up,
interfacial area, bubble size and reaction ratekKBr and Van Den Akker, 1994; Hjertager, 1998;d._an
et al., 2002, 2005; Kerdouss and Proulx, 2006). dgmroach of Euler-Euler has been commonly used. In
this approach, both gas and liquid phases areetteas interpenetrating continua and conservation
equations are solved for each phase. In orderddigirgas hold-up in sparged reactors, a constabitlée
size is usually adopted (Deen et al., 2002; Ranb@@7). However, local information about gas hagtd-u
and bubble size can not be obtained by the abopeoaph. Therefore, Bakker and Van Den Akker
(1994) and Venneker et al. (2002) used a conservatjuation of bubble volume and population balance
equations for turbulent gas dispersion in stiraatks, respectively. However, the two-phase flovdfand
turbulence properties were simulated in one-waypling by scaling single phase flow obtained by CFD
simulations and the impeller was modeled with inggb$oundary conditions via experimental data.
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Often, this data is too difficult to obtain in tease of multiphase flow and does not capture thailed
information between blades. Lane et al. (2002, @8%&ied out a fully three dimensional CFD simiaat

to model a gas sparged tank equipped with a siRgkhton turbine using multiple references of frame
(MFR) model for impeller and bubble number densituation, including various expressions for drag
and dispersion forces. Kerdouss and Proux (200&jigted gas dispersion and bubble size in a double
turbine stirred tank. A bubble number density equatvas implemented in order to account for the

combined effect of bubble breakage and coalesdaribe tank.

From the literature survey, it can be concluded @&D can be utilized to help in understanding the
flow behavior prevailing in the designed reactod @movide the detailed information about mixings ga

dispersion as well as reaction performance.
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Chapter 3 Hydrodynamic Studies in MACs with Air/Water System

3.1 Introduction

In the literature, limited studies of hydrodynangicaracteristics of MACs have been reported for gas
liquid processes. Liquid backmixing, gas hold-ud amass transfer in MACs have been reported by anly
few groups (Meister et al., 1979; Sullivan and Tay 1970; Breman et al., 1995, 1996a, 1996b; Takri
et al., 1998). The former two research groups tisechxial dispersion (AD) model to describe theahxi
liquid backmixing in the MACs and obtained relativgood RTD fitting with a large number of stages.
The number of stages for MACs used by Meister .ef1#79) and Sullivan and Treybal (1970) are 9 and
12, respectively. However, when the number of stagdairly low, the AD model is not applicable to
describe the liquid flow behaviour (Takriff et al998; Zhang et al., 2005a, 2005b). The level aid
backmixing determines the stage efficiency, wh&hkefined as the equivalent number of CSTRs ower th
number of actual stages. For instance, when the i@d&&el is employed, a MAC with a back flow ratio of
1 has only a 38% actual stage efficiency; a valuéess than 0.06 for back flow ratio is required to
achieve 90% stage efficiency. Therefore, a MAChwiadw liquid backmixing is desired in order to
maintain high stage efficiency. Many efforts hawei made to develop mathematical relations between
liquid backmixing with operating variables, as suanired in Table 2.2 of Chapter 2. However, only
limited data have been available for gas liquidays, in particular, for gas viscous systems. Meist

al. (1979) reported some quantitative data abowidi backmixing for a MAC as a gas liquid contactor
However, the axial backmixing hasn’'t been exploveder a relatively long liquid residence time. The
liquid residence time investigated was less thamirfutes (Meister et al., 1979; Sullivan and Trdyba
1970). Breman et al. (1996b) and Takriff et al. 98P applied non-flow technique to study interstage
backmixing and as a consequence the effect ofdidlew on liquid backmixing was automatically

excluded.

In summary, the liquid backmixing study for a ggsiild system is scarce and no general correlaéon c
be used to predict the liquid backmixing in a MA@ f gas liquid process specifically when gas and
liquid phases are operated in a co-current manBased on the literature survey, one objectivent t
chapter was to investigate the influences of opgggtarameters such as liquid flow rate, gas flaver
stirring speed, and gas hold-up on liquid backngxin order to provide the fundamental data for the

application of the MAC as a gas liquid contactoemped in a co-current fashion. The study was also
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aimed at providing fundamental data for the appbcaof a MAC to a continuous gas liquid procesthwi

a relatively long residence time. In this chaptiepyid backmixing was characterized through resoden
time distribution (RTD) studies over a large rargfeoperating conditions. Model discrimination was
conducted by comparing experimental RTD curves wlithse predicted from the models. A suitable
backmixing parameter was extracted from the expantal RTDs under various operating conditions. In a
two-phase flow system, the gas hold-up is an ingmbrparameter to characterize gas liquid contatttisan
also considered to play an important role on ligb&tkmixing. Therefore, the gas hold-up was also
investigated in order to achieve comparable datia the literature values. The gas hold-up was oreds

by a stop-flow approach as described the followsegtion. Mass transfer coefficients were evaluated

through a steady state approach. The detailediexpatal description is given in the following sect

3.2 Experimental Section

3.2.1 Experimental Set-up and Operation Conditions

A schematic diagram of the experimental set-uphefmultistage agitated contactor is shown in Figure
3.1. Two MACs consisted of 6 stages (H/D=1) separaty horizontal baffles with central circular
opening of 0.02 m I.D and the thickness of 2 mme dlameters for two reactors are 0.10 m and 0.15 m,
respectively. Each compartment was provided wigkaadard Rushton Turbine agitator attached to @ lon
shaft within the MAC. The dimension and geometrésmpellers are shown in Figure 3.2 and the
diameter of the impeller is 0.05 m. Four verticaffles with a width of 1/10 D are also supplied and
equally spaced. A conductivity cell was installdaditee outlet of the set-up for measurement of trace

concentrations.
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Figure 3. 2 Impeller geometric description

In a typical RTD experiment, a particular set ofgmaeters were chosen and a known liquid flow rate
was allowed into the column co-current to a paldicgas flow rate. A pulse input of a tracer (3 ohl
NaCl solution) was injected just at the inlet of fiquid flow by a syringe with the shortest timeripd
possible. The injection time was usually less thasecond and the mixing time within one stage was
generally several seconds (3~5 seconds) at theatopgrconditions. In addition, the average residenc
time for a single stage was usually several minutéerefore, the influence of the injection perioa
RTD curves was negligible. The tracer concentratias recorded by a data acquisition system (VWR).
The experimental procedure was repeated for vagassand liquid flow rates, stirring speeds, nundfer
stages. The same impeller was used for both MA@sréfore, the ratios of impeller diameter over the
diameter of the MACs were 1/2 and 1/3, respectivEhe liquid superficial velocity varied from 0.0®0
m/s to 0.006 m/s and the gas superficial velociss wanged from 0.01 m/s to 0.1 m/s. In additios, th
stirring speed ranged from 10 rps to 30 rps fid=ll/3 and 5 rps to 15 rps fofld=1/2. All experimental
studies were carried out in a MAC of 6 stages eixfmapthe investigation of the effect of stage nemb
Air was chosen as a gas phase and distilled waersed as the continuous liquid phase. When the ma
transfer measurement was conducted, oxygen wagattriby nitrogen in distilled water. An oxygen peob
(YSI 5739) and a dissolved oxygen meter (YSI 52yemased to measure the oxygen concentration at

steady state.
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3.2.2Experimental Approach

3.2.2.1RTD Measurement

The residence time distribution curves can be nbthfrom the tracer concentration measured atutieto

of the reactor under given operation conditiongesidence time distribution is usually charactetibyg

several numerical values. One of them is the aeetragsidence time or mean residence titifgecond).

The averaged residence time can be evaluatedlawsol

o [cut Stcat

aa—— Equation 3. 1
IO Cdt ZCiAti
The residence time function, E(t)'fscan be defined as follows:
C
E(t) =— = I Equation 3. 2
I Cdt ZCiAti q
0

Another important parameter is the variance repitesg the spread of the distribution. The variacae

be evaluated as follows:

.. j:(t—E)ZCdt _ j:tZCdt o Sticat _Ez

o = = Equation 3. 3
[ cat [ cat 2.CAt
0 0
The normalized residence time distribution
E(6) =tE(t) Equation 3. 4
The normalized variance is calculated by the folimpequation,
0.2
092 == Equation 3. 5

For each residence time curve obtained from therixgnt, the averaged residence time and the

normalized variance were evaluated according t@tiowve equations.
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3.2.2.2Gas Hold-up Measurement

The gas gold-up was measured by a stop-flow metiibd. liquid level was recorded before and after

aeration. The gas hold-up was calculated as follows

- (Hl_HO)

&
G H,

Equation @.
where H is the liquid level before aeration, m, and i the height of liquid after aeration, m. The
measurement was taken by simply stopping both gddiquid flows after a steady state of operati®n i

achieved under given conditions.

3.2.2.3Mass Transfer Measurement

Another objective of the present study is to ingede the volumetric mass transfer coefficient MAC.

The volumetric mass transfer coefficient in MACs heen studied using a steady state method (Ts$uge e
al., 1995) and a dynamic approach (Sullivan and/Jak 1972; Meister et al., 1979). A steady state
method was employed due to its simplicity of measwnt and equivalent accuracy. The rational of the
steady state approach lies in the CTB model whedtidbes mass balance of oxygen concentrationan on
stage as follows:

@-gelV = (F + 1) ~(F +2 )0 + fo, +kaV (- &) —c)

Equation 3. 7

At steady state, the term on the left side of theva equation disappears and the analytical salugio

obtained by Hibino and Tsuge (1978) as follows:

(l_ X)yo Glmli_Nc — szzi_NC

Yy, =1- et G zmglc_l —G2met Equation 3. 8
1 2
with
_c —G
Vi = c Equation 3. 9
G, =(@1+A)-mx Equation 3. 10
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G, =@+A)—-myx Equation 3. 11

1= kiaL@-&5)

Equation 3. 12
u N 1+ a) a

m = L+ X+ A) +[(L+ X + A)2 — 4%

Equation 3. 13
2X q

and

m, = @+x+A)-[(1+ X+A)2 _4X]o'5

Equation 3. 14
2X .

The modified back flow ratio is

f
f+F

X =

Equation 3. 15

The back flow ratio can be described as

f

a= E Equation 3. 16

where c* is the saturated oxygen concentrationmkgic is the number of stages, andscthe oxygen

concentration in thé"istage, kg/rh

If back flow rate and gas hold-up are given, theunmtric mass transfer coefficient can be evaluéted
minimizing the deviation of the values calculated using Equation 3.8 from the experimental values

measured at the steady state.

3.3 Experimental Results and Discussion

3.3.1Effect of Variables on RTD

In order to understand the effect of operatingaldds on mixing behavior of the reactor of interest

various RTD curves have been attained by varyirgratpn variables. The variables under investigatio
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were superficial gas velocity, liquid velocity,rsing speed and number of stages. Repeated expadaime
runs indicated that the experimental data possedsviation of <5% for average residence times and

normalized variances.

3.3.1.1Effect of liquid velocity on RTD

The effect of liquid flow rate on RTD is shown iigkre 3.3. From the experimental curves, the ayeta
residence times obtained for three different ligfimv rates are 290 seconds, 412 seconds and 880
seconds, respectively. Similarly, the normalizediareces indicating the spread of residence time
distribution can be evaluated according the stahdgsproach (Levenspiel, 1999). The normalized
variances for three different flow rates are 0.1¥.Q75 and 0.182. The averaged residence time akse
with an increase in the liquid flow rate as expdctdowever, an increase in liquid flow rate leadsat
decrease in variances, indicating that the didiidbus narrower at a higher liquid flow rate. Whesing
n-CSTRs-in-series model is used, the number ofvatprit CSTRs increases. More specifically, theestag
efficiency increases. For instance, when a lidiod rate increases from 0.001 m/s to 0.003 m/s, th
stage efficiency increases from 91% to 95%. Ihdidated that backmixing decreases with an increase
liquid velocity, which is reflected in the spreadRTD. It can be interpreted that the interstagekiftow

is suppressed by the bulk flow. This is consistéitit the studies by Meister et al. (1979) and Satiand
Treybal (1970). Increasing liquid flow rate is ubganot a practical way to reduce back flow between
consecutive stages because a sufficient residaneeot reaction time is sometimes required to nadtina

desired reaction conversion.
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Figure 3. 3 Effect of liquid velocity on residencéime distribution (D=0.15m and d/D=1/3)

3.3.1.2 Effect of Stirring Speed on RTD

The stirring speed is an important parameter terdghe the mixing level in agitated vessels. THeaf

of stirring speed on RTD is shown in Figure 3.4eHveraged residence time for three stirring speéds
15, 20 and 25 rps are 880 seconds, 865 second83hdeconds, respectively and the corresponding
variances are 0.182, 0.188 and 0.209, respectiVeban be seen that increasing stirring speeadteem a
decrease in residence time because an increasierimgsspeed leads to a decrease of liquid holdwg

as a consequence the averaged residence time sletrdahigher variance means a broader residence
time distribution because increasing stirring speéehsifies the turbulence level by increasingphever
input. Therefore, a stirring speed plays a comptds can be interpreted that an increase in sgjrsipeed

increases the spread of RTD due to the turbuleecergted by mechanical agitation.
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Figure 3. 4 Effect of stirring speed on RTD (D=0.1% and d/D=1/3)

However, a complex dependency of axial backmixingirring speed in a two-phase flow system was
observed by Meister et al. (1979) and Breman €1.8B6b). The complexity occurs because stirrireesp
increases the gas hold-up as well as liquid badkgixAn increase in gas hold-up will cause a dmop i
backmixing owing to the hindrance effect of disgephase and straightening effect on liquid flove rat
(Breman et al., 1996b; Nocentini et al., 1988).

3.3.1.3Effect of gas flow rates on RTD

Figure 3.5 shows the effect of gas velocity on Riubves. The averaged residence times for three gas
superficial velocities of 0.012, 0.022 and 0.038& rafe 880 seconds, 830 seconds and 780 seconds,
respectively. The corresponding normalized variaraze 0. 182, 0.175 and 0.170. It can be seemitiat

an increase in gas flow rate, the spread of RTDines narrower as reflected in the normalized vaesn
indicating that back flow between stages becomasioAn increase in superficial gas velocity resilt

an increase in the gas hold-up, which virtuallemsgthens liquid flow rate and reduces back floviorat
(Breman et al., 1996b).
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Figure 3. 5 Effect of superficial gas velocity onesidence time distribution (D=0.15 m and dD=1/3)

In a co-current flow application, the direction erftrainment of the disperse phase coincides wih th

main direction of the bulk flow, resulting in a deasing effect on back flow ratio.

3.3.1.4Effect of number of stages on RTD

In order to achieve the same residence time witifarent number of stages, the liquid flow rateies
accordingly. Figure 3.6 shows that the spread efrtbrmalized RTD becomes narrower when a larger
number of stages are used. It is reasonable that atages can be applied to obtain plug flow bedravi

which is consistent with the theory that plug floan be mimicked by an infinite number of CSTRs.
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Figure 3. 6 Dimensionless RTD curves in differentumber of stages (D=0.15 m and,D=1/3)

3.3.2Model Discrimination

It is known that the AD model and the CTB modeléé&een commonly used to describe the liquid flow
behavior in MACs. The expression of the normalizadance from the AD model varies according to
different boundary conditions. Since the diametdrhe inlet and outlet are relatively small cormgzhto

the diameter of the contactor, a close-close bayndandition is applicable. As a consequence, the
normalized variance can be expressed in the faligwiquation when a close-close boundary conditon i

applied to the AD model (Levenspiel, 1999)

» _ 2D,
u L

oy

D -u L
{1— & (1—exp%)} Equation 3. 17
u L D,

When the CTB model is employed to describe thedidlow within the reactor, the variance of residen
time distribution for N stages is obtained, using Laplace transforms hadnethod of moments, as

follows:
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Equation 3. 18

1-x? —3(1— x"e)

2 _ c

o, =
? N, L=X)?
The solution was first developed by Van der Lanid&rri and Sherk, 1985). The back flow ratio can b

evaluated by solving Equation 3.18 from a givermmadized variance.

The suitability of the above two models was invgstied by a comparison of the experimental RTD

curve with the curves predicted by the two modslst@own in Figure 3.7. In this figure, a RTD cuive
predicted by the AD model with an axial dispersiapefficient evaluated from Equation 3.17 if an

experimental variance is given. It is apparent thatAD model shows a considerable deviation frben t
experimental data while the CTB model fits the datdl due to that the AD model has less plausible

physical meaning in MACs with few stages.
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Figure 3. 7 Comparison of the experimental curve wh the values predicted by the AD model with
different axial dispersion coefficient and the CTBmodel
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Therefore, the CTB model was used to characteiquédl flow in the designed MAC through this
chapter.

3.3.3Effect of Operating Variables on Back Flow Ratio

3.3.3.1Effect of Liquid Velocity on Back Flow Ratio

Different RTD curves can be obtained by varying rapieg variables. The back flow ratio can be
evaluates from the resultant normalized varianceraling to Equation 3.18. The effect of liquid floate

on back flow ratio was investigated in two differenlumns and the results are shown in Figure BB a
Figure 3.9. It can be seen that back flow ratiorgi@ses considerably with an increase in liquid cigjlo
from these two figures. This was also observed aydi(1971), Ingham (1972) and Meister et al. (1979)
in a single phase and two-phase system. The bawki$l considerably suppressed by the liquid budkvfl

-1.24

In a single phase system, back flow ratio was pitapwal to y <" according to Haug’s correlation.
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Figure 3. 8 Effect of liquid velocity on back flowratio (D=0.1 m and d/D=0.5)
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Figure 3. 9 Effect of liquid velocity on back flowratio (D=0.15 m and d/D=1/3)

It is also seen in the figures that the majoritytted back flow ratios in a two-phase system aresfow
than that obtained in a single phase system bectheseresence of the gas phase hinders liquid
backmixing. With an increase in the gas flow rategecrease in backmixing is observed due to the
increase in gas hold-up. The presence of gas pkdsees the liquid hold-up by virtually increasiihg
liquid flow rates. In addition, the entrainmentesff of gas phase mitigates back flow due to theurcent

operation manner as shown in Figure 3.10.
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Figure 3. 10 Entrainment effect of gas bubbles ia co-current manner

The entrainment effect of the gas phase on baekifica multistage agitated contactor was previously
discussed in the literature (Breman et al., 19%&gham, 1972). For a counter-current operating ragnn
the liquid entrainment by gas phase deterioratek baxing whereas the effect should be the oppasite
co-current operation. The magnitude of entrainneffdct is determined by bubble diameter and the
number of bubbles. A larger bubble size favorsethigainment effect owing to a larger gas liquidtach

area it possesses and a larger number of bubtfiegalg facilitate entrainment effect too.

3.3.3.2Effect of Stirring Speed on Back Flow Ratio

Back flow ratio increases with an increase inistiyispeed as shown in Figure 3.11 and Figure 242 f
single phase system. As expected, increasingmgfigpeed intensifies the eddy turbulence in theesys

In the literature, many correlations show a sintitand.
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Figure 3. 12 Effect of stirring speed on liquid bakmixing in a single phase system

(D=0.15 m and ¢/D=1/3)
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Figure 3. 13 Effect of stirring speed on back flowatio (u.=0.001 m/s, D=0.1 m and{(D=0.5)

The effect of stirring speed on back flow ratiahe presence of the gas phase is shown in Figti8e 3.
and Figure 3.14 for the two columns of 0.1 m antbOm in diameter, respectively. It is found that
increasing gas superficial velocity decreases #uok flow ratio due to the resulting increase in bakl-
up, which favors the hindrance of back flow of tigguid phase by the gas phase. The gas holdup
increases the actual velocity of the liquid phakas constituting a flow straightening phenomemal a
reducing the magnitude of the back flow. The simghenomena were observed by Ingham (1972) in a
multi-mixer liquid-liquid extraction and by Tari#t al. (1998) in a gas liquid MAC of two stagesalko
can be seen from the two figures that the effestiafing speed on back flow ratio at high supéafigas
velocity is not as significant as what happens lwagas velocity, indicating that stirring speddys a
complex role on back flow. No significant effect stirring speed on back flow rate was reported by
Breman et al. (1996b) due to the profound effeagad phase in their relation. Increasing stirspged
also increases the gas hold-up and decreases dpeste which is considered to influence the liquid

entrainment through the opening.
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Figure 3. 14 Effect of stirring speed on back flowatio at various superficial gas velocities

(u.=0.001 m/s, D=0.15m and,(D=1/3)

3.3.3.3Effect of Impeller Position on Back Flow Ratio

Impeller location determines flow patterns in gtifivessel, which leads to different mixing behaviora
standard stirred vessel, an impeller is usuallytipoed at 1/3 of the liquid height of the vesddébwever,

in a MAC, the impeller position varies depending different operating requirements and reactor
geometries. In the literature, it ranged from 1d52/3 of the stage height as indicated in Table 2.
However, in most cases, the impeller was locatddhkitof the height of each stage. Although a vgra#
impeller locations are reported in many studies, éffect of impeller location on liquid backmixing
rarely discussed. From the hydrodynamics prospecthe location of the impeller governs flow patter
and further liquid mixing performance. Thereforestady on the influence of impeller location on
backmixing was carried out in the MAC of D=0.15 frhree locations were examined at the same
operating conditions, namely, stirring speed, ligand gas flow rate. The results are shown in Eigur
3.15.
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Figure 3. 15 Effect of impeller location in one stge on back flow ratio (D=0.15 m and dD>=0.33)

Figure 3.15 clearly shows that at an impeller lmraof 0.25 H gives the highest back flow between
stages among three different locations under iigagsdn. It can be interpreted that when the imggell
approaches the opening, the influence of impedlenare significant as discussed in our study (Zhe&ng
al., 2005a). Therefore, in order to minimize bdokfand generate symmetric flow patterns within one

stage, an impeller location of 0.5 H was exclusiveded in this work.

3.3.3.4Effect of Stage Number on Back Fow Ratio

The back flow ratio in MACs with different numbelr siages was investigated under the same liqui flo
and stirring speed. A similar back flow ratio wasserved when the number of stages was increased fro
3 to 6 as it can be seen from Figure 3.16. The Hauwkratio is expected to be constant since thaler

of stages only changes the variance of RTD. THepandent effect of stage number on back flow ratio

consistent with the theoretical foundation of uding CTB model.
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Figure 3. 16 Effect of number of stages on backdiv ratio (D=0.15m and ¢/D=1/3)

From the literature study and experimental datek lflow rate in an air-water system is consideied t

be a function of gas hold-up, bubble size and atperating variables.

3.3.4Gas Hold-up in Air-water System

Since gas hold-up plays an important role on bdok in two-phase flow systems, it is necessary to
understand gas hold-up under different operatinglitions in the designed MAC. In addition, gas hold
up is also an important parameter to characteriassnransfer capability in gas liquid processediken
hydrodynamic behavior in bubble columns, the priglary experimental study shows that the response of
gas hold-up to liquid flow rates under investigat{o. < 0.01 m/s) is marginal since the energy input due
to liquid bulk flow is minimal compared to that fromechanical agitation. Therefore, the effectstbép
parameters such as gas flow rate and stirring speedonsidered in this section.

Figure 3.17 and Figure 3.18 show that gas holdaogeases when increasing stirring speed and
superficial gas velocity, which is consistent wittevious works at this point (Meister et al., 1979;
Breman et al., 1995).
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Figure 3. 18 Effect of superficial gas velocitiesnder various stirring speed

(u.=0.001 m/s, D=0.15 m and,D=0.5)

In order to qualitatively describe a relation betwagas hold-up and operation variables, a genenal f

is introduced as follows:

£ = PINP2ug® Equation 3. 19

where p1 is the coefficient, (rp€fm/s)*®, p2 and p3 are exponents with respect to stispeed and gas
velocity.
The accuracy of the relation between a correladioth experimental data is expressed in terms of mean

average absolute relative residual (MARR):

Cal

1- 5o

Exp
e

-1
MARR = >

d

x100% Equation 3. 20

where N is the number of experimental points.
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The coefficients in Equation 3.19 are optimizedriyimizing the MARR function at a confidence
level of 95%. Two correlations with a MARR of 6 8ad 7 % are achieved for two different impellers,

respectively. The relations are shown in Figur®3.1

L o dp=1e
o d/p=1/3

0.7
sG/ N

0.00 0.0 010 0.15 0.20 0.25 0.30

0.52

Us

Figure 3. 19 Correlations for two different impelles ( D=0.15 m)

The equation for ¢D=1/3 is as follows:
£ =172N%ud? Equation 3. 21
while the correlation for (D=0.5 is as follows:

£g = 294N °*ud>? Equation 3. 22

Development of the coefficients in Equation 3.1%liso conducted by nonlinear least—-squares curve
fitting for purpose of comparison. A MATLAB functig NLINFIT, is used to estimate the coefficients at

a confidence level of 95%. The resultant parametershown in Table 3.1.
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Table 3. 1 Optimal values and confidence intervalat a confidence level of 95% for the parameters

of the gas holdup relation (Equation 3.19)

pl p2 p3
d/D=1/2 21.27 +7.48 0.81+0.14 0.51+ 0.049
d/D=1/3 15.38+ 0.69 0.69+ 0.014 0.52+ 0.0063

Using the above parameters, A MARR of 4.5% and B3 fthe experimental data has been achieved

for the impeller of dD=1/2 and 1/3, respectively. The parameters nbthiby minimizing MARR

function are similar to those as shown in Table Bdicating that two different approaches can sty

generate equivalently accurate predictions.

For comparison purposes, the phase hold-up predisyethe proposed correlations and literature

correlations are shown in Figure 3.20.
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40 E6  Garcia-Ochoa and Gomez (2004)-
35 O
X
. 30 +20 % ° g
e 0 @
&wo 25 ® ®
20 o
@ -20%
15 % o
10 g S
5 &
[N A [N o114 [N o 14 losv iy o 14 [ I vy

O 1
0O S5 10 15 20 25 30 35 40 45 50 55

Exp
€ %

Figure 3. 20 Comparison of experimental data withle literature data
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Meister et al. (1979) has the largest MARR (33%jrfrour experimental data due to its lower impeller
position (H=0.2 H). The correlation proposed by Breman e(1#195) has a very small deviation of 6%.
The correlation proposed by Sullivan and Treyb&@7() has a deviation of 19% due to their smaller
volume for each compartment (D=0.15 m and H=0.0§3 Ancomparison is also conducted with the
values for a single agitated tank theoreticallydpred by Garcia-Ochoa and Gomez (2004). A deviatio
of 8% is observed. It is reasonable owing to tlaahestage of a MAC virtually resembles a singl¢ated
tank. The experimental work suggests that phasgupldata in the present study is comparable wigh t

literature values and can be predicted by the gdioiea single stage contactor.

3.3.5Empirical Correlation for Back Flow Ratio

An attempt was made to develop a correlation terites the back flow ratio in a MAC for the gas ligu
process. When using the relation proposed by HA8@1() to predict back flow ratio in our experiménta
set-up, the predicted values are generally 3-5 girhgher than that obtained from the present

experimental work for a single phase as showngurei 3.21.
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Figure 3. 21 Backmixing in a single phaseB =
g g gle phaseR o, CHDA
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The difference possibly results from the relativedpger residence times in the current study and
smaller horizontal opening (¥A=0.015) as well as different scales. Most of ¢ixésting correlations for
backmixing in a MAC are empirically based. Theklaaf a firm theoretical foundation leads to the
diversities of correlations. Miyauchi et al. (1968roduced a local isotropic turbulence theorgxplain
liquid backmixing between stages. However, the roution of main stream flow was ignored due to
their experimental techniqgue which employed nomfliashion. No correlation is generated from the
power input point of view, which is a charactedgparameter for pumping capacity and the turbulence
under turbulent conditions.

Based on experimental data, a new correlation feopower input point of view by minimizing a

MARR function is proposed as follows:

a=6*10"° (%) 06y, (%) 06 Equation 3. 23
10 ¢
© Haug(1971)
1l o D=0.15m
i AD=0.1m
0.1 [
c :
0.01 |
0.001
1 10 100 1000 10000

(P/V)>°u "t (Ahb/A)0®

Figure 3. 22 A correlation for a single phase syste

It is already noted that back flow is also a fumietiof gas hold-up and bubble size in a two-phase

system. As a result, back flow ratio in a gas liggystem can be expressed as follows.
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aq = pll-&5)"a,d,"” Equation 3. 24

where p1 is the coefficient, ) p2 and p3 are the exponents with respect to phalsip and bubble
size. @& is the bubble size, m. However, bubble sizes ataneasured in the present study. The average
bubble size can be predicted by the correlatiopgsed by Bhavaraju et al. (1978):

06

dy =07—2 Heyo

=07 Equation 3. 25
(P /V)™ p ™ He

Power consumption under aeration is evaluated &ydlation proposed by Michel and Miller (1962).

P, = 095(P,Nd, ®/Q2%¢) 43 Equation 3. 26
where R is the power input in unaerated systems, W, agtsGhe gas flow rate, ffs.

P, =N,N°d’ Equation 3. 27

where N is the power number of the impeller angFBlis applied for a standard Rushton turbine. The

prediction of bubble sizes using Equations 3.256 &nd 3.27 are shown in Figure 3.23.
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Figure 3. 23 Effect of stirring speed and gas vatity on bubble size

As can be seen in Figure 3.23, the predicted bubibés show a slight increase with an increasas g

flow rate while it decreases significantly when #tiering speed is increased.
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Figure 3. 24 Correlation for back flow ratio in gasliquid system

The following equation is obtained by optimizingetlboefficients in equation 3.24 with an average

relative deviation of 15%.

ag, = 034(1-£5)%a, dg Eqim 3. 28

The prediction of back flow ratio in two experimahtontactors by using the above equation is shown
in Figure 3.24.

Similarly, the parameters involved in Equation 324 also estimated from nonlinear least-square
fitting. The resultant parameters at a confidema@ll of 95% are given in Table 3.2. The valueshia t

parenthesis are obtained from minimizing a MARRction at a confidence level of 95%.

Table 3. 2 Optimal values and confidence intervalat a confidence level of 95% for the parameters
in Equation 3.24

Parameters pl p2 p3
0.27+0.068 (0.34) 1.51+0.31 (2) -0.22+0.033 (-0.2)

It is apparent that the two approaches can gengrateose predictions with difference within 25%.
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3.3.6 Volumetric Mass Transfer Coefficient

The mass transfer coefficient is a determinativeofiafor gas-liquid processes. Superior gas liquaks
transfer is always desirable. Considerable effoetge been expended to develop relations, afvkith
operating variables either via an empirical appinoaictheoretical prospective. However, most of tlaam
dedicated to single stage agitated contactors (PA@d limited efforts have been made on a MAC
(Meister et al., 1979; Breman et al., 1996a). Toreetations proposed by the two research groupsioain
accommodate each other without taking into accdifférent reactor structures and different operatin
conditions. The correlation proposed by Meisteaile{1979) is considered to have limited applicatine

to its significant low impeller position. Thereforhe mass transfer coefficient in the designedtoea
under various conditions was investigated. The erygpncentration in different stages was measurdd a
normalized with the saturated oxygen concentratomnder given operating conditions. A typical

comparison of experimental oxygen concentratioi witoretical calculation is shown in Figure 3.25.
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0.96 | 0
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8‘ 0.92 _ O Experimental data
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080¢ c N=10 rps
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o ] L 1 L | , | , L . |
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Figure 3. 25 Oxygen concentration in different stges at steady state (D=0.1 m and/®=1/2)

The mass transfer coefficient under different ofpegeconditions is shown in Figure 3.26.
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Figure 3. 26 Relation of ka with power input under different gas velocities

(u.=0.001 m/s and D=0.1m)

From Figure 3.26, it can be seen that the massfeanoefficient increases with an increase in powe
input as well as an increase in gas flow rate. ®hgervation agrees with many previously reported
studies. A comparison with literature values wa® a@arried out and the results are shown in Fig2é,
where ka®® are the data from the present study am¥lare calculated based on the different correlations
from the literature as indicated in Figure 3.27e3é figures show that there are small mean dengtd
12.5% and 7% based on the equation of SACs of \Reit (1979) and Calderbank (1958), respectively.
This implies that the values from a SAC are alspliepble for a MAC with an acceptable level of
confidence. The large deviation (33%) based oretjuation of Meister et al. (1979) may be due tarthe
significant lower impeller position (1/5H). The tretical model based on the penetration model and
Kolmogoroff's theory on isotropic turbulence (Gar€choa and Gomez, 2004) presents a deviation of
19% from the experimental data and the relativabyh hdeviation can possibly be attributed to the

existence of gas hold-up or bubble size profileglwith the column.
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Figure 3. 27 Comparison of ka values calculated from literature values with theexperimental data

3.4 Concluding Remarks

The liquid phase backmixing characteristics of Mf€re studied through RTD investigation for differen
phase velocities, stirring speed and number ofestdgor the purpose of interpreting backflow ratiair-
water system, gas phase hold-up was also investigathe gas hold-up achieved in this work is
comparable to literature data. This present studyiges the fundamental data for the applicatiora of
MAC to a gas liquid process with relatively longsidence time and very low backmixing. A new

correlation was proposed to predict liquid backvffoom the power input point of view.

Based on the experimental studies, it can be cdadithat the backmixing in the liquid phase incesas
with the stirring speed while it decreases with iacrease in liquid velocity and gas velocity. The
experimental RTD data are satisfactorily fitted e CTB model. The back flow ratios obtained in

present study are relatively low and present agdesi a MAC with high stage efficiency.
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Using the present data, a correlation is proposgutedict back flow ratios of the continuous phizsa

MAC from power input point of view.
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Chapter 4 Hydrodynamics Studies in MACs with Air/Mscous Fluids

4.1 Introduction

As discussed in Chapter 2, hydrodynamic studieBIACs in gas liquid processes are very limited, in
particular, in systems other than air-water. Therbgtynamic behavior in a MAC with a viscous sysiem
not well studied. With regard to the effect of thecosity on liquid back flow, it was found thatdbeflow
rate increases with increasing viscosity understirae stirring speed (Breman et al., 1966 b). Migaat

al. (1966) made the same observation for a rotaliskycontactor. It was interpreted that increagioger
input at constant stirring speed, N, with incregsitscosity intensifies the turbulence and the bidak
rate was proposed to be proportional to the powenber Np” (Miyauchi et al., 1966). However, their
correlation was only based on a water system amefflect of viscosity was not fully taken into acot

In contrast, back flow ratio, back flow rate ovke tcontinuous phase flow, was found to be deperaent
u M (Vidaurri and Sherk, 1985). Backmixing betweergetaat a very low Reynolds number with respect
to the impeller (Re<340) could be reduced to z&Zw €t al., 2005). The dampening effect of the visiyo

on turbulence should be considered as an impdidatdr for the back flow in viscous systems. Incan
standard stirred vessel with multiple impelleranadel of “compartments in series with back flow” is
used (Vasconcelos et al., 1995, 1996). Under tartiutonditions, namely, Reynolds number > 20000,
back flow rate, f, is proportional to the stirrispeed N (Fajner et al., 1982; Vasconcelos et 8b5)1L
when the CTB model is applied to describe the tdiow behavior. The parameter indicating back flow
between impellers, f/NY is independent of agitation under turbulent cbods while it decreases with a
decrease in Re and this effect is more signifieemtn Re falls down to transitional and laminar oegi
(Vasconcelos et al., 1996). It is interpreted thaatk flow is directly linked to the pumping capsaif the
impeller. From a hydrodynamics point of view, theeck flow should possess a similar trend in MACs due
to the similar internal structure with a vesselhaitultiple impellers except for horizontal bafflagplied

in MACs.

From the literature study, it can be concluded thathydrodynamic data in MACs with an air/viscous
phase flow system is lacking and particularly tifileat of viscosity on liquid backmixing is not well
explored. The disparity for this aspect may arissnf many aspects such as different flow regimes,
experimental technique, liquids employed and reasttales under investigation. The primary objectif/e

this chapter was to investigate liquid backmixingn air-viscous system operated in a co-currennera
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Various aqueous sugar solutions were used as singufauids. The residence time distribution tecjue
was also used as a tool to evaluate the reactdngnperformance. From the experimentally determined
RTD curves, flow model discrimination was conducted a suitable back mixing parameter to describe
reactor flow behavior was determined from the expental curves. The influence of operating variable
on mixing performance was investigated. Those t@smincluded stirring speed, gas and liquid flow
rates, and different liquids. The gas hold-up sreus systems was also measured in this chapter isin

is expected to show an important impact on backigixinder aerated conditions.

4.2 Experimental Section

The same set-up was used as that in air/watensyat€hapter 4 except that the MAC with a diamefer
D=0.1 m was exclusively considered. Air was stiled as the disperse phase while sugar solutiohs wit
different concentrations were used as the contiswiscous liquid media. The viscosity was measured
using an Ubbelohde viscometer and the surface densas measured by Axisymmetric Drop Shape
Analysis-Profile (ADSAP). The liquid density was aseired using a volumetric flask of 500 ml. The mass
of the volumetric flask was measured before thaidis| were filled. The difference between before and
after the addition of the liquids gave the densifyer dividing by the flask volume. The physical

properties of the liquids used are given in Table 4

Table 4. 1 Physical properties of the liquid phase

Density, kg/m Viscosity, Pa.s Surface tension, N/m
(at 25°C) (at 25°C)
water 1000 0.001 0.073
25% sugar 1090 0.0042 0.068
50% sugar 1210 0.0125 0.059
60% sugar 1370 0.0195 0.055

The gas hold-up was estimated using the same agpeaiopted in an air/water system. A deviation of

< 5% after a few experimental trials at a condifiagicates a good reproducibility.
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The residence time distribution was measured byguie same approach detailed in Chapter 3. The
effect of operating variables such as stirring dpéijuid and gas velocities were studied in ortter

understand hydrodynamic behaviour of the design@&&€Mith viscous liquids.

4.3 Experimental Results and Discussion

4.3.1Gas Hold-up

The effects of stirring speed on gas hold-up aoevshin Figure 4.1 and Figure 4.2. Gas hold-up iases
with an increase in stirring speed or superficiaé gelocity for all the liquid solutions employed a
expected. In addition, Figure 4.1 also shows thatgas hold-upg, is higher in the solutions with lower
liquid viscosity, indicating that the viscosity hasiegative impact on gas hold-up. It was repdfiatigas
hold-up is proportional tp®*%%*in SACs (Loiseau et al., 1977; Nocentini et 8093; Garcia-Ochoa et
al., 2004) and it will be shown below that the degence of the gas hold-up on the viscosity in wosk

is also located within this range. However, sligliticreasing the liquid viscosity at a constantsitgrand
interface tension may lead to an increase in giasum (Paglianti et al., 2000). This phenomenonsduat
occur in the present work as well as many otheksvpresumably owing to that a large change in other
physical properties of the liquid associated witle thange in the viscosity automatically shields th

effect.
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Figure 4. 1 Effect of stirring speed on gas hold-upnder different viscosities

(D=0.1 m, ,=0.018 m/s and y=0.001 m/s)
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Figure 4. 2 Effect of stirring speeds under differat gas velocities

(25% sugar solution and y=0.001 m/s)

Regarding gas hold-up in stirred vessels, manyetations have been proposed. However, most of
them are focused on single stage and air-wateemsgstOnly a few investigations which involved the
influence of viscosity have been reported eithemfra theoretical point of view (Kudrewizki and Rabe
1986; Garcia-Ochoa and Gomez, 2004) or from an rérapiperspective (Loiseau et al., 1977; Smith,
1991; Nocentini et al., 1993; Breman et al., 19253hown in Table 4.2.

All of the equations in this table show that thecagsity has a negative effect on gas hold-up. éAling
to our previous study in an air-water system (Zhangl., 2005a, 2005bj¢ is proportional to Rug’>?
with a proportionality constant of 0.32. This reatstill holds for the viscous systems investigatethe
present work, as shown in Figure 4.3 although tefficients are different, which are affected bg th

physical properties of the liquids employed.
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Table 4. 2 Gas hold-up correlations used in this wk

Garcia-Ochoa et al. £q 213\  2/5) 4/15

u Pius, P PL-115, M \-1/4
=0819= e T e )
(2004) 1_£G 91/3 g pL - ,OG pG ljw
Loiseau et al. P
. =001 036, "Gy 027 .-036,, —01
(1977) G o (I)TOTH

Nocentini et al. P
_ 0333,, 0667, H| \-5
g6 = () us T (5H)

(1993) v

w

O varies with different fluids

Smith (1991) £, = 125x107(Rex Fr x FI)%¥(d, / D)**®
Breman et al. r ~067
(1995) ) 4 \-0042
& =| 016 U—Gozs + 0,32d—|05(N -N,) x( g/jLS] (&)0.12
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NO - 015g 0.5D1.5d |_2

* Based on multistage agitated contactor, othexd@rSAC
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Figure 4. 3 A correlation for phase hold-up in visous systems

A relationship to describe the viscosity effectgas hold-up is proposed as follows:
07,, 052, H \s .
Es ON™ug "(— Equation 4. 1

whereé is the exponent which characterizes the effegtsufosity. A relationship is established by

minimizing MARR with a resultant small variance58f as follows:

£s = 03IN*u, 052 y-019 Equation 4. 2
Hw

A very similar equation is developed through nosdinfitting at a confidence level of 95% as shown i

the following equation:

£, = 032N %59y 053 (HLy-oss Equation 4. 3
My
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A comparison of experimental data with values ptedi from literature correlations was carried out

and the results are shown in Figure 4.4.
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Figure 4. 4 Comparison of experimental data withiterature values

A mean absolute relative residue (MARR) was stkdito characterize the deviations of the predistio
with experiments. The best agreement is from Bregtaal. (1995) with a MARR of 11% where the
physical properties of the liquid solutions andctea geometry are taken into account in their refest
while both relations of Garcia-Ochoa and Gomez 420énd Smith (1991) present a poor fit with a
MARR of 45% and 50%, respectively. The dimensionlésm proposed by Smith (1991) does not
include the influence of surface tension which msimportant factor for the bubble size and in turn
influences the phase hold-up and the correlatisresgia relationship thats is proportional to [
resulting in a larger scatter. The relation prodidyy Garcia-Ochoa and Gomez (2004) correlates well
with our data for an air-water system in a standaegttor configuration (D=0.15 m andE1/3) (Zhang
et al., 2005a). However, it poorly fits the presewotrk presumably due to the non-standard configumat
in the existing set-up (({=1/2 and D=0.01 m). A MARR of 24% results from ddatini et al.(1993)

63



correlation which is generated in a reactor of R.B8in the diameter with four turbines/{@=1/3) and

(p-L/UW)_l/3
solutions ((W/uw)*™) used in the current study. The discrepancy mightttributed to some unknown

in their relation is generalized from water-glyaesolutions which is different from the sugar

different physical properties amongst the variegsitls used.

4.3.2Liquid Phase RTD in Viscous Media

The collected conductivity data were converted T®Rurves as detailed in Chapter 3 and a typicalecu

is shown in Figure 4.5.

0.004 [

0.0035 e uL=0.002 m/s

— - =uL=0.001 m/s

0.003
- uL=0.0005 m/s

0.0025 |

Et), Us

0.002 |
0.0015 | '
0.001 |

0.0005 | |*

0 1000 2000 3000 4000
t,s

Figure 4. 5 Typical residence time distribution cuves (50% sugar solution, N=12 rps anddx0 m/s)

It is shown in Figure 4.5 that with an increaseliquid flow rate, the residence time decreases as
expected and the spread of residence time distibuiecreases, indicating that liquid backmixing
decreases. The normalized variance of RTD curne®4dr7, 0.19 and 0.25 for liquid velocity=0.002,
0.001 and 0.0005 m/s, respectively. A higher noizedl variance indicates a lower number of theaaktic

stages when using n CSTRs in series to model tatae As a result, lower stage efficiency is afed,
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which is undesirable in application. Various RTDwas can be obtained by varying operation condstion

such as stirring speed, gas flow rate and liquigherties, etc.

4.3.3Model Discrimination

In the previous chapter, it has been shown thaCthB model fits the experimental RTD curves in air-

water system. An attempt was also made to exarhmeuitability of the above models and was studied

via a comparison of experimental RTD curves withottetical curves predicted using the above models.

The axial dispersion coefficient, De, in the AD rebds evaluated from Equation 3.15 at a given

normalized variance. The results are shown in Eigu.

_______ Experirﬁental data

— CTB model («=0.15)
— CNTB model (¢=0.15, g/F=100)
— AD model (De=0.0000474 m?/s)

N=14 rps
=889 s 1
o=0.15

50% sugar

500

1db0t S15b0 2000 2500

Figure 4. 6 Model discrimination (AD model with clse-close boundary, CTB model and CNTB

model)

Figure 4.6 shows that the CTB model fits the cuvetter since the AD model is more suitable for a

MAC with a large number of stages and the axigbelision parametdde has less physical meaning for a

low number of stages. When the CNTB model is appitefit the experimental curves, the performance
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approaches that of the CTB model when the intrgestack flow ratiog/F, is larger than 100. According
to previous studies (Vasconcelos et al., 1995, 1986 is generally more than 100 in the present study.
When a two-phase system is considered, the CTB Insiiflesatisfactorily fits the curve as shown in

Figure 4.7.
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Figure 4. 7 A comparison of experimental RTD resul with theoretical prediction in a two-phase
system (D=0.1 m and g=0.018 m/s)

Therefore, the CTB model was used to describedighiase mixing behavior in viscous systems. From
the resulting variances, the back flow ratios carewaluated by the similar method detailed in owdiss
(Zhang et al., 2005a, 2005b).

4.3.4Backmixing versus Operational Conditions

Figure 4.8 indicates that the effect of stirringsg on back flow ratio for different liquid systerigith an
increase in stirring speed, backmixing increasesamticipated due to the intensified turbulence; in

particular, velocity fluctuations.
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Figure 4. 8 Effect of stirring speed on backmixingn various Newtonian fluids

(D=0.1 m, ;=0 m/s and w=0.001 m/s)

The phenomena agree with many reported studiesg(HEQV1; Magelli et al., 1982; Breman et al.,
1996b; Takriff et al., 1998; Xu et al., 2005). ligle 4.8, it is also shown that the viscosity haggative
impact on the backmixing, which is consistent wtik findings of Vidaurri and Sherk (1985) and Xu et
al. (2005) for MACs and Vasconcelos et al. (1998) 4 non-standard vessel with multiple impellers.
However, the phenomena conflicts with the findingEBreman et al. (1996b). The backmixing between
consecutive stages is determined by the local lefelturbulence nearby the opening. From a
hydrodynamic point of view, the backmixing is dilgaelated to the pumping capacity of the impeller
is well known that when the Reynolds number de@gd&m turbulent flow regimes to transitional and

laminar flow regimes, pumping capacity decreasessa Aesult, the back flow rate decreases.
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Figure 4. 9 Effect of liquid velocity on backmixing(D=0.1 m and N=15 rps)

The negative influence of main flow on back flownkeen stages is shown in Figure 4.9. It is observed
that the liquid flow rate does not follow a lingatationship with back flow ratio while it playsraore
significant role on it. Xu et al. (2005) observduhtt liquid forward flow rate considerably reduces
backmixing between stages in a two-stage MAC ofi®2427 m and H=0.2413 m. Haug (1971) reported
that back flow ratio is proportional to t**in a water system in Oldshue-Rushton columns diiimeters
of 0.15 m, 1.20 m, and 2.40 m and six-stages, aret@back flow ratio was observed at low Reynolds
numbers. The data from Breman et al. (1996b) wasompared here since a non-flow technique was
employed in their studies and the effect of ligfiav rate was not taken into account. The presesrkw
shows that increasing liquid flow rate consideratdguces the back flow ratio. However, increasing
liquid flow rate is not always a practical way fuppressing the back mixing as the liquid flow riate
given by the required productivity of the apparatddition of a draft tube around central openiogld
be an effective approach to reduce backmixing @nghl972; Vidaurri and Sherk, 1985; Xu et al., 2005

In addition, the figures also indicate that thespree of the gas phase helps in the reduction of
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backmixing due to its straightening effect on Idjuelocity. Similar phenomena are also shown irufég
4.10.
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Figure 4. 10 Effect of stirring speed under gas vetities (4=0.001 m/s and D=0.1 m)

It is shown in Figure 4.10 that with an increasegas velocity, the backmixing decreases for the two
liquids employed. The influence of the gas phasehenback flow could be profoundi((1-c)?) as
reported by Breman et al. (1996b) in a MAC withastages of D=0.09 m and H=0.09 m. Under aerated
conditions, the gas affects the hydrodynamics icomplicated way. The presence of the gas phase
straightens the superficial liquid velocity by redhg liquid hold-up which in turn reduces the bdickv
and the entrainment effects of gas bubbles in auceent manner which leads to a lower back flove.rat
Consequently, as indicated in the above figureg,latv gas flow rate, the effect of stirring spégdnore
significant than that at high gas flow rate duettte fact that increasing the stirring speed inagas
turbulence, however, on the other hand, the liduiltl-up decreases. A similar trend was observedl in
liquid-liquid extraction column (Ingham, 1972) aadAC (Takriff et al., 1998).
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4.3.5 Correlation for Liquid Backmixing in Viscous Systems

In the literature, there are diverse forms of datieg back flow rates with operating variables.ddn
turbulent conditions, a new correlation was progosem the power input point of view (Zhang et al.,
2005b). However, when a viscous liquid is involvede dampening effect of the viscosity on the

turbulence should be taken into account. In viewthi$, two Reynolds numbers are employed to

. o . . . Nd, 2 .
characterize the flow behavior in the contactor. iRéaken with respect to mpelle’fﬁ%I , while Re

My
is based on reactor cqun#gM.
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Figure 4. 11 Back flow ratio as a function of Reynds number

Figure 4.11 shows a diagram for the back flow ratider different operating regions. In the literaja
complex form to correlate back flow rate with Relsonumber was developed by Lelli et al. (1972)
under two different regimes (R&6000 and R&5000) based on three different set-ups with threesa

central opening ratio (11%). Obviously, the effeftopening area was not considered. Magelli et al.
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(1982) varied the central opening to establish aengeneral relationship. However, the central apgsi
in their study are generally larger than 11%. Aterapt is made to generalize a simple correlation to

characterize back flow ratio as follows:

a = p,Re ™ Re,” Equation 4. 4

In order to account for the effect of the centrakiming, Re was calculated from the liquid velocity
passing through the central opening instead ofstqerficial liquid velocity based cross area of the
column. Nonlinear least-square fitting gave [3.69+0.56) x10, p,=1.8 +0.15, and 4-1.420.14 with a
confidence interval of 95%. A comparison of expemtal data in the present study with theoretical
prediction is shown in Figure 4.12 and the valuesligted from the correlations proposed by Magglli
al. (1982) and Xu et al. (2005) were also companrehis figure.

X Proposed Correlation
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Xu et al.(2005)
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Figure 4. 12A comparison of experimental data with theoreticalbprediction in single phase
systems
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The data from Haug (1971) are not compared heresimly a water system was considered in his
study. The data predicted using the relation preidy Magelli et al. (1982) is generally 30 % highe
than the current work since the central opening riatthe present study is only 1.5%. When the reént
opening becomes small, the effect of diameter efdmaft should be taken into account. In conttast,
correlations reported by Xu et al. (2005) provideslatively good agreement with our experimentahda
(the deviation is within 25%) due to that the efffetcentral opening on backmixing has been refieédty
the effect of liquid forward flow rate through tbeening in their correlation. The higher scattenfrthe
correlation is also observed at low back flow ratwaing to the difficulties of achieving accuratsu#s at

very low level of backmixing.

From the experimental analysis, the presence ofjisephase reduces the backmixing. Following our
previous work in an air-water system (Zhang et 2005a, 2005b), a similar form is used to describe

liquid backmixing in an air-viscous system is prepd as follows:

Qg = Pya (L-&5)>d.” Equation 4. 5

where p is the coefficient in Equation 4.4, ps and p are the exponents with respect to phase holdup
and bubble size. Similar to water systemsjsdthe bubble size, m, and can be predicted bydlation
proposed by Bhavaraju et al.(1978). Nonlineamfittgives p=0.26+0.34, p=2.2+0.71, and ¢=-0.22+0.24
with a confidence interval of 95%. A MARR of 15%abtained by comparing the predicted values with
the experimental data. Compared to our previoudysitu a MAC with D=0.15 m (Zhang et al., 2005a),
this p is smaller (the previous;j® 0.34) possibly due to the different impeller ifoas used in the two
correlations. In the present study, the impellgrdsitioned at 1/2 distance of one stage while ibcated

at 1/3 distance of one stage in the previous sfdtigng et al., 2005a). A comparison between theeinod

prediction and experimental data was carried odtthe results are shown in Figure 4.13.
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Figure 4. 13 Comparison of theoretical prediction ad experimental data in two-phase system

The data from Breman et al. (1996 b) are also coeapay correcting liquid flow rate and central

opening area (19.5 % in their study) in order ttaobthe back flow ratio. It is found that the bdtdw

0.62

ratio is proportional to (/A)"°° (Haug, 1971). The back flow ratio from their studyestimated as

follows:

f Fre (0.195) 062

ZDZUL 0.015

Equation 4. 6

A good prediction is not expected for the data filBraman et al. (1996b) as shown in Figure 4.13esinc
the effect of liquid flow rate on back flow ratis inot taken into account in their study. From the
comparison, it can be concluded that without a iciemation of the influence of the liquid flow ondia
flow rate, it is not suitable to apply the backmixidata from non-flow conditions to a two-phasenflo

system.
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4.4 Concluding Remarks

In Chapter 4, liquid phase backmixing in a MAC wihs liquid upflow was explored in Newtonian
liquids (up to 0.02 Pa.s) through residence tinstrithution investigation. The CTB model is stillitaile

to describe the behavior of liquid flow within tMAC in liquids with medium viscosity. The back flow
ratio for the first time was reported for a two padlow system in viscous media. From the experiaien
study, it is found that the viscosity helps in reidg backmixing due to the resulting lower level of
turbulence. The presence of the gas phase alscagdoackmixing by a straightening effect and
entrainment effect as discussed in air-water syste@hapter 3. The gas hold-up in viscous media is
comparable to previously reported literature dataew correlation was proposed to predict backngixin

by taking into account the influence of the gassehand the resulting bubble size.
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Chapter 5 RTD Prediction by CFD Simulation in Sinde Phase Systems

5.1 Introduction

Computational Fluid Dynamics (CFD) has emerged gmwerful tool to conduct reactor design and
reactor diagnosis and provide detailed informatmavailing in the reactors, such as velocity field,
concentration distribution, temperature profileweo consumption and phase hold-up distribution, etc
The encouraging achievements of the utilizatiol€BD tools in stirred vessels have been progressivel
published, such as flow behaviour characterizaidfu and Patterson, 1989; Ranade et al., 1990;
Patwardhan, 2001a) mixing time prediction (Sahwalet 1999; Bujalski et al., 2002; Montante et al.,
2005), power consumption (Patwardhan, 2001a) ssidelce time distribution (Patwardhan, 2001b; Choi
et al., 2004). With the aid of CFD, the flow patig@as well as their influences on mixing perforneacan

be revealed. To the best of our knowledge, theiegtpin of CFD simulation to predict mixing behavio
in MACs is not available in the literature althoughany successful examples on single stage
baffled/unbaffled contactors or reactors with npiétiimpellers have been published. The unique featu
of MAC to other stirred vessels is the utilizatiohhorizontal baffles which separates the wholaicwi

into several stages. The function of horizontaflbafis already known for reducing backmixing betwe
consecutive stages. The geometric similarity bebMIAC and stirred vessels with multiple impellers
shows a promise of using CFD to predict flow fieksl well as mixing behavior in the designed reactor.
Regarding the effect of viscosity on liquid backmg it is found that the viscosity shows a dampgni
effect on backmixing in our previous experimentalrkv However, contradictory conclusions have been
drawn by other researchers (Miyauchi et al., 18®&man et al., 1996b) and it was interpreted th#t w
an increase in viscosity the power input understirae stirring speed increases, which leads tocedse

in turbulence accounting for the liquid backmixibgtween stages. The existing contradiction could be
resolved by solving the transport equations in aGviArough CFD techniques, by which the flow and

turbulence fields can be predicted in order to meitge the mixing performance in the reactor.

The objective of this chapter was to investigate mhixing behaviour in a MAC using an available
commercial CFD package by predicting liquid resmetime distribution. The resulting residence time
distribution was also compared to experimental tatdemonstrate the feasibility of using CFD tedluei

to assist reactor design. The stirring speed, diglow rate, and reactor geometries, all could have
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profound impact on the flow patterns in the stirnegbsel which, in turn, affects the liquid mixing
behaviour of a MAC.

5.2 Simulations

Similar to other stirred vessels, a challengingiéssvhen using CFD to analyze a MAC is to model
rotating impellers. In the literature, various agpgwhes have been employed to model rotating impelle
namely, (1) black box approach, (2) multiple framadsreference approach (MFR), (3) inner-outer
approach (10) and (4) sliding mesh approach (SMngrie et al., 1991; Brucato et al., 1998; Patwardha
1999; Montante et al., 2001, 2005). The black bprroach requires impeller boundary conditions as
input, which needs to be determined experimentallthough it is successful in prediction of thekoul
flow. The sliding mesh approach is introduced by let al. (1993), where transient simulations are
conducted step after step for each relative posibbthe stirrer and baffles. However, this apploc
very computation-intensive. Both 10 and MFR apphaecsimplify the simulation by assuming suitable
steady state conditions for the flow field simuwati resulting in substantial computational saviofis
computational demand compared to SM. In this wak, MFR approach is adopted. Due to the
unsymmetrical fluid input, the wholetZazimuthal extent of the MAC was considered in thigk. The
meshes employed for the simulations consisted 6f0B® cells for the reactor of two stages and up to
1,800,000 cells for six stages. In a multiple frantd reference approach, the tank bulk is set to a
stationary domain while the impeller is embeddedhinotating domain as shown in Figure 5.1. The
interface between the rotating domain and statipdamain was set to half way of the distance betwee
the impeller tip and the tank wall. In the pressttdy, the meshes used were unstructured. Additiona
mesh refinements near the walls of the vessel aadthe stirrer were furnished so that the accuratye
zone of high velocity gradients was improved. Timpéller domain contained a mesh scheme of around
100,000 to 600,000 cells while the tank domain =ted of a mesh scheme of around 200,000 to
1,200,000 cells in the contactors with differemaigsts.

A suitable turbulence model is required to tak® iaccount the turbulence prevailing in a stirred

vessel. In general, a standard krodel was used for dealing with turbulence préwaiin the reactors.
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Figure 5. 1 Multiple frames of reference (MFR) moel in a contactor of two stages

A commercial package CFX 5.7.1 was used for modedimd simulations in this work. The standard k-
model was used for dealing with fully turbulenticets while a low Reynolds number turbulent model,
RNG ke was also investigated for early turbulent regidos the purposes of comparison. The
conservation of mass and momentum were determirséty the Reynolds averaged Navier-Stokes
Equation 5.1 and Equation 5.2 (ANSYS, 2005).

%.; O0QpU)=0 Equation 5. 1

77



%pLU +00p,U OU) = -Op+0 0y, (OU +(OU)) + M Equation 5. 2

wherep is the liquid density, kg/fn M is the sum of body forces, N, akdis mean velocity vector. In

Equation 5.2, p is the effective viscosity, Pa.s, and evaluatetthénfollowing equation.
Mg = U T 14, Equation 5. 3

The turbulent viscosityy,, is given by

U, =C,p E Equation 5. 4

where the model constant, @& set to 0.09, k is the kinetic energy, J/kg, 8@ measure of velocity

fluctuation.s is the eddy energy dissipation, J/kg.

The equations of continuity and motion were solfiesd to attain velocity profiles, kinetic energggdy
energy and eddy diffusivity. Subsequently, the iimfation of the flow field and turbulent field ohtaid
was used to solve a non-reacting scalar transgpration, based on the assumption that the tracer is
dispersed in the vessel by convection and diffuamfollows:

op, ® th

+Up U =0(p, D 0P +—1D) Equation 5. 5
g,

t

where ® is the tracer concentration, kginDy, is the molecular diffusivity, fits ando; is the
turbulent Schmidt number, indicating the differentetween the rate of momentum
transportation and passive scalars. The molecuffusivity was assumed to be equal t0®10

m?/s, a typical value for liquids.

The required boundary conditions for the systemcaraplex. In the stationary domain, the tank walls,
vertical baffles and horizontal baffles were asstirae standard wall boundary conditions with no-slip
flow while the shaft was set to a rotating walllwé speed of 5 rps to 20 rps. The velocity at et was
set uniform with a value reflecting a superficiauid velocity from 0.0005 m/s to 0.002 m/s under

investigation whereas at the outlet, pressure whassbeing uniform across the outlet area. Indtading
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domain, its rotating speed was set to the samleaa®t the impeller and blades were set to wallnolauy

conditions.

At a given instant, the tracer concentration atdiitet could be obtained by taking the valu@ddt the

same location from the transient results.
C(t) = D (1) Equation 5. 6
Douet) is the concentration at the outlet at timegVnIf.

The residence time distribution is evaluated frbm¢oncentration evolution at the outlet as follows

dc()

E() =
® C,dt

Equation 5. 7
where G is the inlet concentration, kg?mThe parameters characterizing residence timeilision

were evaluated according to the same approacHatktaiChapter 3.

5.3 Results and Discussion

5.3.1CFD Simulations

The quality of meshes is essential for CFD simarfetiand the size of meshes should be optimized in
order to obtain accurate results within a reas@nablculation time. In this work, the meshes used a
unstructured. Additional mesh refinements neaniabs of the vessel and near the stirrer were &l

so that the accuracy in the zone of high velocigdgents was improved. The maximum residue (MAX) <
10* was chosen to ensure a tight convergence of allviriables to be solved. The velocity is not
measured in this work, and the power humber evedifom the torque exerting on the blades and the
shaft is used as a criterion to determine the meslity, which is a common approach largely adojired
the literature (Ranade et al., 1991; Ranade, 108&llier et al., 2002; Bujalski et al., 2002). Tpewer

number was evaluated from the torque exerted oblt#tes and the shaft from the simulations asvidlo

Equation 5. 8

_ P, _ 21TyN
Np = 345 345
pN"d, P N"d,

where Ris the power input, W, angdis the total torque exerting on blades and thé&,shan. The effect

of the size of meshes on the power number is sliowable 5.1
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Table 5. 1 Effect of mesh size on simulation (0.001 m/s and N=10 rps in water system;

Re=2.510")
Contactor scale Two Stages Four stages Six Stages
Number of cells 296,113 631,936 592,245 1,032,98788,@57 1,807,809
Power number, N 4.30 4.33 4.30 4.31 4.31 4.33
Deviation, % +0.35 +0.12 +0.23

In Table 5.1, it can be seen that when the sizene$hes increases approximately three fold, the
predicted power number only changes within aboti®0. Therefore, it can be concluded that the efféct
the mesh size is not significant over this rangthefmesh sizes. In addition, the predicted powentrer
is in fairly good agreement with the value of Nf=gredicted by the equation proposed by Bujalskil.et
(1987), which relates the power number to the midionensions of the impeller such as the blade
thickness as well as the scale of reactors for Bldgmumberg2x10'. The slight difference exists due to
the position of impeller and the continuous operathanner adopted in this work. The impeller is df/2
the diameter of that of the reactor and is positibat the center of each stage and the deviation the
standard reactor combination possibly causes tpbtlsi higher power number. Therefore, the simudate

results are reasonably accurate.

Typical flow patterns are shown in Figure 5.2 andain be seen that the velocity profile around each
impeller is similar, where the liquid is pumped watd from the impeller and pushed back when
approaching the tank wall. Therefore, two circaatioops are formed above and underneath the ierpell
which is consistent with the experimental obseorafrom other researchers (Nienow et al., 1968¢ Th
flow patterns could vary significantly with varyingeometric structures. One circulation would occur
when the position of the impeller is very closeéhe bottom of the tank (Montante et al., 2001). e Du
the application of horizontal baffles and a relelyMong distance between each impeller, the viidigld

can be considered to be developed independently.

80



Velocity in Stn Frame
(Vector 1)

—2.3562+000

—1.767e+000

1.178e+000

5.890e-001

0.000e+000

[m s"-1]

Figure 5. 2 Typical flow patterns in a four-stagaeactor with water system

(N=15 rps and 4=0.001 m/s; Re=3.7%510"

After the achievement of a steady state velocjdfand turbulence field, the transportation eaquatf
the tracer concentration was solved. The timewian of the tracer concentration can be acquingd b
setting up a suitable time interval. A typical gaprofile captured at the outlet of the reactastiswn in
Figure 5.3.
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Figure 5. 3 Typical tracer concentration profile ollected at the outlet

(u.=0.001 m/s and N=10 rps)

Figure 5.3 shows a typical concentration profil¢hat outlet of the three reactors under investigatit
is obvious that the tracer concentration at théebapproaches the unity faster in a reactor wisimaller
number stages due to that the reactor volume ifesmahe residence time distribution can be deireah

using Equation 5.7 and the results are shown iarEi§.4.
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Figure 5. 4 Typical liquid RTD via CFD simulationin MACs with different stages

In Equation 5.5, different turbulent Schmidt numbalues have been adopted by the various authors,
ranging from 1 to 0.1 ((Ranade et al., 1991; Healgt1999; Patwardhan, 2001; Montante et al., 2005
and different recommendations have been given diépgon applications (Yimer et al., 2002). Montante
et al. (2005) suggested a value of 0.1-0.2 forfdhecasts of mixing time in stirred vessels witpi&hed
blades. In this work, the default value of 0.9 hasn used down to 0.1 in order to examine theenfie
of turbulent Schmidt number on RTD prediction. At critical factor considered in the present wisrk
the time interval adopted. The standard time iratery, is 5 seconds which is small enough compared to
the average residence time studied (the lattesusily at least several hundred seconds) andféstesn
RTD was explored by performing additional simulaiavith a time step of either one order of magrétud

larger or smaller than the standard time interval.
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Figure 5. 5 Dependence of RTD on time interval ssdted in a two-stage contactor

(Turbulent Schmidt number=0.9, N=10 rps, Re=2.810" and 1y =0.001 m/s)

It can be seen from Figure 5.5 that when the titep was reduced to 5 seconds no further improvement

is observed. Therefore, a time interval of 5 sesamds used in this work.
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Figure 5. 6 Effect of the value of turbulent Schndt number on RTD in a two-stage contactor

(N=10 rps and y=0.001 m/s; Re=2.810")

As discussed earlier, different values for the Sdbmumber have been selected by various authors,
ranging from 1 to 0.1. However, in the present watkis found that the Schmidt number has no
significant impact on RTD predictions as shown igufe 5.6 when the Schmidt number varies from 0.9
to 0.1. This is not consistent with the effect lo¢ turbulent Schmidt number on homogenization curve
and the mixing time in stirred vessels with mubiglrbines reported by Montante et al. (2005). The
independent behavior of the RTD simulations onShbmidt number in the present work is presumably
due to the fact that the mixing performance is demey dominated by the convection flow and each
stage has reached the maximal mixing, which cawuatidated by the experimental phenomena that the
mixing time (usually around 3 seconds) is fairlyatihtompared to the mean residence time (hundreds
seconds) for the MACs studied in this work. Therefdhe default value of 0.9 is used in all simolas
later on. In Figure 5.6, the mean residence tint rasrmalized variance predicted are 216 seconds and

0.53 respectively while the corresponding experil@evalues are 222 seconds and 0.55. The space time
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under the same operating conditions, i.e., thetoeaolume over liquid flow rate, is 217 secondbeT
relatively small deviation (~3%) indicates that R€D curve in the reactor can be satisfactorilydpred
by the CFD simulation and the liquid mixing behawan be understood by the CFD technique.

Tracer Concentration
1.000e+000

—8.212e-001
6.424e-001
4.6362-001

Z2.848e-001 ‘ [ ]
A
[kg m*-3]

Figure 5. 7 Typical transient tracer concentrationsat different stages in a six-stage contactor

(t=250 s, N=10 rps, u=0.001 m/s, Re=2%10")
In the simulations, the transient concentrationfilrocan be obtained and a typical concentration
distribution at a given instant is shown in Figbt@. In addition, a concentration profile for eatage is

also presented on the right column.
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Figure 5.7 shows that there is no concentratiodignh observed within one stage, indicating thahea
stage is perfectly mixed, which further confirme thbove analysis regarding the effect of the Schmid
number. It's already known that the AD model ane €TB model are commonly used to describe the
flow behavior in the MACs. However, with a smallmiber of stages, the CTB model is more suitable
than the AD model since there is less physical mgaaf the AD model in a MAC at a relatively low
number of stages. Hence, the simulation resultsigeoa line of evidence that the AD model is not

suitable to describe the flow behavior in MACs wighv stages.

5.3.2Simulation Results and Discussion

5.3.2.1Effect of Stirring Speed on RTD
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' - 321
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Figure 5. 8 Effect of stirring speed on residenciéme distribution in a four-stage contactor

(u.=0.001 m/s and water system:1. N=10 rps; 2.N=15 & N=20 rps)
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Figure 5.8 illustrates the effect of stirring speedthe normalized variance of the RT& predicted
by CFD. With an increase in stirring speed, theeagrof residence time distribution increases dsatedd
in an increase in the) values. Increasing stirring speed results in rbaak flow between stages and as a
consequence, the distribution becomes broader. didgsrvation is consistent with many other previous
studies (Haug, 1971; Vidaurri and Sherk, 1985; Brerat al., 1996b; Xu et al., 2005; Zhang et alQ520
a). In addition, the peaks on the RTD curves oeeulier at a higher stirring speed. The peak ajgpatar
206 seconds when N=20 rps while it happens at 26dmgls when N=10 rps. Since high stirring speeds
lead to earlier occurrence of the RTD peaks antbader distribution, to employ high agitation irgén

is not preferred if the purpose is to suppresd#ekmixing.

5.3.2.2Effect of Liquid Flow Rates on RTD Curves
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Figure 5. 9 Effect of liquid flow rate on RTD curves in a four-stage contactor

(N=10rps: 1. u=0.002 m/s; 2. y=0.001 m/s; 3. u=0.0005 m/s; water system)
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Figure 5. 10 Effect of liquid flow rate on RTD cuwres in a two-stage contactor

(N=10 rps: 1.u=0.002 m/s; 2.y=0.001 m/s; 3. u=0.0005 m/s; water system)

It is shown in Figures 5.9 and 5.10 that increasimgjd flow rate decreases the average resideme t
as expected. In addition, the spread of the RTDoimes narrower as indicated from the normalized
variances when increasing liquid flow rates. Inoarfstage contactor, the corresponding experimental
variances are 0.25, 0.30 and 0.39 for liquid flomtes of 0.002 m/s, 0.001 m/s and 0.0005 m/s,
respectively. In a two-stage contactor, the cowrdmg experimental variances are 0.50, 0.58 a6, 0.
respectively. Compared to the values from the CRDukation, the simulated results with the
experimental data are in a reasonably good agreee lower liquid flow rate, a higher normalized
variance value is obtained, namely, a lower stdfijgiency resulted. At u=0.0005 m/s, the performance
of a four-stage contactor is equivalent to 2.8 CSHRd the performance of a two-stage contactor is
equivalent to 1.5 CSTRs under the same operatingittons. The stage efficiency reduces to as low as

72%, indicating that decreasing the liquid flowertd achieve a longer residence time is not ddsirab
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5.3.2.3Effect of Horizontal Baffles on the RTD Curves
It is known that the application of horizontal beff is helpful in reducing back flow between congive
stages. The influence of the opening area on gidarce time distribution is predicted as showRigure

5.11 and Figure 5.12.
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Figure 5. 11 Effect of horizontal baffles on RTD arves predicted via CFD simulation in a two-stage

contactor (N=10 rps and @=0.001 m/s)
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Figure 5. 12 Effect of horizontal baffles on RTD arves in a six-stage contactor

(N=10 rps and y=0.001 m/s)

In the above two figures, it can be seen that thré&zbntal baffles profoundly change the RTD curves.
The peak of the RTD curve appears earlier and alieot RTD is becoming longer when the central
opening is larger. For instance, it appears at ,2808s and 600s in a MAC of six stages for three
openings, respectively, as illustrated in FigurE25Theoretically, it will occur at a time of zenden the
back flow between stages approaches infinity aeditferall performance of the whole reactor is etual
one CSTR with the same volume, where the RTD cargonentially decays at t=0 second. In addition,
the resulting variances show that the stage efiigielecreases from 90% to 45% in a six-stage ctumtac
while it decreases from 91% to 66% in a two-stagetactor when the central opening area to cross
section of the column ratio increases from 0.0160.0836. A larger central opening allows more back
flow between stages, which is confirmed by manyeexpental findings (Haug, 1971; Vidaurri and Sherk,
1985; Xu et al., 2005).
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5.3.2.4Effect of Liquid Viscosity on RTD

CFD simulations were also performed in sugar sohgti with different concentrations in order to
investigate the effect of liquid viscosity on RTDrees. When dealing with viscous system, the Rajgol
number with respect to the impeller falls into gairbulent regions (2,000<Re<10,000). Therefore,
dependence of RTD predictions on different turbulmodels was investigated. The utilization of the
standard k& model and RNG k- model was investigated at Re=9,167 and Re= 2,68@re is no
significant difference between the predictions Wy tmodels at two cases as shown in Figure 5.13. The
RNG k- model predicts a power number of about 5 % highan that obtained from the standard k-
model at Re=9,167. The valuestdbr k-e and RNG ke models are 191.8 and 192.0 seconds, respectively
and their corresponding,® are 0.779 and 0.781. Similarly, the RNG kaodel estimates a 4.5% higher
power number than that from thecknodel at Re=2,600. The valueswofor the ke and the RNG k-
models are 192.7 and 192.8 seconds, respectivelyp@red to Re=9,167, lower normalized variances at
Re=2600 are obtained, 0.75 for the standatdriedels and 0.755 for the RNGekmodels, indicating that
backmixing is less at a lower Reynolds number. Ftbencomparison, it can be seen that the choice of
either model does not considerably affect the ptadi of RTD curves at early turbulent regions (®6

Re< 10,000).

Therefore, all simulations in sugar solutions wpegformed with the standardekmodel otherwise
stated differently. A comparison of simulation wixperimental data in a MAC of six stages was
conducted and the results are shown in Figure 3hd.mean residence time and variance of RTD from
the CFD simulation in this case are 634 seconds @A00 respectively while the corresponding
experimental values are 618 seconds and 0.215 tinelesame operating conditions. Deviations of 2.5%
and 7.5% for the mean residence time and normaliaeidnce respectively are obtained, indicating tha

the RTD curve for a viscous system also can beigisetiby the current approach.
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Figure 5. 13 Effect of two different turbulent modds on RTD curves in a two stage MAC (25%
sugar solution, N=15 rps, u=0.001 m/s and Re=9167; 50% sugar solution, N=10gpy =0.001 m/s,
Re=2600)

93



0.0018
> Experimental

£ %—— CFD Prediction

0.0015

0.0012

—

E(t), s

0.0009

0.0006

0.0003

300 600 900 120015000
t, s

0.0000

Figure 5. 14 Comparison of RTD prediction by CFD ghulation with experimental data in a six-
stage contactor with 50% sugar solution (N=15 rpsj,=0.001 m/s and Re=3000)

RTD curves in various sugar solutions are showhigire 5.15. It is shown in Figure 5.15 that with a
increase in sugar concentratian® decreases from 0.23 to 0.20, indicating that thek Blow between
stages in a more viscous system becomes less saitie operating conditions. The observation iswdg
agreement with the previous studies (Magelli et1882; Xu et al., 2005). The peaks of the RTD earv
appear slightly earlier for a less viscous systena water system (Re=%Z0", it occurs at 350 seconds
while it appears at 365 seconds and 375 second®5fdr (Re=9.410°) and 50% sugar (Re=%00°)

solutions, respectively.
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Figure 5. 15 The effect of liquid viscosity on RTzurves in a six-stage contactor
(N=15 rps and y=0.001 m/s)

5.3.3Backmixing Characterization

As demonstrated earlier, the CTB model is moreablet to describe the flow behavior of MACs. As
discussed in Chapter 3 and Chapter 4, a back fitiev iIs employed to characterize the backmixingetxt
between consecutive stages. From the resultingala®ad variance, a back flow ratio could be evaddat
using the method reported in previous studies (Midaand Sherik, 1985; Zhang et al., 2005a, 2086).
comparison of the back flow ratio from the CFD siation with experimental values was also conducted
as shown in Table 5.2. In addition, the values ipted from the correlations proposed by Magellakt
(1982) and Xu et al. (2005) were only compared sixastage reactor as shown in this table since the
number of stages are assumed to play a marginalamlthe back flow ratio between stages in their

correlations.

From Table 5.2, it is shown that the back flowadtom the CFD simulations generally is lower than
the corresponding experimental value with a desmaf less than 20%. A relatively large deviation
usually occurs at low back flow ratio level sintasi difficult to get accurate experimental valulss
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already understood that the back flow between stégyeaused by turbulence prevailing in the reactor
which is directly associated with the pumping céyaaf the impellers. The inherent deficiency oétke
model to accurately predict turbulence could pdgsd#zcount for the underestimation of backmixing
besides the experimental error. In different remctuith different stages, either the back flowadtiom

the CFD simulation or the experimental values &mest the same at the same stirring speed andiliqui
velocity, which is consistent with the theoretiéalindation of the CTB model. With respect to thieef

of viscosity on the back flow ratio, both the siatidn and the experimental work show the same trend
that viscosity has a negative role on back flowiclwtagrees with previous studies (Megalli et 8932
Vidaurri and Sherik, 1985; Xu et al., 2005). Theadpredicted using the relation provided by Magetli
al. (1982) is generally 30 % higher than that mtes in the current work probably due to the faeit the
central opening area over the cross sectionaliarealy 1.5% in the present work while the corrielas
were generated based on reactors with large ceapeahings (greater than 11%). In contrast, the
correlations reported by Xu et al. (2005) are irelatively good agreement with the present studgesi
the effect of central opening on backmixing hasnbextlected by the effect of liquid forward veloeg

through the opening adopted in their work.
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Table 5. 2 Comparison of back flow ratio predictedrom CFD simulation with experimental data

Back flow ratio,

Experimenta‘l Magelli et al.,lgkLz etual., 2005

Reactors| N, rps ym/s CFD prediction

6 10 0.001 0.12 0.17 0.198 0.1
6 15 0.001 0.25 0.35 0.35 0.24
6 20 0.001 0.45 0.5 0.71 0.495
6 10 0.002 0.03 0.04 0.031 0.03
6 10 0.0005 0.33 0.4 0.45 0.47
4 10 0.001 0.11 0.14 - -

4 15 0.001 0.23 0.29 - -

4 20 0.001 0.5 0.55 - -

4 10 0.002 0 0.05 - -

4 10 0.0005 0.5 0.6 - -

2 10 0.001 0.087 0.12 - -

2 15 0.001 0.25 0.28 - -

2 20 0.001 0.49 0.53 - -

2 10 0.002 0 0.04 - -

2 10 0.0005 0.47 0.6 - -
6* 10 0.001 0.08 0.12 0.2 0.09
6* 15 0.001 0.19 0.24 0.3 0.22
6* 20 0.001 0.35 0.4 0.6 0.46
6* 15 0.0021 0.04 0.05 0.06 0.034
6" 10 0.001 0.05 0.07 0.14 0.05
6" 15 0.001 0.12 0.19 0.22 0.17
6" 20 0.001 0.3 0.35 0.41 0.4

* 25% sugar system; + 50% sugar system; othergdder system.

5.4 Concluding Remarks

The CFD technique was employed to predict residéince distribution (RTD) curves for MACs with

Newtonian liquids. The CFD modeling work was impénted using a commercial CFD package

CFX5.7.1. The resulting RTD curves have been coegawith experimental data obtained by a
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conductivity meter. The observed power numbermftbe simulation show good agreement with the
literature. The observed mean residence time andaiized variance are in a reasonably good agreemen
with the experimental data. The concentration profibtained from simulations provides a line of
evidence that the CTB model is more suitable temdes the flow behavior in MACs. Both simulationdan
experimental work show that the viscosity helpsra@ducing backmixing by its dampening effect.
Therefore, the mixing behavior of MACs can be ustteyd by CFD simulation and CFD simulation can

facilitate reactor design.
The slight underestimation of back flow ratio fra@#D prediction is presumably attributed to the

inherent deficiency of standard turbulence modeleacribing turbulence at low Reynolds numbers It

expected that further improvement can be achieyezbhsidering more advanced turbulence models.
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Chapter 6 Development of a Continuous HNBR Process

6.1 Introduction

In previous chapters, a thorough hydrodynamic swfdthe MAC proposed for hydrogenation of NBR
was carried out. Based on the hydrodynamic undelstg, a bench scale continuous process will be
designed and established to demonstrate hydrogenaghavior to realize the ultimate objective a$th
research project. Before fabricating a MAC to perfathe hydrogenation process, a preview of the
hydrogenation performance in the proposed reaasrbeen attained through a numerical analysis of an
established mathematical model (Zhang et al., 2008 numerical studies also have revealed tleat th
dynamic behavior of hydrogenation performance iMAC is controlled by the following parameters:
catalyst loading, back flow ratio, C=C loading levghase hold-up and the residence time parameter.
Among those parameters, back flow ratio, gas holaugp the residence time parameter have been well
understood in the previous chapters, providing &mental knowledge of designing a continuous setup
for hydrogenation of NBR. From the previous numeristudy, it is demonstrated that a MAC can
satisfactorily produce a desired hydrogenation eosien and exhibit operation flexibility. Hence,arder

to explore hydrogenation behavior in the MAC andvite more fundamental data for industrial
application, a bench-scale prototype was designddaacontinuous set-up for hydrogenation of NBR was
established. The objective of this chapter wadlustrate a novel continuous process for hydrogenaif
NBR by using a MAC. Based on the knowledge of hygmamic behavior achieved in the previous
chapters, a MAC with a volume of lliter was destyjaed a continuous setup for hydrogenation of NBR
was established. Hydrogenation efficiency furnishegl the developed unit is discussed and a
comprehensive mathematical reactor model is alsaighed for the hydrogenation dynamic predictidn.

addition, a simple correlation is proposed to estarhydrogenation degree at steady state.

6.2 Basic Rational for the Process Design

After a complete understanding of hydrodynamic guenince of MACs at various operating conditions,
one is able to design a continuous setup involangAC for hydrogenation of NBR. Prior to designing
and establishing such a gas liquid reactor, thevidhg considerations are to be taken into accéuamh

the perspective of hydrogenation. A minimum hydrag®n degree of 95% is required in the final HNBR
product, which ensures a significant improvementpbifysical properties. Since the hydrogenation

behavior follows a first order reaction with resptrthe concentration of carbon carbon double bpad

99



residence time of 10 minutes to 40 minutes is meguio achieve the desired conversion (over 95%gdba
on the kinetic rate constants provided by Pareat.€1998). In principle, the residence time o tigquid
phase is determined by the liquid flow rate anctt@avolume as well as the liquid holdup. Therefore
there could be a variety of combinations of a r@agblume and a liquid flow rate which could proid
the residence time requirement. However, when thetjgal operation of such a reactor is conceraed,
suitable reactor volume is desired. From the previexperimental observation, it is found that ke at
least 2-3 times of a residence time for the flowtesn to approach steady state. In view of thigaator
with a volume of around 1 liter is pursued to perfdhe continuous process. When the reactor voisme
fixed, a variety of combinations of the reactornd@er and the number of stages also arises. Arlarg
reactor diameter would result in a smaller numbjestages, leading to a lower hydrogenation conearsi
under the same reactor volume according to ouriguewumerical simulations (Zhang et al, 2005ce Th
previous numerical study shows that a MAC with egéa number of stages could achieve a higher
conversion under the same reactor volume. Howether, capital cost will significantly increase to
fabricate a very long MAC. Hence, a MAC with a abie number of stages is preferentially adopte@. Th
hydrodynamic studies in previous chapters showlihaid residence time, gas holdup and mass transfe
can be well predicted based on the developed etioes and literature values available. In addititwe
preview of the hydrogenation performance was aduethrough numerical simulation. Therefore, the
comprehensive knowledge obtained with respect it ghrticular reactor enables us to design a MAC

with any dimensions at a high level of confidence.

A MAC of six stages was designed for the hydrogenagprocess due to its capability of achieving the
desired hydrogenation conversion of over 95% umdustrial conditions predicted from the simulation
In addition, it also possesses the operation caewea at a lab scale compared to a MAC with a very
large number of stages. Within the reactor, vertizfles were not installed in order to make react
internal structures simpler since the absenceasdtaffles would not compromise its mixing eff@ben
the reactor size is relatively small and vibrantampn is provided (Nagata, 1975). A Rushton toebwas
used as an impeller due to that it can provideigafit liquid mixing as well as gas dispersion. The
cooling coil was present in the first stage in orderemove the heat released from the hydrogemdttio
necessary. The horizontal baffles separate theentmllimn into six stages and present a centraliogen
of 5% over the whole area of the column. The schiemapresentation of the designed reactor is plexvi

in Appendix A. The detailed geometric informatisrgiven in Table 6.1.
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Based on hydrodynamic understanding of a MAC, awwoent upflow is employed since it offers the
capacity of minimizing backmixing between stages eeducing pressure drop during the flow. Therefore

both polymer solution and hydrogen are introduecethfthe bottom of the reactor.

Table 6. 1 Reactor dimension

Reactor | Stage diameter, m  Stage height, m Impeller | Number of Central
parameter diameter, m stages opening, m
0.06 0.06 0.03 6 0.015

After the reactor geometry is fixed, the hydrodyimamerformance of the designed reactor can be
predicted from the correlations developed in Chaptand Chapter 4. The stirring speed employetién t
continuous unit ranges from 10 rps to 20 rps tontadé the same power input level with that in our
previous hydrodynamic studies. In order to achi@viguid residence time of 10 to 40 minutes, aitiqu
flow rate ranging from 20 ml/min to 90 ml/min isdred. As a consequence, the resultant back fibiw r
is generally less than 0.2 from the previous hygnaghic results, indicating a stage efficiency obwab
83%. Accordingly, the gas holdup is ranging frorh ® 0.3 at the same operating conditions. Intamdi
volumetric mass transfer coefficientakis in the range of 10s™. At the above operating conditions, the
preview of the established set up shows that thsrate hydrogenation degree of over 95% could be
achieved. Therefore, further experimental efforesraquired to demonstrate hydrogenation behavidr a

to provide fundamental data for industrial applimatdesign.

6.3 Experimental

A bench-scale prototype was designed and constriotelemonstrate principles of utilizing a MAC to

perform the continuous process for hydrogenatioN®BR. Capable of handling pressures up to 100 bars
and temperatures between 110 °C and 200 °C, thensysan be used to study NBR hydrogenation at
industrial operating conditions. Detailed in thexon are the process components and the prosedure

developed for its operation.

6.3.1Apparatus

A schematic of the prototype is provided in Figéré while the list of the component models and part
numbers are provided in Appendix B. Solution of NBRchlorobenzene are prepared and stored in a 10
liter, polyethylene carboy (A) under the continudlesv of oxygen-free B a high pressure pump (B)

meters a precise flow of the polymer solution t@ &ter Parr autoclave (C) where it is preheated or
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contacted with the hydrogen stream if necessargréten is supplied via a Brooks mass flow controlle
(D). A high agitation rate is used while pre-hegtthe polymer solution about 20 °C above that & th
MAC ().

Solutions of catalyst are prepared and storedliitar stainless steel bomb (H) under agimosphere.
The bomb is pressurized to 10 bars with hydrogemctmmmodate the volume created as the solution is

discharged into the MAC (I) by a second, high puesgpump (G).

The catalyst solution contacts the hydrogen and MiRures at the entrance of the reactor. From the
MAC the reactants pass through a water-cooled déxadtanger (J) before reaching the distributing ealv
Two 500 ml, high pressure sight glass (K) are deerén parallel to separate gas liquid phases,enthi¢
hydrogenated polymer solution is retained in tightsglass, hydrogen proceeds through a check yilye

The parallel system allows for collection in onetuvhile draining the other into a 10 L carboy caner

().

The system pressure is maintained by the backymeessgulator (O) and measured by a gauge (N). On
the low pressure side of the regulator is a sectade (P) which protects the gas rotameter (Qhen t

event of a process upset. The hydrogen is ventdebtavalk-in fume hood output ducts.

Steam is supplied at 40 psig to the top of the Ma€ket by a pressure regulating valve. Condensate
expulsion from the bottom of the steam jacket tsi@ed by a thermostatic steam trap. The NBR swluti
and catalyst pumps provide an output of 5-40 ml/mmd 30-200 ml/min with +/- 5% precision,
respectively. Hydrogen is supplied by the mass ftawatroller (D) up to 6 SLPM (standard liter per

minute) after which the flow must be manually atids

The MAC is a 0.36 m long six-stage column havir@ m internal diameter. The height of each stage
is equal to 0.06 m and one impeller is providedaoh stage with a diameter of %2 of the column diame

The central opening is 5% of the cross sectiored af the column.
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Continuous pumping of the liquid into a closed egstmay over-pressurize the system, this may occur
when the system is blocked. Therefore, a reliefevaket at 1500 psig has been installed followimghbat
exchanger and another relief valve of 1500 psigb®een placed on the preheater. The entire set-up is
positioned within a continuously purged, walk-inclrsure to vent hydrogen and solvent fumes. A
hydrostatic test of the equipment at 1000 psig B8l °C was undertaken before the experimental work

was commenced.

6.3.2General Operation Procedures

The unsaturated NBR studied was (Krynac 38.50 fkté&fNXESS) contained 62% butadiene by weight
which was distributed as 80% trans, 15% cis, 5%Ivitefin distribution and possessed an Mn=70,000
and a polydispersity of 3.6. The solvent employed wonochlorobenzene (MCB) used as received from
Fisher Chemicals. Solutions of NBR in MCB were @mga in a 20 liter carboy and purged of
atmospheric gases by bubbling with 99.9% nitrogeraxXair) for two days. A steady stream of nitrogen
through the carboy was maintained during hydrodenagxperiments to retain an inert atmosphere.
Catalyst solutions were prepared undeubing degassed chlorobenzene. A technique hasdesetoped

to charge the catalyst solution to the catalystlinoftfter the preparation of the catalyst solutiorail L
flask under N atmosphere, the catalyst bomb was put under vadau0 minutes. A positive pressure
was maintained in the flask where the catalystt&oiuwas retained. Therefore, the pressure differen
between the flask and the catalyst bomb transfettiedcatalyst solution into the bomb where it was

subsequently pressurized to about 10 bars withdygalr gas.

With the NBR and catalyst solution vessels in pl#ue pumps were primed and the entire reactor
system degassed by successive pressurization atidgref 20 bars KH(Praxair) for a total of three cycles.
The steam was supplied with a pressure of 40 psansure a temperature of 140 °C within the reactor
The steam pressure can be adjusted according tdesieed temperature required in the MAC. The
hydrogen was charged to the system and regulateldebgnass flow controller. The system pressure was
maintained at any desired value by the back pressgulator. The polymer metering pump delivered
NBR solutions through the whole period of operatitne. The other metering pump started to charge
catalyst solution into the reactor after the terapge and the pressure of the reactor were stabiliz
Subsequently, the transient behavior of the reagts monitored by sampling NBR solutions at various
stages every 10 minutes. The system is usuallyideresl to approach its steady state after threestiof
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the liquid residence time. Therefore, an operapenod of two to three hours was generally adopted
under investigated conditions. The hydrogenatiogrele of NBR solution was monitored using a widely

accepted FTIR approach.

6.4 Experimental Results and Discussion

6.4.1Catalyst Reactivity

An efficient osmium catalyst precursor, OsHCI(CQ)(ECys),, was used for selective hydrogenation of
NBR in the designed continuous process. The catalgs prepared according to the method employed by
Parent et al. and reference therein (1998). In rotdeconfirm the same catalyst entity presently
synthesized, the osmium catalyst reactivity wasstigated in a batch reactor before embarking on
hydrogenation performance investigation using tlomtiouous set-up. The catalyst reactivity was
investigated in a Parr reactor at similar operatiogditions to those explored by Parent et al. 1.98wo
temperatures were primarily chosen, 130 °C and “T2LOA stirring speed of 600 rpm was used. The
catalyst concentration was 80 uM and the presstirthe system was 350 psig. Two independent
experimental runs were conducted for two sets oflitimns. The hydrogenation saturation was measured
using FTIR. The conversion was calculated accortlinthe following equation, which is developed by
Bruck (Kehl, 1998).

A(730
k(730

A970 _ A(730),.
[A(2250 + 70 " k(730)](1 ACN)

%conversion =

Equation 6. 1

where A(X) is the absorbance height at a charatiesiwavenumber, x cinand ACN is the acrylnitrile
content in the rubber. For the NBR rubber Krynadb3te weight ratio of ACN to butadienene is 38:62
k(x) is the FTIR constant. The values for k(730§ &(970) used are 0.255 and 2.3, respectively (Kehl
1998).

The characteristics peak heights used here wer225@ crit peak resulting from cyano group, the 970

cm’* peak measuring the level of unsaturated transnobsf the proton vibration on the C=C-H, and a

modified peak at 730 chwhich resulted from the oscillating H attachechieasured backbone, -GH
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CH,-. The typical infrared spectra were captured dythe process of hydrogenation as shown in Figure

6.2.
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Figure 6. 2 FTIR spectra during hydrogenation proess

It is shown that the height of 970 ¢rpeak diminishes with an increase in the level BR\saturation
while the height of 2250 cfpeak remains the same, indicating that the hyaration is taking place on
-C=C- entity without affecting —CN group which hetsource of oil resistance and hardness in thigeru

product.

The hydrogenation results from the batch studiesshown in Figure 6.3. It is clearly indicated list
figure that the hydrogenation reaction rate is eflasit a higher temperature as expected. A good
reproducibility is also confirmed in this figure darthe maximum experimental deviation from two
different runs is less than 10%. The influenceeofiperature on hydrogenation behavior also indidhts
the hydrogenation behavior at the present operatmnglitions might not be limited by mass transtdre

previous studies show that hydrogenation ratevigla first order behavior with respect to carborbca
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double bond concentration. Therefore, a plot flitiD) versus time was made in order to obtain tkine

constant and the results are shown in Figure 6.4.
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Figure 6. 3 Hydrogenation degree at two differentemperatures ([Os]=80 uM and P=350 psig)

From Figure 6.4, it can be seen that the hydrogema¢action does not follow the first order reauwti
with the same kinetic constant during the wholequeof the reaction. The initial period shows ansto
reaction activity presumably due to that the calditl catalyst feed brings down the system tempeeat
Usually several degrees (3 to 5 degrees) were wéxb@mmediately after the catalyst was charged timo
reaction system. Another possible reason is thakés sometime for catalyst to contact hydrogeornm
active complexes. This observation is not consisteth that found by Parent et al. (1998) usingas g
uptake system. In contrast, an initially rapid logenation was observed in their study due to tisatrd
vinyl isomers are preferentially saturated ovengrantity. The phenomenon was shielded by the cold
catalyst feed since it only takes place within salveninutes after the hydrogenation starts. Thellsma
amount of catalyst solid does not influence theperature of the system. In addition, the catalyst h
been contacted with hydrogen gas before enteriegréaction system in the solid addition approach.

Theretofore, in the continuous experimental prooedihe catalyst solution should be exposed to
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hydrogen before it is added to the system. Basetth@ihydrogenation profile obtained using the soiut
addition manner, a kinetic constant can not beeaet through the whole period of reaction. However,
the last three or four experimental data pointsciviiall in a linear relationship still can be udedget a
rate constant by a linear fitting to carry out anparison with previous study and to provide fundatale
data for reactor modeling later on. The resultanetic constants, k'(§, from a linear regression at a
confidence level of 95% are shown in Table 6.2 amdmparison to the data from Parent et al. (1898)

also given.
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Figure 6. 4 In(1-HD) versus time
Table 6. 2 Kinetics data
Experimental Run K,S present study k' s Parentetal.
(1998)
130°C (3.1+0.7x10° 3.5%10°
140°C (4.6+2.1x10°
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From the comparison, it can be seen that the mraattivity of the present catalyst is about 88%hat
obtained by Parent et al. (1998) in a gas uptakeesy If a continuous process is performed at dimees
conditions(T=130 °C, 80 uM and P= 350 psig), a minin residence time or reaction time of 16 minutes
will be required to achieve a hydrogenation degoée©5% when using the above kinetic constant.
However, based on the observed kinetic behavigrgusie solution addition approach, it takes abdut 3
minutes to approach the same saturation level. &pmestly, without any loss of catalyst activity, a
residence time of about 30 minutes should be sdaar¢he continuous runs under the same operating
conditions. It can be concluded that the resullimgetic data provides the foundation of experimént
design for the continuous set-up and fundamental fte reactor modeling. According to our numerical
study, polymer solution saturated with hydrogenobefentering the reactor helps in increasing
hydrogenation degree (Zhang et al., 2005c). ThezefdBR solution should be contacted with hydrogen

gas in the pre-heater before it is charged inta¢hetor.

6.4.2Hydrogenation Performance Investigation

Using the same batch of catalyst, hydrogenatiofiopeance of the designed setup can be examined
according to the above-described procedure. Dyrahydrogenation profile in the MAC can be achieved
by periodically monitoring hydrogenation degreesdifferent stages. A series of experiments were
conducted and the system conditions are given bieT&.3. The hydrogenation degree at the finalestag
and the gas holdup are also given in this tablee Ga&s holdup was measured by draining polymer
products after an experiment. The gas flow rate sestwice of that of liquid flow rate at operating
conditions in order to achieve a desirable gasumléd mass flow controller was installed to monitioe

gas flow rate and the setting was adjusted accoptdinlifferent operating conditions.

In the current experiments, polymer samples wetentavery 10 minutes from each stage. Therefore,
dynamic profiles of hydrogenation performance aiotes stages could be obtained. Indicated in Figure
6.5 are the experimental results for Run #1. leigaled in this figure that hydrogenation degiresease
and approach steady state as the operation procgedsximum hydrogenation conversion of 91% is
achieved in the'®stage. It also should be noted that at the beminperiod of the hydrogenation process,
a lower hydrogenation degree in later stages coedptar the earlier stage is also observed due tntha
catalyst is initially deposited in the reactor befthe reaction starts and the catalyst conceotrati the

whole reactor is established gradually from thet fitage to the"bstage.
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Table 6. 3 Operation conditions and experimental rgults

Run | Liquid Gas flow| Os Stirring T,°C | P, psig| Maximum Gas
# flow rate, | rate, loading, | speed, hydrogenation | holdup
ml/min ml/min UM rpm degree
1 24 48 80 600 140 350 0.91 0.12
2 24 48 27 750 140 350 0.61 0.12
3 24 48 80 750 140 500 0.98 0.15
4 48 48 30 750 140 500 0.46 0.11
5 48 48 100 750 140 500 0.95 0.14
6* 24 48 140 750 140 500 0.99 0.086
* 24 48 95 750 140 500 0.85 0.088
8* 48 48 127 750 140 500 0.98 0.085

5% NBR solution is used for those runs.
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Figure 6. 5 Hydrogenation degree profile in a MAQRun #1: N=10 rps, T=140 °C, [Os]=80 uM and
[C=C]=275 mM, P=350 psigr=40 minutes)
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From hydrogenation of NBR in a batch reactor asvshim Figure 6.3, the hydrogenation degree could
reach 99% after 30 minutes under the same operatinditions. However, the hydrogenation degree at
the 6" stage which has a residence time of 40 minutabasit 91%. The lower hydrogenation conversion
could be explained that hydrogenation performanciaé continuous process is not solely dependent on
intrinsic kinetics. Flow behavior of the reactorutsh also play an important role on the hydrogematio
performance of the designed process. For instaheevariation of hydrogen concentrations in différe
stages which doesn’t appear in a batch system clmald to different hydrogenation rates in the
continuous process. The temperature gradient thrthug whole reactor column also could occur because
different amounts of heat could be released irethffit stages. Another possible factor causingase of
the catalyst activity could be impurity within pater bulk. The deactivation of the catalyst will be

discussed in later section.
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Figure 6. 6 Dynamic hydrogenation degree profilenia MAC (Run#3: N=12.5 rps, T=140 °C,
[0s]=80 uM and [C=C]=275 mM, P=500 psig;x=40 minutes)
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As the targeted hydrogenation conversion is 95% ofperation parameters can be adjusted to increase
hydrogenation conversion. For example, when thespre is increased from 350 psig to 500 psig aad th
stirring speed is increased from 10 rps to 12.5 wpih other operating parameters being the samia as
the previous run, the hydrogenation degree inceets89% at the'8stage as shown in Figure 6.6. It can
be seen in this figure that the maximum hydrogenatiegree at thé"Gtage is about 99% at steady state.
From this run, the hydrogenation degree reaches @& at the % stage. Under this circumstance, it is
apparent that the last two stages, stage 5 ané $agre not necessarily required if a hydrogenatio
conversion of 95% is only desired. However, undévveer catalyst loading level, a MAC of six stages
may not suffice to achieve a high hydrogenationveosion. For instance, in Run #2, when the catalyst
loading level decreases to 27 pM with other opegationditions the same as in the previous run, the
hydrogenation degree at thB §tage is only about 60 % as shown in Figure @n7addition, it is found
that the gas holdup in Run #2 is 12% while a gdgumof 15% was obtained in Run# 3. A slight
decrease in gas holdup is believed to be causeddegrease in the system pressure from 500 p&§tto

psig. A higher pressure results in a higher gasitierwhich favors an increase in gas holdup.
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Figure 6. 7 Hydrogenation degree profile in a MAQRun #2: F=24 ml/min, N=12.5 rps, T=140 °C,
[Os]=27 pM and [C=C]=275 mM, P=350 psigr=40 minutes )
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From both Figure 6.6 and Figure 6.7, some fluctunis observed due to that the pressure in thermsyst
fluctuates during sampling polymer solutions andimng polymer products from the gas liquid
separators. However, the phenomena are not obserlagr stages and a stable hydrogenation trithd s

can be obtained.

Another important factor considered here is theiticflow rate which determines the productivity of
the designed process. A higher liquid flow ratealsvays desirable if the targeted hydrogenation
conversion (95%) can be met. In Run #5 as showfigare 6.8, a liquid flow rate of 48 ml/min was
employed while the gas flow rate still remained teme since the gas holdup is predominately
determined by the stirring speed in stirred vessélerefore, a residence time of 20.3 minuteslteduln

order to achieve the desired conversion, a hightdyst loading (100 uM) was also used.
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Figure 6. 8 Hydrogenation degree profile in a MAQRun #5: F=48 ml/min, N=12.5 rps, T=140 °C,
[Os]=100 pM and [C=C]=275 mM, P=500 psigr=20.3 minutes)
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For this experimental run, the maximum conversibtha &' stage is 95% as demonstrated in Figure
6.8. The steady state is approached at aroundiftitten which is above twice of the residence time a
similarly it takes 100 minutes to achieve steadyesat a lower liquid flow rate (24 ml/min) indiedtin

the previous figures.

The capability of handling a polymer solution wéhigher concentration in the designed process was
also investigated since the productivity of thetoarous process not only depends on the liquid flate
but also the polymer concentration. It has beemdothat the hydrogenation activity of the osmium
catalyst is inversely influenced by the polymer @amiration because that the nitrile group remaining
within the polymer is reversibly coordinating toettosmium catalyst to form a catalytically inactive
complex (Parent et al., 1998). Therefore, whengusirhigher polymer concentration in a continuous
process, a higher catalyst load is required toesehihe desired hydrogenation saturation. In Rayrb%
NBR in MCB solution and a catalyst concentratiort40 pM was used in order to investigate the reacto
performance under higher polymer concentrationghis case, nitrile concentration increases frorg 17

mM to 344 mM. The results are shown in Figure 6.9.

The hydrogenation conversion achieved in the ssttge at steady state is 99% and a conversion
degree of 98% is achieved in the fifth stages.h&tdurrent operating conditions, a MAC with fivages
can realize the desired conversion. Similar to ijpres/runs, it takes 100 minutes (more than two siofea
residence time) to reach steady state. A gas habdup6% is obtained since 5% NBR has a higher
viscosity which usually shows a negative effectgas holdup as discussed in Chapter 4. Anotherrfacto
attributing to the decrease in gas holdup is thiaigher polymer solution consumes more hydrogen gas
leading to less hydrogen accumulated in gas phaderuhe same gas flow rate. When the catalyst
loading decreases from 140 pM to 95 pM with theepttonditions being the same to Run# 6, the
hydrogenation degree in thé stage drops to 85% as indicated in Table 6.3.18iro 2.5% NBR system,
when a higher flow rate (48 ml/min) is used, a bigbatalyst loading is required as indicated in#8um

order to achieve the desired conversion.
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Figure 6. 9 Hydrogenation degree profile in a MAQRun #6: F=24 ml/min, N=12.5 rps, T=140 °C,
[0s]=140 uM and [C=C]=550 mM, P=500 psigr=40 minutes)

The primary hydrogenation results have demonstihtgithe desired hydrogenation conversion of over
95% can be successfully achieved in the currentgeind operation flexibility also has been exleithiby
varying operating parameters. It is apparent thatder to efficiently utilize a MAC to hydrogenatlBR
rubber, further work on optimization of operatingriables is still required. As demonstrated in
experimental results, those influential parameterse considered include liquid flow rate, gas flate,
stirring speed, temperature, system pressure dsagvdie number of stages. The optimization workao
wholly reply on an experimental approach. Howewaiensive experimental loads are sometimes time-
consuming and very costly. Therefore, process nioglednd numerical simulation will be a cheaper
alternative. For this purpose, a comprehensive isdeought to describe the hydrogenation behavior.

The development of a reactor model as well as nigalestudies will be detailed in the following siect
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6.4.3Reactor Modeling and Numerical Study

In this section, an attempt is made to establisbomprehensive model to predict hydrogenation
performance in the designed reactor. In previowptrs, it is evidently shown that the CTB model is
more suitable than the AD model to describe thevfleehavior in MACs. Thus, the CTB model is
employed to characterize the flow behavior in thiespnce of hydrogenation. Before developing a
comprehensive reactor model, the mathematical flation is based on some assumptions and prior
knowledge of intrinsic kinetics. In the liquid pleaghree components are considered, NBR polymer,
simply represented by [C=C] for carbon carbon dedwdmnds in the liquid phase, mM,JHor hydrogen
molecules dissolved in MCB, mM, and osmium catatystcentration, [Os], UM. In the gas phase, only
hydrogen gas is involved. The small amount of MCipaur in the gas phase is assumed to show a

negligible effect on the hydrogenation only takpigce in the liquid phase.

When OsHCI(CO)(@(PCy). is used to hydrogenate NBR, a second order respufrignetic constant,
k, to hydrogen concentration and a first order refeship between k' and catalyst loading have been
demonstrated by Parent et al. (1998) with thespmesof the system being below 41 bar. Thereftiegn
be concluded that the relation ofok [Os][H,]? holds at mild operating conditions. The rate @fuetion
of double bond concentration is proportional to dncentration when the hydrogen pressure is not
exceeding 51 bar. In general, at the mild operationditions, the intrinsic hydrogenation behaviér o

NBR in the osmium catalyst system can be exprelsgéide following equation:

_d[C=C]
T dt

-r =k, [Os][H,]?*[C =C] Equation 6. 2

where k is the rate constant, (Mgs”
Further assumptions have been made in order toidegas flow behavior.
1. The gas phase is assumed to follow plug flow behavetween stages since only pure hydrogen
is involved and excess amount of hydrogen gasgpl®d during the process.
2. Pressure gradient within one stage is very smatipayed to the system pressure. Therefore, both
gas and liquid share the same pressure.

3. Ideal gas law applies at present mild operatinglitimms (T <140 °C and P< 500 psig).
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4. The interfacial mass transfer is described by -fillmh model, which could equivalently describe
mass transfer between phases compared other madels,as penetration model and surface
renewal model.

No spatial distribution of liquid concentration at®mperature occurs within one stage under
ideally mixed conditions.

Therefore, a schematic description of reactive lgasd flow in the designed MAC could be
illustrated as follows:
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Figure 6. 10 Reactor model

In the schematic description of the reactor moithel ,volumetric forward liquid flow, F, frs, and back
flow rate, f, ni/s, are assumed to be constant since the liquiditgesioes not vary with change in the

saturation degree of polymer. For tiestage, the mass conservation of [C=C] in the tiqahase can be
expressed as follows:

HEMEEN) e 4 e =cl-e=cl)+ (e =Cl, -lc=al) —rev

Equation 6. 3

and conservation of the hydrogenation concentratighe liquid phase can be expressed as:
d(e,V [H,]) _
dt
(F + f)([Hz]i—l _[Hz]i) +f ([H2]i+1 _[Hz]i) - rIEL,iV + kLaEL,iV([HZ]* _[Hz]i)
Equation 6. 4
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The mass conservation for the gas phase is:

dng; * F(Ngis —Ng,)
’ :_kLa([HZ] _[Hz]i)"' Y ’

Equation 6. 5
dt eV

where R; is the number of moles of hydrogen in the unitilivolume of the'i stage, mole/liter liquid
volume. [H]  is the equailibrium hydrogenation concentratioM).nit is assumed that the ideal gas law
can be applied to the gas phase, a mean bubbletdiam used to characterize the bubble size, lamd t
pressure change inside the bubble can be neglétedinterfacial surface area can be evaluatechéy t
following equation.
_be; _6-¢))
S de dg

Equation 6. 6

where @ is the diameter of hydrogen bubble, m. Then, tieva equation can be rewritten as follows.

d(e,,[H.]) _
dt
E+f f . 6(l—&.,)E; .
2D 0 -0+ S H - THD) -~y ks g ) - [H,])
\% Vv B
Equation 6. 7
Mass conservation of catalyst concentration iri'fretage can be given by
d(e_,[Os].
(£,,108};) _(F+T) ([Os],_, —=[Os],) +i([OS]i+1 -[Os],) Equation 6. 8
dt \% Vv
When the ideal gas law is applied, Equation 6.4bmaxpressed as
d‘gLi 6P£Li(l_£Li) * F(‘ELi—l_gLi) .
—=Kk ‘ —~(H.,] -[H,],)+——— Equation 6. 9
i e (LR LAD q

The dynamic performance of the designed reactdetsrmined by the above set of ordinary differéntia
equations (ODEs) with given initial conditions. Téstablished equations can be solved by a foudéror
Runge-Kutta method implemented in MATLAB. Befordviing these equations, the parameters involved

should be identified according to the experimergahditions. The values of those parameters are
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indicated in Table 6.4. Some unknown parameters esttmated from corresponding empirical
correlations. The bubble size was not measureldemptesent study. However, it can be predictechby t
approach described in Chapter 3 and Chapter 4. thetngarameter to be determined is liquid mass
transfer coefficient, k m/s. The following equation can be used to ptethass transfer coefficient
(Calderbank, 1958).

D
k= 042(H8yvs(ELPiyos Equation 6. 10

L H
where D is the molecular diffusivity, s and D=2x10° mf/s was a typical value for gas molecules. All
other polymer physical properties can be estimétech the correlations proposed by Pan and Rempel
(2004).

When using the established model to predict hydratien behavior in a 5% NBR solution, the rate
constant should be adjusted according to the ieveifect of nitrile group on catalytic activity. aBed on

the kinetic data presented by Parent et al. (19B8)hydrogenation rate constant is proportional to

[CN]™* Therefore, the corresponding factor is taken mteount when simulating a higher polymer

concentration.

For the numerical simulation, a MATLAB program i®pided in Appendix F. When using the original
experimental osmium loading, it is found that tHEBOmodel generally overestimates the hydrogenation

conversion as shown in Figure 6.11.
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Figure 6. 11 Prediction of the CTB model without ctalyst adjustment (solid line: model prediction;

symbol: experimental data)

In particular, it overestimates the hydrogenatiehdvior in the earlier stages, which is partly tue

lower temperature in the earlier stages, especitily first stage. In general, a temperature of 8Q

degrees lower in the first stage was observed gdutitre hydrogenation process. A representative

temperature profile is provided in Appendix G. Amer reason can be the catalyst deactivation. dn th

previous setup, it has been found that almostdfdtie osmium catalyst was sacrificed because pfex

contamination (Kehl, 1998). Therefore, in ordeirtprove prediction, the effect of temperature geatli
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on the hydrogenation rate is taken into accountaamequivalent amount of osmium catalyst is useatien
model instead of the original osmium concentratidhe equivalent amount of osmium catalyst in all

experimental runs is also given in Table 6.4.

Table 6. 4 Parameters involved in the simulations

Experimental | Experimental Og [H,], mM Back flow Mass transfer, k | Equivalent Os
Run #1 loading, pM rate, ml/min | m/s loading, pM

1 80 110 6.8 0.001 52

2 27 110 6.8 0.001 16

3 80 140 6.8 0.001 56

4 30 140 3.8 0.001 15

5 100 140 3.8 0.001 78

6 145 140 4.8 0.0008 110

7 95 140 4.8 0.0008 56

8 127 140 25 0.0008 100

After the catalyst adjustment, the prediction oflfogenation profile by the CTB model is improved as
can be seen in shown in Figure 6.12. The dynaneiodtrunder various operating conditions can be
captured by the established model with consideratiotemperature fluctuation and catalyst actilitys
due to impurity within the rubber bulk and oxygesntamination. The model prediction also shows that

the earlier stages approach steady state eardierthie later stages.

The osmium catalyst loss in a continuous fixed ad discussed by Kehl (1998). From the same
rubber concentration, the percentage of catalyattdated varies. At a higher catalyst loading lethe
effective percentage of the catalyst is higher.ifstance, in Run#1 and Run#3, the osmium condérira
is 80 uM. The percentages of catalyst loss for Ruand Run #3 are 35% and 30%, respectively. thsee
that a high pressure system protects the catadyisits. However, a further conclusion can be odhawn
from a large amount of experimental data. In expents Run #2 and Run #4, the percentages of the
catalyst loss for those runs are 40.7% and 50%.00servation is reasonable if the amount of catalys
sacrificed for impurities with a certain polymemoentration level is fixed. However, the exact antanf
catalyst loss due to impurity can not be evaludteth the current experimental data. In a 5% NBR

solution, the amount of osmium lost is higher whempared to 2.5% NBR solution. For example, in Run
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#5 and Run #7, a similar catalyst loading leveluged with different polymer concentrations. The

percentage of 22% and 41% catalyst loss is obsdéovd@un#5 and Run #7, respectively.
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Figure 6. 12 Comparison of hydrogenation degree pdicted by the CTB model with experimental

data with catalyst adjustment (solid line: model pediction; symbol: experimental data)
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More impurities are expected to exist in a solutigth a higher polymer concentration. A threshald o
the catalyst concentration has not been observétkiourrent operation. However, even at a lowlgstta
loading level (30 uM), the catalyst still showseagonable activity (hydrogenation conversion of 68%
obtained) while in the fixed bed a threshold cattlevel was as high as 30 uM (Kehl, 1998). The
improvement in the present set up can be due &dtarlbxygen-stripping technique applied. In therent
operation procedure, the polymer solution is prepan a stirred vessel under aeration of nitroges g
Less amount of oxygen remains in the polymer smiuti Therefore, efforts are still required to resluc
oxygen residues within the rubber solution to inwar@atalyst activity and the contribution of impias
to catalyst loss should be singled out by an erpamntal approach. Nevertheless, it can be recommdende
that 20% to 50% percentage more catalyst will beeddto the system in order to achieve a desired

hydrogenation level based on the deactivation arsaly

From the established model, the liquid phase holohafile could be predicted and a typical holdup

distribution in various stages at Run#1 conditisngiven in Figure 6.13.

0.88 . :

0.875¢ .

0.87

oldup

0.

v 4]
[o7]
4]

e e I I N iy e 7]

phase h
o
ne]
o

0.855

0.85 (<&

0.845
0

50 4 minute 100 150

Figure 6. 13 Liquid holdup profile predicted by the model

(Run#1: [C=C]=275 mM, [Os]=80 pM, P=350 psig and 140 °C)
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It is indicated in Figure 6.13 that at steady stheeliquid phase holdup is higher in later stades to
that more and more hydrogen gas is consumed aldathgtlve progress of the hydrogenation process. It
can be predicted that hydrogen concentration ikdmign later stages as shown in Figure 6.14 siesg |

hydrogen is consumed owing to a slower hydrogenatte.
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Figure 6. 14 Hydrogen concentration profile predited by the established model

(Run #1: [C=C]=275 mM, [Os]=80 uM, P=350 psig an@=140 °C)

Since osmium catalyst is not charged in the reabtiore the process, the dynamic catalyst
concentration can be viewed in Figure 6.15. Thwios concentrations in different stages are grdgual
built up and approach the same level since itssmed that the catalyst is neither produced noswoed

by the reaction.
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Figure 6. 15 Osmium catalyst in various stages paected by the established model

(Run #1: [C=C]=275 mM, [Os]=80 pM, P=350 psig and 140 °C)

The numerical simulations have been conducted witbonsideration of a possible enhancement effect
of hydrogenation reaction on gas liquid mass temsfJsing a thin-film theory, the hydrogenationuicbh
solely take place within the liquid bulk or liquiitim, depending on the reaction regimes the protats
in. Hatta number is usually employed to charactetize reaction regime (Danckwerts, 1970). The
expression for Hatta number varies according tdediht reaction system. When the hydrogenation
process in the present study is considered, tlatioearate possesses a second order reaction egfiect

to hydrogen concentration. Therefore, a modifiettadaumber could be used as follows:

Ha = VKIOSIH,IIC =CID,

Equation 6. 11
ki

when Hatta >3, the hydrogenation rate is termed &sst reaction with respect to mass transfer shte
hydrogen while the reaction rate is termed as @& s&action with respect to mass transfer rate when
Hatta<0.3 (Dankwerts, 1970). It also can be seew the value of Hatta number varied during the

hydrogenation process in a dynamic process. Hemeksr the operating condition (T=140 °C, P=500 jpsig
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[C=C]=275 mM, [0s]=80 uM, P=2.0x10° m’/s and k=0.001 m/s), a dynamic profile of Hatta number

could be obtained through numerical simulation. féseilts are shown in Figure 6.16.
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Figure 6. 16 Dynamic profile of Hatta number durirng the hydrogenation process in the MAC
([C=C]=275 mM, [0s]=80 uM, P=350 psig and T=140 °C)

From Figure 6.16, it can be seen that Hatta nuridetways less than 0.01 under the investigated
conditions, indicating that the process is takifage in the liquid bulk. Hatta number increasesnfizero
since no catalyst is initially charged to the sgstnd no hydrogenation occurs at t=0. The valuéatta
number gradually increases due to that both fhd [Os] increase when the hydrogenation process
proceeds as indicated in Figure 6.14 and Figurg. @the values of Hatta number at the later stages a
smaller than the earlier stages because the ambunsaturated carbon carbon double bonds avaitable
hydrogenation decreases, resulting in a slowerdggiration rate. When a limiting case is consideaed,
polymer concentration is increased three folds ahalwv pressure is used. Meanwhile, a residence tim
decreases from 40 minutes to 20 minutes. The dynmprofile for Hatta number is shown in Figure 6.17.
The values of Hatta number at various stages dtdess than 0.3, indicating that the hydrogenatio
reaction rate is slow compared to mass transferfram the gas phase to the liquid phase. There&tre

the current operating conditions, the process istriikely under slow reaction regime and the mass
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transfer rate is not enhanced by the hydrogenatatem The mass transfer component in Equation 6.4

could be used without considering enhancementteffdtydrogenation on mass transfer.
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Figure 6. 17 Dynamic profile of Hatta number durirng the hydrogenation process in the MAC
([C=C]=750 mM, [Os]=180 uM,t=20 minutes, P=350 psig and T=140 °C)

6.4.4Hydrogenation Performance Analysis

Based on the established model, the effects ofatipgrvariables on hydrogenation performance can be
appreciated based on the established model. Dioass parameters are usually informative and those
dimensionless parameters include polymer loadingl|@, back flow ratioo, mass transfer coefficierg,

and dimensionless residence tife,

B= @ Equation 6. 12
[H,]
6, =k[Os|[H,]"°7 Equation 6. 13
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— kLa
~ k[Os|[H,]'[C=C],

¢ Equation 6. 14

wherert is the residence time in the reactor, second.efileets of operating parameters on hydrogenation
behavior could be appreciated through the numesicallations from the established model as shown in
Figure 6.18.

From Figure 6.18(a), it can be seen that the hyaration conversion is considerably influenced &y th
residence time as expected. The dimensionlesseredimef,, should be about 6 when a hydrogenation
conversion of 95% is desired. According to theimsic kinetic behavior (a*lorder rate with respect to
[C=C]), it is reasonable to observe that polymeadiag level shows a marginal impact on the
hydrogenation conversion after considering the dinating effect of nitrile group to the active mleta
center as indicated in this figure. All simulatidata points appear to overlap each other everffatett
polymer loading levels in Figure 6.18 (a). The $imphenomena can be found from Figure 6.18(c) lwhic
shows effects of mass transfer at various polymadihg levels. The mass transfer favors to increase
hydrogenation conversion since a sufficient amoohthydrogen is provided, leading to a higher
hydrogenation rate. However, a further increasmass transfer doesn’t help to increase hydrogematio
saturation any more because the process is tatatlgr reaction control. The negative influenceigudit
backmixing on hydrogenation conversion is showirigure 6.18(b). A high level of liquid backmixing
tends to reduce the reactor efficiency. Theordjicthhe performance of a MAC will approach thataof
CSTR with the same reactor volume when the liguadkimixing between consecutive stages becomes
infinity. On the contrary, the hydrogenation penfiance of a MAC will be the same as that of six CSTR
in series when the liquid backmixing between stage®ro, which is expected to be the best scemdrio
usage of MACs. The effect of MACs with differentmbers of stages is show in Figure 6.18(d). It is
clearly indicated in this figure that a MAC witHaxger number of stages provided a higher hydragema
degree under the same operation conditions. Howavieirther increase in the number of stages does n
provide a further improvement in terms of hydrodgema conversion. For example, a hydrogenation
degree increases from 0.90 at a MAC of 6 stag€s9® in a MAC of 9 stages while the hydrogenation

conversion is only 0.66 in a MAC of 3 stages.
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Figure 6. 18 Effects of operation parameters on hydgenation performance ( (a): effect of residence
time; (b): effect of backmixing; (c): effect of mas transfer ;(d): effect of MACs with different stages)

From the above analysis, it can be concluded that Hydrogenation performance in a MAC is
determined by dimensionless residence time, mamssfar and backmixing whereas dimensionless
polymer loading does not play a role since the bgenation process possesses a first order witleecesp

to polymer concentration. Although a comprehensigelel has been established to predict the dynamic
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hydrogenation profile, a convenient way of predictihydrogenation performance in MACs is still
required. In view of this, an attempt is made teniify a relation between operating parameters and
hydrogenation performance at steady state. Prevstudies on liquid backmixing in Chapter 3 and
Chapter 4 show that when a back flow ratio increttse stage efficiency decreases. In other words, t
equivalent number of CSTRs decreases with an isergathe back flow ratio if n CSTRs-in-series mode
is applied. The direct link between a back flowaand stage efficiency can be determined by Eqoati
3.18. In addition, the equivalent number of CSTRs te evaluated by the following equation if a

normalized variances,’, is given.
n=——;- Equation 6. 15

where n is the equivalent number of CSTRs. Theeefiie expression of hydrogenation conversion ean b

derived according to n CSTRs-in-series model witmoass transfer limitation.

1
1-HD=——"1— Equation 6. 16

G, \n

@1+-)

n
where HD represents hydrogenation degree. The admguwation is only valid to a condition that these i
no mass transfer resistance between two phasedewsnstrated in Figure 6.18(c), mass transfer can
considerably influence the hydrogenation converditence, Equation 6.16 has to be modified befoi it
applied to situations where there is mass tramsf@stance between the gas phase and the liqussk phAa

revised equation is proposed to predict hydrogenatonversion as follows:

1 .
1-HD = 2 Equation 6. 17
A+ )%y
1+& ' n
The factor,%, is introduced to account for mass transfer efiéecian be seen that if there is no mass
+

transfer, HD will be zero and whef approaches infinity, the maximum hydrogenation evsion will

the same as indicated in Equation 6.16.
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A comparison of the prediction of the proposed nhaahel the simulation results is conducted and the
results are shown in Figure 6.19. In this figureoaparison of the model prediction with experinaént
data is also presented. A resulting small MARR bbwt 3% indicates that the prediction from the
proposed model agrees well with the results frolm domprehensive model. The comparison of
experimental data is also conducted as shown #fidnire. It can be seen that the proposed apprigach
convenient for prediction of the hydrogenation aension and equivalently accurate to the comprekiensi
model at steady state. Another advantage comparéaet comprehensive model is that the number of
stages is built in Equation 3.18. However, the dyicafeature of the designed reactor can only be

captured by the comprehensive model. The dynarfocrimation is very important for the process start u
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Figure 6. 19 Comparison of hydrogenation conversiopredicted from the proposed model

From the experimental study and the numerical sitiarls, a thorough knowledge of hydrogenation
performance of this reactor has been achieved,hvdi@ables us to design and operate such a promising
reactor with any scale totally under a high leviet@nfidence. A design of a continuous process itca

scale can be readily carried out and the morelddtaiformation will be presented in Chapter 7.

131



6.5 Concluding Remarks

In this chapter, development of a continuous precies hydrogenating nitrile butadiene rubber is
illustrated. Hydrogenation in a batch reactor destr@ated a different behavior from the previous issid
due to that a solution addition method was utilizather than charging the catalyst in solid form. A
hydrogenation degree above 95% in two differenymelr solutions, 2.5% and 5% NBR solutions, can be
successfully obtained at a suitable set of operatamditions. In a 2.5% NBR solution, a minimum86f

MM osmium loading is required in order to achievdeaired hydrogenation conversion over 95% at a
residence time of 40 minutes. On the contrary, simim of 100 uM osmium is needed for a residence
time of 20 minutes. In a 5% NBR solution, a minimafrl00 uM osmium is required for a residence time
of 40 minutes while a minimum of 120 uM is sougbt & residence time of 20 minutes at the same
pressure and temperature conditions. The desigrstens also exhibits operation flexibility when visy
operating conditions. A higher pressure systemtagider [Os] helped in increasing hydrogenation degr
as well as higher loading level of osmium cataly3tse catalyst loss in the continuous set up was
discussed based on the current experimental datardcommended that 30% to 50% more catalyst than
the designed level is required to achieve the saydeogenation efficiency. A comprehensive model is
established by coupling the reactor flow behaviat @trinsic hydrogenation reaction. The hydrogemat
conversion predicted by the established model agya#ée well with the experimental data by takingpi
account the catalyst loss due to impurities witthie rubber bulk and oxygen contamination. A revised
model of n CSTRs in series is proposed to predydrdgenation conversion at steady state. A good
agreement has been obtained when comparing thedsmtion degree predicted from the proposed

model to experimental data.
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Chapter 7 Pilot Design of a Continuous Process fédydrogenation of NBR

In Chapter 6, hydrogenation efficiency has beerstigated on the designed continuous unit. Thegwgim
hydrogenation results indicate that the designedcgss can successfully achieve the desired
hydrogenation saturation. However, in order to esagd the present process for industrial application
studies on a pilot scale are necessary. Theredopéot design of a continuous process for hydratjen

of NBR is presented in this chapter.

A pilot scale design has to meet the following liegents. The primary requirement of the pilot scal
process is similar to that in the bench scale énitydrogenation degree of 95% in the final produntst
be provided, which ensures the physical propedisired for their final applications. Secondly,ragess
with a productivity of 50 tons/year is targeted éopilot scale set up. Lastly, an optimal gas tguwactor

with superior mass transfer and heat transfer @gidstage efficiency is preferred.

Regarding a mandatory hydrogenation degree of 9% fpilot scale process, generally a residence
time of 20 to 40 minutes for liquid reactants defieg on catalyst loading level and mass transfer
capability should be maintained based on the pusvitudies on the bench scale setup. The polymer
solution concentration can vary from 2.5% to 20%eafaling on operating variables applied such as
temperature, pressure and catalyst loading levelveder, a polymer solution with a low polymer
concentration is preferred due to the significamiver input for high viscosity solutions during néé

transportation and mechanical agitation insidestireed vessel.

7.1 Reactor Design for a Pilot Scale Set-up

A polymer solution flow rate can be estimated fritv@ productivity required. Assuming that the desn
process is operating 2/3 (usually 300-330 days) whole year period, the daily productivity is ab©80

kg HNBR/ day. It has been demonstrated that a eeskil time of 40 minutes for liquid reactants is
required to provide a hydrogenation degree over @b%hapter 6. When a polymer solution of 5% is
considered, a gas liquid reactor with a minimalunae of 120 liters is sought to accomplish the tmde
productivity. Such a reactor could have various bera of stages based on the diameter of the reactor
According to the previous simulation, a MAC with large number of stages presents a higher
hydrogenation degree. However, when the numbetagfes is exceeding 9, no further benefit has been
observed in terms of hydrogenation performance righet al., 2005c). Therefore, a MAC of 9 stages

would suffice to provide such a production capaditpa MAC of 9 stages is applied, a diameter @50.
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m is required to present a reactor volume of 120hken the height of each stage is equal to its diaime
Similarly, a diameter of an impeller is equal tdftad the diameter of the reactor. The impeller|vaié
located at center of each stage. The horizontdlelsaére still required to mitigate backmixing betem
stages in order to obtain high reactor stage efiy. The central access between consecutivesstage

remains 5% of the cross sectional area to maittairback flow rate and high stage efficiency.

7.2 Process Conditions at a Pilot Scale

Based on the designed reactor, a 5% polymer saoldibav rate will be 3L/minute in order to attain a
residence time of 40 minutes in the designed reatta temperature of 140 and a pressure of 500 psig.
The gas flow rate/polymer solution flow rate rddausually maintained at 1 to 5 according to thevjmus
studies. Therefore, hydrogen gas flow rate can framy 3L/minute to 15L/minute, depending on other
operating parameters such as temperature, pressdrstirring speed. A suitable stirring speed ghdel
applied to provide superior mass transfer and traasfer. When carrying out scale-up process, many
approaches have been applied such as geometramiynithe same Reynolds number and the same unit
power input, etc. Amongst those approaches, the sarit power input has been mostly employed since
the power input usually determines mass transfeat transfer and mixing characteristics in stirring
vessels. Therefore, the operating conditions akoa gcale could be determined from the resultsnftbe
bench scale set-up. As illustrated in chapter 3 @rapter 4, the power input under aeration conitio
could be evaluated from the empirical correlatiafibough a direct measurement of power input is not
available in this work. The power input per unitwoe in the bench scale is ranging from 404200
W/m? under the investigated conditions. Therefore désired stirring speed at a pilot scale will befrd

to 10 rps.

7.3 Hydrogenation Estimation at a Pilot Scale

The hydrogenation behavior of the designed pilatesset-up could be previewed based on the edtadlis
CTB model. According to the above proposed opegatonditions, the hydrogenation dynamics
performance at the designed pilot scale is showfigare 7.1. The estimated maximum hydrogenation

degree at the"dstage is 95.5%, which is a desired conversiothierfinal products.
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Table 7. 1 Operation conditions for a pilot scal@rocess

Liquid flow rate, L/min 3
Gas flow rate, L/min 6
Stirring speed, rps 8
Catalyst loading *, pM 104
Polymer solution, mM 550
Temperature’C 140
Pressure, psig 500

* Desired active catalyst loading level is 80 puM%3more added to account for deactivation.
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Figure 7. 1 Hydrogenation profile in a MAC of ninestages at a pilot scale

(T=140 °C, [C=C]=550 mM, P=500 psig, [[=140 mM, [Os] =104 uM )

For the comparison purposes, hydrogenation perfoce@n a MAC of six stages with the same reactor

volume is also given in Figure 7.2. The operationditions in this reactor are identical to thosedum
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Table 7.1. The maximum hydrogenation conversiothaté" stage is only 87.7%. It is clear shown that
hydrogenation degree at a MAC of a larger numbestages is higher due to that a MAC with more stage
approaches a PFR which benefits in increasing lyehation degree. However, as discussed in design
considerations, a MAC with a very large number t@iges is not always desirable when considering

reactor fabrication and operation costs.
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Figure 7. 2 Hydrogenation profile in a MAC of six sages at a pilot scale

(T=140 °C , [C=C]=550 mM, P=500 psig, [[}=140 mM, [Os] =104 uM )

It can be seen from the results predicted from tihatdesigned pilot scale can satisfactorily mbet t

hydrogenation degree required for the final proslattindustrial operation conditions.

7.4 Heat Transfer Consideration at a Pilot Scale

It is well known that hydrogenation reaction is albyiexothermic. A considerable amount of heat Wl
released during the hydrogenation process. To pitgmgimove the heat generated, sufficient heasfean
capability is required. In a bench scale setupt kransfer area is relatively large compared teaztor

with a large scale. Therefore, it is crucial tareate the heat transfer capability during the scgle The
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reaction heat is evaluated by the difference ohapy between reactants and products. The heat of
formation for hydrogen is available from literatusghereas the enthalpy of nitrile rubber and
hydrogenation nitrile rubber can be determined fmypg contribution (Hougen et al., 1960). The foliogy

equation can be used to calculate the enthalpygehanthe reaction heat at a given reaction tenyera

AH =AH, +AWT + 1/2)Aw,T2 + (1/3)Aw,T? Equation 7. 1
0 1 2 3

The coefficients, w w, and w are coefficients for hydrogen, nitrile and hydrogted nitrile presented

by Bhattacharjee et al. (1991). Table 7.2 sumrearil parameters for estimation of the reactiaat.he

Table 7. 2 Parameters for heat release estimation

AHo Wi, 10w, 10°ws,

(298K)(kJ mot!) kJ mol* K* kJ mol* K2 kJ mol* K3
NBR(38.5 %ACN) -36657.07 578.90 13593.02 -818.03
H, 8.46 6.42 0.10 -781x10
HNBR(38.5 %ACN) | -96993.84 2055.53 14653.92 -858.16

At T=413 K, the heat released based on the polyoacentration is 59,800 kJ/mol while it is 76.8

kJ/mol according to a [C=C] base.

It can be seen that a significant amount of helgased in the earlier several stages due to the hig
hydrogenation rates occurring in those stages.létively low level of heat is released from theefat
stages. In the first stage, about 680 W is genegratéle only 40 W is observed in th€ Stage due to their
significant difference in [C=C] available for hydpenation. Therefore, the ability of heat removal is

examined in the first stage.
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Figure 7. 3 Heat released at various stages in aAL of 9 stages (T=140 °C, [C=C]=550 mM, P=500
psig, [H]=140 mM, [Os] =104 pM )

An empirical correlation is used to calculate tlathtransfer coefficient, which is suitable for 4R€
<30,000 (Perry, 1997).

Nu = 0.6R§/3Pros3(ﬂ) 014 Equation 7. 2
where,
Nu = h—D Equation 7. 3
K
P = HCo Equation 7. 4
K
2
Re= M Equation 7. 5
Hy
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where Nu is the Nusselt number and Pr is the Prandtber. h is the heat transfer coefficient, \W/Kn
andK is the thermal conductivity, WK™, When a 5% NBR solution is considered, it hassaosity of
0.02 Pa.s and a density of 967.9 ki/fherefore, the Reynolds number is 6343 and thad® number is
537. As a consequence, the resulting heat tranetdficient, h, is 484 W/AK. In order to remove the
heat generated in the first stage, a temperattierehce between jacket and the tank bulk of 7 eleds

required. It can be seen that the heat removaitis. concern in the current design.

7.5 Concluding Remarks
A MAC of 9 stages with a total volume of 120 L wassigned to achieve a HNBR productivity of 50

tons/year based on the success from the benchsstale. A preview of hydrogenation performance was
conducted through numerical simulation and a déshgdrogenation degree of over 95% could be
obtained. Heat transfer estimation shows thatr¢lagtion heat generated can be immediately removed

and no additional heat transfer area is requiredeatiesigned operating conditions.
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Chapter 8 Conclusions and Recommendations for Futa Research

In this project, development of a novel continuposcess for hydrogenation of nitrile butadiene rrbb
has been accomplished. Hydrodynamic study has teeied out with air-water and air-viscous systems
in two multistage agitated contactors (MAC) of diint scales. A bench-scale prototype was establish
and hydrogenation performance of the designed psobas been explored. A pilot scale unit was also

designed based on the results from the bench sealp.

8.1 Conclusions

8.1.1Hydrodynamic in Air-water System

The liquid phase backmixing characteristics of M&C were studied through RTD at a long residence
time. The superficial liquid velocity under invegition was from 0.005 m/s to 0.05 m/s, resultin@gin
residence time from 10 minutes to 50 minutes wttike superficial gas velocity was ranging from 0 to
0.088 m/s. The stirring speed employed is from § 1 25 rps. The experimental RTD data are
satisfactorily fitted by the CTB model where a b#lckv ratio is used to characterize back mixinghivit
the reactor. The effects of operating variablediquid backmixing are also investigated. It is fauthat
with an increase in stirring speed, the back flatiorincreases while increasing liquid flow ratemases
the back flow ratio due to the suppression efféttudk liquid flow. The presence of gas phase redute
liquid backmixing between stages due to its twonmgfifects: strengthening effect on liquid flow and

entrainment effect in a co-current operation fashio

For the purpose of interpreting backflow ratio im ar-water system, gas hold-up is also investijate
The gas hold-up achieved in this work is compar&bl&erature data. In addition, it is found thlaé gas
holdup data from single stage agitated contactars loe applied to MACs with a certain level of

confidence.

The back flow ratios obtained in the present stady relatively low and present a design of a MAC
with high stage efficiency. Using the present dataprrelation is proposed to predict back floviosabf

the continuous phase in a MAC from the power immint of view.

140



Volumetric mass transfer coefficients have beenistithrough a steady state approach. The values

obtained in MACs are comparable to the data regonti¢he SACs under the similar operating condgion

8.1.2Hydrodynamics in Air-viscous Systems

Liguid bakmixing in viscous media is not well unsterod in the literature, especially in a two-phiise
system. Therefore, before using the proposed redatperform the continuous process, hydrodynamic
behavior in the designed reactor is carried owjuld backmixing and gas hold-up have been studied i
viscous liquids with a viscosity of up to 0.02 P&sgar solutions with up to 60% (w/w) are emplogsd

simulating liquids.

The model discrimination between the CTB model #rel AD model shows that the former is still

more suitable to describe the flow behavior ink&C with viscous liquids.

The back flow ratio for the first time is reportit a two phase flow system in viscous media. Ftioen
experimental study, it is found that the viscosiglps in reducing liquid backmixing due to the itsg
lower level of turbulence. The presence of thegase also reduces liquid backmixing by a straighte

effect and entrainment effect.

The gas hold-up obtained in viscous media is coaiparto previously reported literature data. A
similar correlation is proposed to predict backMlmatio by taking into account the influence of tes

phase and the resulting bubble size in viscous anedi

8.1.3RTD Prediction by Computational Fluid Dynamics

The CFD technique is employed to predict RTD cuimddACs of two, four and six stages with different
liquids. A suitable strategy has been developeds® CFD to predict liquid RTD in the reactors of
interest. In order to account for the turbulencenthating in a stirred vessel, a standare kodel and

RNG k< model are used.

The CFD modeling work is implemented in a commérCieD package CFX5.7.1. The resulting RTD

curves have been compared with experimental datngal using a conductivity meter. The observed
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power number from the simulation show good agreémath the literature value. The observed mean
residence time and normalized variance are in soresbly good agreement with the experimental data.
The concentration profile obtained from simulatigmevides a line of evidence that the CTB model is
more suitable to describe the flow behavior in MAGHE few stages. However, lower values of backflo
ratio (up to 25% compared to experimental data)dipted from CFD simulations are observed
presumably due to the inherent deficiency of desmyiturbulence of two models employed in the pnese
study. Therefore, the improvement is expected bggumore advanced turbulence models which can

accurately take into account the damping effedisfosity on turbulence.

Nevertheless, the mixing behavior of MACs can bdeustood by CFD prediction and the confidence

of using CFD to facilitate the reactor design hesrbestablished.

8.1.4 Hydrogenation Performance of the Continuous Proces

A bench-scale prototype involving a gas liquid MAC6 stages (with a reactor volume of around X)lite
has been designed and established. The hydrogenba&bavior of the designed reactor has been

investigated by using OsHCI(CO)Y){PCy). as a selective catalyst.

The primary hydrogenation data acquired from th&igteed continuous unit have shown the feasibility
of the MAC approach. The demands for a high comeeraver 95% for hydrogenated NBR can be met by
the co-current, upflow MAC approach in two differgrolymer solutions, 2.5% NBR and 5% NBR. In a
2.5% NBR solution, a minimum of 80 uM osmium loagdiis required in order to achieve a desired
hydrogenation conversion over 95% at a residemee ¢if 40 minutes. On the contrary, a minimum of 100
KM osmium is needed for a residence time of 20 temun a 5% NBR solution, a minimum of 100 uM
osmium loading level is required for a residencd®iminutes while a minimum of 125 uM is sought for
a residence time of 20 minutes at the same preasgréeemperature conditions. Hence, in order toeaeh
a desired hydrogenation degree of over 95%, edhewmbination of a high liquid flow rate with a hig

catalyst loading level or a low liquid flow ratenche adopted.

An attempt has been made to establish a matheratimdel by integrating kinetic data with flow

behavior. The CTB model is used to characterizev fiehavior and intrinsic kinetics is adopted from
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batch experimental studies. The numerical simutatias been conducted and the hydrogenation degree
can be predicted by the model by taking into actaincatalyst loss and temperature gradient. The
apparent catalyst loss suggests that 30% moreyshts required in order to achieve the desired
conversion for an empirical design based on theeatirexperimental data. A revised nCSTRs in series

model is proposed to predict hydrogenation degrsteady state.

A continuous process involving a MAC of 9 stagetkwa reactor volume of 120 liters) at a pilot scale
was designed and the numerical simulation indicttes the pilot scale unit could provide a desired

hydrogenation degree over 95% for 5% NBR solut®mwall as a production capacity of 50 tons/year.

8.2 Future Work

8.2.1ldentification of Catalyst Loss in the Continuous Pocess

It has been found that a considerable amount ddlysitis deactivated in the continuous process.
Approximately 30% to 50% of the catalyst added ysteam has no activity. It is believed that the
impurities within the rubber material and oxygemagning in the solution contribute to the catalyst
deactivation. The portion of the contribution ofotactors is required to single out in order to enor

efficiently utilize the catalyst and provide fundamtal data for a large scale production.

8.2.2Hydrogenation Investigation in Other Efficient Catalysts

One effective catalyst, OsHCI(CO}Y)TPCy), , was primarily used to hydrogenate NBR in thesprg
work. It remains to characterize other selectivialgat systems such as rhodium and ruthenium casaly

which have also been demonstrated with high sekettydrogenation efficiency in batch systems.

8.2.3Bubble Size Investigation and Hydrodynamic Study uder Pressure Conditions

Bubble size is also an important critical paramétedescribe interfacial area, which in turn detiess
mass transfer capability. Therefore, knowledge whbldbe size and its distribution within the agitated

vessel is required.

Hydrodynamics of a MAC under pressure conditionsasstudied. The effects of stirring speed, liquid
velocity and gas velocity on gas hold-up and ligeagtkmixing may deviate from the knowledge obtained
at ambient conditions. It is demonstrated thatghd pressure helps to increase gas hold-up.
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Measurement of gas hold-up and liquid backmixing &snction of stirring speed, liquid velocity agds

velocity under various pressures should be caoigd

8.2.4Computational Fluid Dynamics for a Reactive Two-phae Flow

The liquid residence time distribution is predicteg CFD simulations. The comparison of simulation
prediction to experimental data shows the promisasing this technigque to assist reactor design and
process optimization. Inherent deficiency of staddas model may lead to the small deviation of model
prediction and experimental measurement. Altereatturbulence models will be sought for an

improvement of CFD simulation of a single phasdepswith different liquids.

The confidence of using CFD to predict a two-phthee based on our experience in a single phase
flow is also established. Therefore, further eBaate to be made on simulation of a reactive gpsdi
flow in the reactor. The well known phenomena oblide size distribution may occur in the designed
reactor, leading to a deviation of mass transfedistion from the empirical correlations developed
SACs or MACs. In view of this, a population balarempuation may be applied to account for the bubble
size distribution within the reactor. Different nadsl of bubble coalescence and bubble breakage may b

compared to explain experimental work in practice.
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Notations

D.:
E(t):

E©):

interfacial surface area,m’;
cross area of the column?m
content of acrylnitrile in the rubber, w/w%;
axial dispersion model;
absorption height of characteristic peaknx'c
central opening area,’m
B= N_dl (M) 03.

u ~ HDA
backmixing equation;
oxygen concentration in th8 stage, kg/r)
tracer concentration, kg?m
cascade of non-ideal stirred tanks with biéak;
continuously stirred tank reactor;
cascade of stirred tanks with back flow;
tracer concentration at an instant, kﬁ/m
specific heat capacity, kJ/kg.K;
constant of the k-model;
carbon carbon double bond concentration, mM;

bubble size, m;

vertical baffles, m;

diameter of the impeller, m;

diameter of the vessel, m;

axial dispersion coefficient, 7s;

molecular diffusivity, fys;
residence time distribution, 1/s;

normalized residence time distribution;

back flow rate, riis;
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fentr.

fme.

fPrE.

FI:

Fr:

G, G

Ha:
HD:
HNBR:

k.a:
ki

back flow rate due to entrainment/s)

back flow rate due to mechanical agitatioﬁ/,sr,n

back flow rate predicted, #s;
liquid flow rate, nys;

Flow number,

2

Froude number :
g

gravitational constant, Mis

defined in Equation 3.10 and 3.11;

heat transfer coefficient, WHHK;
height of each stage, m;

Hatta number;

hydrogenation degree;

hydrogenated nitrile butadiene rubber;
impeller location, m;

liquid Level after aeration, m;

liquid Level before aeration, m;

reaction heat released, kJ/mol;

reaction heat released at 298 K, kJ/mol;
hydrogen concentration, mM;

hydrogen concentration at equilibrium, mM;
inner-outer approach;

turbulent kinetic energy, J/kg;

reaction kinetic constant, mfs™:

mass transfer coefficient, m/s;
volumetric mass transfer coefficient, 1/s;
rate constant, mMpuM’'s™;

length of the reactor, m;
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m: reactor order with respect to hydrogenation eatration;
my,m,: as defined in Equation 3.13 and 3.14;

M: sum of body forces, N;

MAC: multistage agitated contactor;

MFR: multiple frames of reference;

n: the number of CSTRs;
Nei:  number of moles of hydrogen gas per unit liquwtlwmne, mol/L liquid volume;
N: stirring speed, rps;

NBR: nitrile butadiene rubber;

No: critical stirring speed, rps;

Ne: the number of stages in a MAC;

Ng: the number of datum points;

N;: the number of impellers at each stage;
Np: power number of the impeller;

hD
Nu: the Nusselt number—;
K

[Os]: osmium catalyst concentration, pM;
P1, P2, Ps: coefficients in Equation 3.19 and 3.24;

P4, Ps, Ps: coefficients in Equation 4.4;

p’ modified pressure, Pa;

system pressure, Pa;

Po: power input in unaerated system, W,

Ps: power consumption in aerated system, W;
I£LCP

Pr: Prandtl number, c :

q: intra-stage back flow rate 3te;

Qs.  gas flow rate, ris;

r: hydrogenation rate, mM/s;
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Re:

Re:

Re:

RTD:

SM:

Ug:

U -

U:
V:

2

N
Reynolds number with respect to an impel@,&;
My

Nd 2
Reynolds number based on impellé%;

M

u D
Reynolds number based on the liquid flego&;;

H.

residence time distribution;

sliding mesh approach;

time, s;

average residence time, s;

temperature, K;

superficial gas velocity, m/s;
superficial liquid velocity, m/s;

mean velocity vector, m/s;

volume of each stage,®m

Wi, Wo,Wz: coefficients in Equation 7.1;

Greek Symbols

a.

agL:

back flow ratio, f/F;

back flow ratio in a gas liquid system;

[C=C], .

polymer loading level; -
H,]

exponent with respect to viscosity;

Dirac function;

correction factor for agitators;
eddy energy dissipation in standard turbulencdehd/kg;

gas holdup;
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€L liquid holdup;

0.: dimensionless residence timeg[Os][H 2]*2 T;
K thermal conductivity, W.mK™:;

A as defined in Equation 3.12;

T8 viscosity, Pa.s;

Mefr: effective viscosity, Pa.s;

My viscosity of water, Pa.s;
ML liquid viscosity, Pa.s;
He: turbulent viscosity, Pa.s;
: . k a
& dimensionless mass transfer

k[Os][H,]'[C=C],
O, . air density, kg/rh

po.: liquid density, kg/ry

pe.  density of gas, kg/in

o: surface tension, N/m;

Gt turbulent Schmidt number;
T liquid residence time, s;
O: tracer concentration, kgfm

Douer  tracer concentration at the outlet, k@/m
X modified back flow ratio;

Y torque, N.m;

Subscripts

0: at the inlet;
B: bubble;

G: gas;
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GL:  gas-liquid;

L: liquid,;

i ith stage;
wW: water;
Superscripts

Cal: calculation;

Entr:  entrainment;
Exp:  experimental

Ma:  mechanical agitation;
Pre: prediction;
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Appendix A Schematic Reactor Configuration
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Courtesy of Parr
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Appendix B Components of the Continuous Set-up

X

Component Supplier Specifications
A. 10 L carboy VWR Polyethylene
B. High pressure metering pumg MiltonRoy Model RTIZA1ISEM2NN
C. Mass flow controller Brooks Model # 5850 150@prax
D. Preheater Parr Model #
2000 ml capacity, 1500 psig ma
E. Relief valve Swagelok R3A-C 1500 psig max
F. 1L catalyst bomb Swagelok 304L-HDF4-1000CC
G. Metering pump MiltonRoy RT11-15A1SEM2NN
H. Three way valve Swagelok SS-42GXS4
I. Multistage agitated contactor Custom Six sta@@50 ml capacity,
1500 psig max
J. Heat Exchanger Custom /
K. Gas liquid separator Penberthy Model # IRM8
L. Collection container VWR Polyethylene
M. Check valve Swagelok Model # SS-4C-TR-1
1psig
N. Bourdon gauge Weksler 0-3000 psig range
O. back pressure regulator Tescom Model# 26-1725-2
P. Low pressure separator Custom
Q. Gas rotameter Brooks Model#R-25-B-MM
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Appendix C Hydrodynamic Data in Air-water System

Table C-1 Effect of stirring speed on liquid back iow ratio under various gas flow rates
(D=0.15 m, H=0.15 m, and y4=0.001 m/s; 6 stages)

Superficial gas velocity, m/s Stirring speed, rgs  iquid back flow ratio
0 10 0.03
0 12 0.045
0 15 0.07
0 16 0.075
0 20 0.1
0 25 0.14
0.008 12 0.04
0.008 13 0.045
0.008 15 0.06
0.008 17 0.075
0.008 20 0.09
0.008 22 0.1
0.008 25 0.12
0.02 15 0.056
0.02 17 0.066
0.02 20 0.075
0.02 23 0.09
0.02 25 0.1
0.038 15 0.044
0.038 17 0.052
0.038 20 0.063
0.038 23 0.08
0.038 25 0.084
0.055 15 0.04
0.055 17 0.045
0.055 20 0.05
0.055 23 0.06
0.055 25 0.065
0.08 15 0.035
0.08 17 0.04
0.08 20 0.045
0.08 25 0.06
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Table C-2 Effect of liquid flow rate on liquid back flow ratio under various gas flow rates
(D=0.15 m, H=0.15 m, and N=15 rps; 6 stages)

Superficial gas velocity, Superficial liquid

m/s velocity, m/s Liquid back flow ratio

0 0.04 0.2

0 0.07 0.12

0 0.1 0.06

0 0.2 0.026

0 0.26 0.017

0 0.36 0.008
0.011 0.05 0.18
0.011 0.1 0.0707
0.011 0.14 0.045
0.011 0.18 0.0156
0.011 0.24 0.01
0.011 0.28 0.0084
0.022 0.14 0.048
0.022 0.37 0.0411
0.022 0.2 0.0482
0.022 0.1 0.0707
0.022 0.28 0.0338
0.038 0.05 0.08
0.038 0.1 0.05
0.038 0.15 0.03
0.038 0.2 0.024
0.038 0.24 0.01
0.038 0.28 0.0048
0.038 0.36 0.0024

Table C-3 Effect of liquid flow rate on liquid back flow ratio under various gas flow rates
(D=0.1 m, H=0.1 m, and N=15 rps; 6 stages)

Superficial gas velocity
m/s Liquid velocity, m/s Liquid flow ratio

0 0.05 0.6

0 0.1 0.35

0 0.15 0.15

0 0.2 0.0632

0 0.3 0.0375
0.018 0.05 0.25
0.018 0.1 0.0669
0.018 0.15 0.02
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0.018 0.2 0.008
0.018 0.3 0.005
0.027 0.05 0.12
0.027 0.1 0.04
0.027 0.15 0.008
0.027 0.2 0.004
0.027 0.3 0.0012
0.035 0.05 0.06
0.035 0.1 0.02
0.035 0.15 0.006
0.035 0.2 0.003
0.035 0.3 0.001
0.055 0.05 0.05
0.055 0.1 0.02
0.055 0.15 0.005
0.055 0.2 0.002
0.055 0.3 0.0015

Table C-4 Effect of impeller position on back flowratio (D=0.15 m, H=0.15 m, y=0.001 m/s; 6

stages)
Stirring speed, rps H=0.5H H=0.333 H H=0.25H
15 0.05 0.056 0.065
17 0.058 0.0663 0.075
20 0.063 0.075 0.085
22 0.074 0.08 0.1
25 0.085 0.1 0.11

Table C-5 Effect of stage humber on back flow ratigD=0.15 m, H=0.15 m, dD=1/3, =0

m/s, and y=0.001 m/s)

The number of N= 15 rps N= 20 rps N=25 rps
>tage
2 0.070 0.11 0.14
3 0.069 0.11 0.15
4 0.067 0.12 0.13
5 0.065 0.10 0.15
6 0.070 0.12 0.14
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Table C-6 Effect of stirring speed on gas hold-ug}o

(D=0.15m, H=0.15 m, dD=1/3 and y =0.001 m/s; 6 stages)

Stirring Us=0.055| uz=0.038 us=0.025

speed, rps | 4r0.08 m/s m/s | m/s m/s =0.01 m/s
13 24 19 - - 7
15 26 21 17 14 8.5
17 28 24 19 15 9.5
20 32 26 21 17.5 10.5
23 35 29 24 19 11.7
25 37 31 25 21 12.5
30 - - 29 23 14

Table C-7 Effect of gas velocity on gas hold-up, %©=0.15m, H=0.15 m, dD=0.5 and y=0.001

m/s; 6 stages)

Superficial gas
velocity, m/s N=12.5 rps N=10 rps N=7.5 rps
0.01 16 14 10
0.022 23 18 14
0.03 27 21 17
0.038 33 25.5 20
0.055 39 32 25
0.08 43 36 32

Table C-8 Effect of stirring speed on volumetric mas transfer coefficient, & (D=0.1m, H=0.1 m
and d/D=0.5, y =0.001 m/s; 6 stages)

Stirring

speed,
rps Us=0.008 m/s 5=0.018 m/s 5=0.025 m/s y=0.038 m/s
6 0.020 0.028 0.035 0.040
8 0.025 0.032 0.040 0.046
10 0.030 0.039 0.045 0.058
12 0.040 0.045 0.052 0.065
14 0.050 0.052 0.060 0.072
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Appendix D Hydrodynamic Data in Air/viscous System

Table D-1 Effect of stirring speed on gas hold-umivarious liquids (D=0.1 m, H=0.1 m,

d,/D=0.5 and y=0.001 m/s; 6 stages)

25% sugar solution

Stirring speed, rps &¥0.018 m/s Us=0.027 m/s uz=0.038 m/s
8 12.5 16 19
10 16 18 22
12 17 21 25
14 20 24 29
16 21 26 32
18 24 28 34
20 25 30 36
22 27 33 39
50% sugar solution
Stirring speed, rps &0.018 m/s g=0.027 m/s g=0.038 m/s
10 13 16 19
12 15 18 22
14 16 20 24
16 18 21 27
18 20 23 29
20 22 26 31
22 23 29 33
60% sugar solution
Stirring speed, rps &0.018 m/s g=0.027 m/s g=0.038 m/s
8 8.3 11.3 19
10 10.3 13.3 21
12 12.5 15.3 22
14 14.7 17.3 235
16 16.7 19.3 245
18 18.7 22.2 26
20 20 23 27
22 22 24 28
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Table D-2 Liquid back mixing data in air/viscous systems (D=Am, H=0.1 m and ¢/D=0.5; 6

stages)
25% sugar system
Stirring
speed, rps Liquid velocity, m/s Gas velocity , m/s Back flow ratio
8 0.001 0.018 0.03
10 0.001 0.018 0.06
12 0.001 0.018 0.08
14 0.001 0.018 0.11
16 0.001 0.018 0.14
18 0.001 0.018 0.16
20 0.001 0.018 0.2
22 0.001 0.018 0.24
8 0.001 0.027 0.025
10 0.001 0.027 0.05
12 0.001 0.027 0.07
14 0.001 0.027 0.1
16 0.001 0.027 0.12
18 0.001 0.027 0.13
20 0.001 0.027 0.16
22 0.001 0.027 0.2
8 0.001 0.038 0.025
10 0.001 0.038 0.045
12 0.001 0.038 0.06
14 0.001 0.038 0.1
16 0.001 0.038 0.1
18 0.001 0.038 0.11
20 0.001 0.038 0.13
22 0.001 0.038 0.15
20 0.001 0 0.5
5 0.001 0 0.02
8 0.001 0 0.08
10 0.001 0 0.12
12 0.001 0 0.18
14 0.001 0 0.23
16 0.001 0 0.3
50% sugar solution

5 0.001 0.018 0.008
10 0.001 0.018 0.05
12 0.001 0.018 0.07
14 0.001 0.018 0.08
16 0.001 0.018 0.12
18 0.001 0.018 0.15
20 0.001 0.018 0.18
22 0.001 0.018 0.2
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5 0.001 0.027 0.008
10 0.001 0.027 0.03
12 0.001 0.027 0.04
14 0.001 0.027 0.06
16 0.001 0.027 0.08
18 0.001 0.027 0.1
20 0.001 0.027 0.15
22 0.001 0.027 0.18
8 0.001 0.038 0.008
10 0.001 0.038 0.02
12 0.001 0.038 0.03
14 0.001 0.038 0.05
16 0.001 0.038 0.06
18 0.001 0.038 0.08
20 0.001 0.038 0.10
22 0.001 0.038 0.12
15 0.0015 0 0.12
15 0.002 0 0.08
15 0.0025 0 0.06
15 0.003 0 0.05
15 0.0035 0 0.03
15 0.004 0 0.02
15 0.0005 0 0.33
15 0.001 0 0.05
60% sugar solution

10 0.00027 0 0.40
9 0.0006 0 0.10
10 0.00067 0 0.12
14 0.00028 0 0.60
10 0.001 0 0.052
12 0.001 0 0.07
14 0.001 0 0.153
16 0.001 0 0.188
18 0.001 0 0.262
20 0.001 0 0.35
5 0.001 0 0.010
15 0.002 0.018 0.05
15 0.0025 0.018 0.04
15 0.003 0.018 0.028
15 0.0035 0.018 0.020
15 0.004 0.018 0.010
15 0.0005 0.018 0.20
15 0.001 0.018 0.12
15 0.002 0.027 0.050
15 0.0025 0.027 0.035
15 0.003 0.027 0.030
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15 0.0035 0.027 0.018
15 0.004 0.027 0.008
15 0.001 0.027 0.08
15 0.0005 0.027 0.15
15 0.002 0.038 0.04
15 0.0025 0.038 0.03
15 0.003 0.038 0.02
15 0.0035 0.038 0.01
15 0.004 0.038 0.008
15 0.0005 0.038 0.1

15 0.001 0.038 0.06
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Appendix E Hydrogenation Data

Table E-1 Batch reaction data ([C=C]=275 mM, [Os]=8uM, 350 psig and N=10 rps, total liquid
volume= 140 ml)

Reaction time, 130-1 130-2 Reaction time, 140-1 140-2
minute minute

0 0 0 0 0 0
5 21.46 22.17 3 36.05 -
10 43.2 46.72 5 49.03 50.61
15 62.65 58.6 7 64.7 -
20 77.3 75 10 75.8 74
25 90.1 90 15 91.7 90
30 97.3 97.8 20 96.7 97.3
40 100 100 25 100 100

Table E-2 Batch reaction data ([C=C]=275 mM and NZO rps, total liquid volume= 140 ml)

Reaction Reaction time, Reaction time,
time, minute [Os]=80 uM minute [Os]=20 uM minute [Os]=10 uM
0 0 0 0 0 0
2.5 13.77 2.5 0 10 5.74
5 28.61 5 2.7 15 7.76
10 50.21 10 10.88 20 8.67
15 80.08 20 15.59 30 15.08
20 91.99 30 27.93 40 20.5
25 97.78 40 30.09 50 25.56
30 98.78 50 34.98 60 27.77
40 99.34 60 40.59 70 32.57
50 99.63 70 42.84 80 36.24
60 99.78 80 44.58 90 38.02
100 38.77
Table E-3 Hydrogenation data from continuous set-up
F=24 ml/min; [C=C]=275 mM; 350 psig; [Os]= 80uM; N0 rps
Operation time,
minute Stage 1 Stage 2 Stage 3 Stage 4 Stage|5 Stag
0 0 0 0 0 0 0
10 3.46 2.1 0 0 0 0
20 3.98 3.86 2.28 2.15 0 0
30 8.21 13.7 11.7 7.1 5.6 3.77
40 12.07 27.36 26.64 16.7 15.89 12.5
50 15.57 30.16 39.8 42 36.7 24 .47
60 14.44 36.07 48.4 51.24 54.7 49.2
70 12.79 34.8 50.8 65.65 67.5 68.5
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80 18.47 40.94 58.7 72.4 78.2 78
90 21.13 41.74 57 73 85 86
100 20 42 57.3 74.7 85.3 88.9
110 17.85 40.22 61.3 78.84 86.9 90.9
120 20 39.08 59.1 78.25 86 89.9
130 19.5 41.02 57.2 75 85.6 90.5
140 17 39.3 56.5 73 83 89
150 18.4 40.1 58.21 74 84 89.6
F=24 ml/min; [C=C]=275 mM; 500 psig; [Os]= 80uM; N=4.2.5 rps
0 0 0 0 0 0 0
10 4.25 5.27 4.35 0 0 0
20 2.37 17.67 13.25 4.92 0 0
30 12.37 42.78 53.22 41.69 26.01 9.42
40 14.81 63.69 86.48 89.7 76.5 51.5
50 15.93 70.66 94.94 98.43 98.8 92.23
60 19.18 74.48 95.05 98.82 99.67 99.67
70 16.57 69.43 94.15 98.65 99.69 100
80 5.83 62.25 91.61 99.28 99.95 100
90 11.81 55.74 88.08 95 98.23 99.7
100 7.67 36.4 74.5 94.9 98.8 98.8
110 5 29.84 59.96 79.83 96.89 98.5
120 3.14 33.99 62.28 79.35 93.93 97.9
130 8.85 42.76 75.08 87.89 95.94 97.36
140 10.82 50.8 71.7 90.1 96.02 98.25
150 13.5 41.5 82.83 94.67 98.6 99.05
160 15 44.89 79.12 94.96 99.44 100
F=24 ml/min; [C=C]=275 mM; 350 psig; [Os]= 27uM; N=4.2.5 rps
0 0 0 0 0 0 0
10 0 0 0 0 0 0
20 0 2.58 0 0 0 0
30 1.59 3.95 6.5 3.2 1.66 0
40 3.18 12.01 16.51 11.2 8.86 4.55
50 3.56 13.76 21.19 25.17 25.66 18.46
60 3.54 15.22 27.51 29.64 33.29 28.3
70 4.28 13.7 22.11 33.04 39.54 42.06
80 2.99 17.58 26.95 34.25 44.32 46.58
90 3.58 24.53 26.78 37.16 46.65 52.64
100 3.88 21.58 25.69 41.9 51.76 58.3
110 5.41 18.22 25.44 36.45 51.19 56.09
120 5.68 15 25.79 41.21 52.3 57.6
130 2.43 13.29 24.57 37.3 49.72 58.04
140 2.74 15.26 26.54 33.88 50.2 60.43
150 2.84 14.5 25.52 39.7 49.8 59.25
F=48ml/min; [C=C]=275 mM; 500 psig; [0s]=100 uM; N4.2.5 rps
10 2.17 5.55 2.7 2.61 3.97 0
20 5.74 14.03 21.2 22.55 17.32 8.86
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25 6.11 14.68 33.69 44.16 42.35 38.54
30 5.58 18.73 40.72 57.9 65.39 64.43
40 5.46 25.7 47.9 68.54 80.75 87.04
50 6.5 28.21 56.2 77.95 89.38 94.98
60 5.25 28.5 54.5 76.34 87.98 95.92
70 5.78 27.9 56 76.5 84.5 91.84
80 5.4 28.4 56.3 77.8 85.29 94.3
90 5.1 27.8 55.9 79.1 88.3 93.5
F=24 ml/min; [C=C]=550 mM; [Os]=140 uM; N=12.5 rps

0 0 0 0 0 0 0

10 3.5 1.76 0 0 0 0

20 4.0 15.86 12.44 12.16 6.86 3
30 3.2 21.34 33.61 34.28 27.77 15.2
40 7.96 32.9 53.8 56.8 51.4 42.08
50 6.19 37.2 59.38 69.96 72.77 63.5
60 9.82 38.77 65.67 80.31 85.5 83.6
70 15.18 51.5 74.4 86.62 91.84 91.67
80 20.47 56.25 81.9 92.3 96.2 97.07
90 16.06 55.13 81.45 93.4 97.25 98.122
100 8.49 50.8 80.06 93.9 98.2 99.54
110 14.76 53.4 79.13 93.12 97.85 99.06
120 11.67 49.09 76.35 92.01 97.65 99.36
130 13.29 48.59 76.3 91.81 96.79 98.95
140 12.38 46.19 76.48 90.48 97.35 98.7
150 14.11 48.34 76 91.14 98.32 98.8

F=24 ml/min; [C=C]=550 mM; 500 psig; [Os]= 95 pM; N-12.5 rps

0 0 0 0 0 0 0

10 1.5 1.76 0 0 0 0

20 3.83 8.25 8.25 8.89 1.31 0.97
30 4.5 11.35 19.25 39.75 28.43 1.65
40 6.3 13.41 26.34 61.35 57.51 12.55
50 11.9 16.92 37.89 65.95 74.74 43.97
60 9.87 19.83 46.54 67.45 76.67 68.45
70 8.69 29.51 52.78 64.33 83.14 78.48
80 10.5 26.15 51.63 65.26 83.16 84.55
90 12.3 30.12 45.45 64.98 82.16 85.3
100 11.9 29.81 43.84 68.42 80.13 84.27
110 9.35 33.01 46.9 65.17 80.52 84.55
120 10.25 29.25 42.13 64.26 81.13 85.19
130 6.54 28.34 44.8 67.5 83.5 83.9
140 8.98 26.19 45.9 68.2 82.9 85.3

F=48 ml/min; [C=C]=550 mM; 500 psig; [Os]= 127uM;N=12.5 rps

0 0 0 0 0 0 0

5 0 0 0 0 0 0

10 2.53 3.58 1.83 0 0 1.37
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15 4.53 20.83 10.33 9.35 10.2 5.79

20 6.07 38.9 33.48 23.7 63 25.6

30 12.75 44.6 48.9 69.7 85.67 43.67
40 15.78 37.8 55.94 82.55 92.82 87.06
50 14.02 45.9 57.5 87.6 95.6 94.5

60 13.81 43.8 62.98 91.06 97.96 98.97
70 12.54 44.23 - - - -
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Appendix F MATLAB Code

Solve ODEs and Plot Hydrogenation Profiles
%%%%%%% %% % %% %% % %% %% % %% %% % %% %% % %% %% %% % %% %% %% % %%
Function MACpilot;

[t,c]=ode45(‘osmium’,[0,8400],[275,275,275, 275,22%,0,0,0,0, 0,0,110,110,110,110,110,110]); %
Rugga-Kutta method to solve the established ODEs

Plot (t, (275-c(:,6))/275);

Hold on;

Plot(t, (275-c(:,5))/275);

Plot(t, (275-c(:,4))/275);

Plot(t, (275-c(:,3))/275);

Plot(t, (275-c(:,2))/275);

Plot(t, (275-c(:,1))/275);

xlable(‘time, minute’);

ylabel(*Hydrogenation degree, %’);

%%%% %% % %% % %% %% % %% %% %% %% %% %% % %% %% % %% %% % %% %% % %% %%
The following program indicates a function whichsists of the established ODEs.

The following function is created for solve a MAGthvsix stages. If a MAC with more stages, the
corresponding number of ODEs should be added.

%09%0%0%%% %% %% %% %% %% % %% %% %% %% %% %6 %% %% %6 %% %% % %% %% %% %% %
Function dx=osmium(t, x);
dx=zeros(24, 1); % Initialize matrix

k=0.004/100/110/110; % kinetic constant excludiatatyst concentration and hydrogen
concentration

F=24/60; % liquid flow rate, I/min
alpha=0.28; % back flow ratio

c0=275; % inlet polymer concentration, mM
E0=80; % inlet catalyst concentration, pM
V=1135/6; % volume of each stage, ml

toi=V/F; % average residence time at each stage
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h0=110; % mM, hydrogen inlet concentration

HO0=110; % mM, hydrogen equilibrium concentration

€0=0.85; % liquid hold-up

a=2; % reaction order with respect to hydrogerceatration
P=350/14.7*101325; % system pressure

R=8.314; % gas constant

T=413; % K, temperature

dB=0.0027; % meter, bubble diameter

kl=1*0.001;% liquid side mass transfer coefficient
dx(1)=(c0-(1+alpha)*x(1)+alpha*x(2))/toi/x(19)-k*)*x(7)*(x(13))"(a);
dx(2)=((1+alpha)*(x(1)-x(2))+alpha*(x(3)-x(2)))/thi(20)-k*x(2)*x(8)*x(14)"(a);
dx(3)=((1+alpha)*(x(2)-x(3))+alpha*((x(4)-x(3)))t/x(21)-k*x(3)*x(9)*x(15)"(a);
dx(4)=((1+alpha)*(x(3)-x(4))+alpha*(x(5)-x(4)))/thi(22)-k*x(4)*x(10)*(x(16))(a);
dx(5)=((1+alpha)*(x(4)-x(5))+alpha*(x(6)-x(5)))/thi(23)-k*x(5)*x(11)*x(17)\(a);
dx(6)=((1+alpha)*(x(5)-x(6)))/toi/x(24)-k*x(6)*x(12(x(18))\(a);
dx(7)=(EO-(1+alpha)*x(7)+alpha*x(8))/toi/x(19);
dx(8)=((1+alpha)*(x(7)-x(8))+alpha*(x(9)-x(8)))/tbi(20);
dx(9)=((1+alpha)*(x(8)-x(9))+alpha*(x(10)-x(9)))tx(21);
dx(10)=((1+alpha)*(x(9)-x(10))+alpha*(x(11)-x(10}i/x(22);
dx(11)=((1+alpha)*(x(10)-x(11))+alpha*(x(12)-x(1)Moi/x(23);
dx(12)=((1+alpha)*(x(11)-x(12)))/toi/x(24);

dx(13)=(h0-(1+alpha)*x(13)+alpha*x(14))/toi/x(L91)*x(7)*(x(13))"(@)+kI*6*(1-
x(19))/dB*(HO-x(13));

dx(14)=((1+alpha)*(x(13)-x(14))+alpha*(x(15)-x(13)oi/x(20)-k*x(2)*x(8)*(x(14))(a)+kI*6*(1-
X(20))/dB*(HO-x(14));

dx(15)=((1+alpha)*(x(14)-x(15))+alpha*(x(16)-x(13)oi/x(21)-k*x(3)*x(9)*(x(15))(a)+kI*6*(1-
x(21))/dB*(HO-x(15));

dx(16)=((1+alpha)*(x(15)-x(16))+alpha*(x(17)-X(16R0i/x(22)-k*x(4)*x(10)*(x(16)) (@) +kI*6*(1-
x(22))/dB*(HO-x(16));

dx(17)=((1+alpha)*(x(16)-x(17))+alpha*(x(18)-x(1 §)oi/x(23)-k*x(5)*x(11)*(x(17))(a)+kI*6*(1-
X(23))/dB*(HO-x(17));
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dx(18)=((1+alpha)*(x(17)-x(18)))/toi/x(24)-k*x(6)*12)*(x(18))(@) +kI*6*(1-x(24)) /dB*(HO-
X(18));

dx(19)=KI*6*P*x(19)*(1-X(19))/dB/R/T*(HO-x(13))+(e&(19))/toi;
dx(20)=KI*6*P*x(20)*(1-x(20))/dB/R/T*(HO-x(14))+(x(9)-x(20))/toi;
dx(21)=KI*6*P*x(21)*(1-X(21))/dB/R/T*(HO-x(15))+(x0)-x(21))/toi;
dx(22)=KI*6*P*x(22)*(1-X(22))/dB/R/T*(HO-x(16))+(xQ1)-x(22))/toi;
dx(23)=KI*6*P*x(23)*(1-X(23))/dB/R/T*(HO-x(17))+(x@2)-x(23))/toi;
dX(24)=KI*6*P*x(24)*(1-X(24))/dB/R/T*(HO-x(18))+(x3)-x(24))/toi;
06%%6%%%%%%6%%6%6%6%6%6%6%6%696%6%6%6%6%6%6%6%6%6%6%6%6%6%6%6%6%6%6%%6% %6 %% %% %
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Appendix G Temperature Profile
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